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Sociotechnical Synthesis

My technical project and STS research paper are coupled through the lens of chemical
process design and safety, seeking to understand their potential influences on the development of
future chemical processes. In process design, lab-bench research is scaled up to large operations
and extends the accessibility of a novel product; often, design and safety are complementary and
influence each other, making both aspects fundamental parts of my technical and STS research
projects. My work explores different process design and safety settings; my technical project
designs a novel, environmentally conscious process for lithium extraction and identifies its
respective safety hazards. My STS research studies a deep-water drilling operation and its safety
operations that unfortunately led to one of the greatest environmental disasters. While my
technical and STS research examine two vastly different cases, they both nonetheless touch on

the importance of process design and safety in the development of chemical processes.

My technical project outlines a novel chemical operation. My capstone team developed a
process that implements environmental and safety considerations in the extraction of lithium in
California’s Salton Sea area. Current infrastructure in the region pumps large amounts of lithium
rich brine to the surface to generate electricity; instead of sending the brine back into the ground,
our process is to be retrofitted onto the existing geothermal power plants to capture lithium and
convert it into battery grade materials to meet the growing lithium demand. Our process builds
upon cutting-edge research conducted by professors at the University of Virginia who have
developed novel, environmentally conscious materials to aid in selective capture of lithium and
help replace current damaging practices. My capstone team developed process flow diagrams,

designed the equipment, and ran economic analyses to access the viability of our chemical



process. We hope to show economic and technical promise and thus promote the funding of

lithium capture infrastructure in the Salton Sea region to meet rising lithium demands.

My STS research also explores chemical process design and safety; however, my analysis
uses a case that led to one of the greatest environmental disasters and oil spills in the world:
Deepwater Horizon. With this research, I hope to illustrate the case’s implications on future
process designs and operations. Developed by Carol Gilligan and Nel Noddings, care ethics is
utilized to address relationships between plant managers and operators and the moral culpability
of plant managers’ actions that led to the disaster. My claim is that a morally deficient
managerial presence can allow for poor design, operation, and thus safety choices. My
investigation exploring Deepwater Horizon seeks to examine necessary aspects of care and their
broader implications when designing novel processes. I hope to develop discussion of the

importance of company management in process design and safety.

Addressing these projects simultaneously allowed for the technical and STS research
portions to complement each other, adding great value to both. My work developing a lithium
extraction process gave me hands on experience in novel process design and provided the
fundamental knowledge necessary to assess technical aspects in the STS analysis. My research
for the STS portion of the project helped guide me through the importance of safer process
design and aspects of care needed in plant operation; understanding failed processes allowed me
to consider additional factors when designing my own. Simultaneously working on both the
technical and STS research paper has allowed me to understand how past chemical processes,
regardless of their final product, can have broader implications on novel process designs; thus,

both aspects of my work have substantially contributed to each other.
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EXECUTIVE SUMMARY

Fueled by increased demand for electric vehicles, the United States is expected to be
unable to keep up with demands for energy dense materials, such as lithium, as early as 2030.
Currently, the United States relies on overseas countries to source their lithium, where
environmentally unfriendly practices are utilized to extract the metal. Eyes have turned towards
the Salton Sea, California, as it possesses large, untapped quantities of lithium in underground
pools. Existing geothermal plants in the region pumps brine to the surface which is later sent
back into the ground after the power cycle to generate electricity for the local area. Capturing
lithium from geothermal brines can be profitable and alleviate projected lithium shortages.

This Capstone thesis focuses on a process that can generate clean and renewable energy
while extracting and producing lithium hydroxide monohydrate (LiOH<H,O); with existing
infrastructure located in the Salton Sea region of California, this process can be readily
retrofitted after the geothermal power cycle. Extraction of lithium is done using a novel redox
intercalation process which selectively captures lithium ions over similarly charged cations found
in the geothermal brines. By using electrolysis in tandem with the capture process, the
deintercalation material can be continuously regenerated, significantly reducing feedstock costs.
With an input of 6,000 gallons per minute of geothermal brine, this process can produce a net
power output of 25.5 MW and 7,701 tonnes per year of LiOH*H,O, producing $474 million
annually. Economic analysis of the process over a period of 20 years reveals an internal rate of
return of 175%. Despite the process’ favorable economics, we selected the no go decision due to
the cost of calcium citrate and other unknowns associated with the process. We determined that
the process may be economically viable if further studies are performed to better understand the

lithium capture process.



1. INTRODUCTION
Green transportation, such as electric vehicles (EVs), have garnered increased attention
as fossil fuels continue to contribute to climate change. These EVs rely on rechargeable batteries,
requiring the use of large quantities of energy dense materials such as lithium. Currently, the
United States sources a majority of its lithium from Chile and Argentina (Warren, 2021).
However, current lithium supply cannot meet projected demands (Ambrose et al., 2020). New

large-scale and domestic sources of lithium will be needed to meet rapidly increasing demand.

Global lithium supply and demand,’ kilotons lithium carbonate equivalent
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Figure 1.1: Projected Lithium Supply and Demand (Azevedo et al., 2022)

Superheated brines located beneath the Earth’s crust have attracted interest as potential
green energy sources. These brines are pumped to the surface in many areas to generate
geothermal energy. Some of these geothermal brines contain relatively high concentrations of
lithium and are attractive options for lithium extraction operations. Currently, lithium is collected

from brines using a technique known as evaporative extraction, a resource-intensive and


https://www.zotero.org/google-docs/?HtbT3Q

environmentally unfriendly process (Warren, 2021). Different techniques must be utilized to
sustainably produce lithium from geothermal brines. Existing power plants drawing from
geothermal seas take in thousands of gallons of hot brine every minute. Even at low
concentrations, a single well could potentially produce thousands of tons of lithium each year if
it can be separated and purified. Here, we propose a design of a lithium extraction plant that can
be retrofitted to a geothermal brine power plant in the Salton Sea, California. After heated brine
passes through the plant, it is usually injected back into the geothermal well. Our process could
be implemented after brine completes the power cycle but before reinjection. We aim to create a
design that offers a domestic, economical, and environmentally conscious method of increasing

the production of battery grade lithium hydroxide.

Y !anerating

~ Unit

Hot Spring
or Fumarole

Figure 1.2: Geothermal Power Plant (Geothermal Energy, n.d.)
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2. PREVIOUS WORK

It is estimated that the United States imports 90% of its lithium from overseas, where
current technologies used to extract a majority of the world’s lithium supply include hardrock
mining and evaporative extraction techniques. These technologies are both energy and resource
intensive. During evaporative extraction, lithium-rich solution is pumped from underground into
large ponds and allowed to sit for a span of 18 to 24 months. Slaked lime is introduced to the
highly concentrated solution, which then passes through multiple purification steps to produce
lithium carbonate (Li,CO;) or lithium hydroxide monohydrate (LiOH*H,O) as final products
(Warren, 2021). This process typically takes place in desert areas, where already strained water
resources are depleted further by mining. The process proposed in this project seeks to develop a
domestic, environmentally conscious solution to meet the growing need for lithium.

The designs detailed in this project are based on the work of chemical engineering
professors Geoffrey Geise, Gaurav Giri, and Gary Koenig at the University of Virginia. These
professors, along with industry partner PowerTech water, are competing for the Department of
Energy American-Made Geothermal Lithium Extraction Prize, valued up to $2,000,000
(McManamay, 2022). Together, they make up team TELEPORT, which stands for Targeted
Extraction of Lithium with Electroactive Particles for Recovery Technology. Team TELEPORT
has proposed a process for extracting lithium utilizing iron (III) phosphate as a redox capture
material. Using iron chloride, the redox state of the iron phosphate crystals can be controlled to
either capture or release lithium. The advantage of this process is the recyclability of iron
chloride through an electrodialysis process, significantly reducing the cost of extraction. This
process design aims to test the viability of proposed technologies made by team TELEPORT at a

scale that enables extraction of lithium from geothermal brine at a single well in the Salton Sea.



3. DISCUSSION

3.0 BRINE MODELING

Brine was modeled in Aspen Plus vll software using the Electrolyte-NRTL
(ELECNRTL) method. This non-random, two-liquid model was selected because it is best suited
to simulate non-ideal solutions such as the high temperature and pressure geothermal brine in the
system. Brine in the Salton Sea contains a vast array of dissolved salts; to simplify analysis, the
most prevalent components were considered including water (H,0), lithium ions (Li"), sodium
ions (Na"), potassium ions (K*), calcium ions (Ca®"), manganese ions (Mn*"), iron ions (Fe?*"),
chloride ions (CI°), and silicates (SiO,) (Warren, 2021).

Table 3.0.1
Selected components of geothermal brine for Aspen 11 Simulations

Component Mass Fraction Mass Flowrate, kg hr'
H,O 0.782000 940,100
Li 0.000209 252
Na 0.054100 65.100

K 0.016300 19.600
Ca™” 0.001600 1,850
Fe’ 0.001900 2,280

cr 0.145000 174,000
Si10, 0.000337 406

The overall process is illustrated in Figure 3.0.1 presented on the following page.
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Figure 3.0.1: Block Flow Diagram of Geothermal Power Generation & Lithium lon Intercalation Plant




3.1 SILICATE TREATMENT

Brine from the Salton Sea contains an average of 390 ppm of dissolved silicates (Warren,
2021). Silicates present in these brines are known to cause fouling in piping. This significantly
reduces the efficiency of the power generation cycle and could impede the flow of brine with
silicate deposits building up over time. Silicate scaling can be controlled by altering the pH of

brines. At low pH values, silicates are significantly less likely to polymerize and thus cause

fouling (Guerra & Jacobo, 2012).
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Figure 3.1.1: Silicate Solubility Temperature at Various pH Values

Raw brine pumped out of the ground enters the process at 275°C, 60 bar, density of 912
kg m?, and pH of 6.7. To adjust pH of the incoming brine, pressurized 9.6M hydrochloric acid
(HC1) solution at 25°C will be added to the inlet brine stream to reach an initial pH of 2.36.
Current infrastructure in the Salton Sea pumps brine to the surface at a rate of 6,000 gal min™' or
1,240,000 kg hr' (Ventura et al., 2016). To reach the desired pH of 2.2 leaving the power cycle,
HCI solution must be added at 2,500 kg hr'. As flow through the tubing is turbulent, HCI

solution can be injected directly into the brine feed and assumed to be well mixed after flowing



over a length of 10 pipe diameters (Anderson, personal communication, January 2023). No
additional process units are required to mix the HCI solution with brine.
3.2 STEAM GENERATION FOR POWER CYCLE

Infrastructure in the Salton Sea already exists to generate steam and thus power. We
selected to complete this exercise to study power generation and silicate pretreatment steps in
detail while also estimating water generation rates for future process steps. Knowing this, we
gained an understanding of how much water and energy we could purchase from the geothermal

power plant.

After pH is adjusted, the brine is flashed to generate steam for the power cycle. This step
also concentrates the ions present in the brine. Flashing is a single stage vaporization process
that involves rapidly reducing the pressure of a saturated liquid. Solubility curves for the salts

generated through the Electrolyte Wizard in the ELECNRTL method in Aspen were modeled in
order to confirm that no salts precipitated out during the flash process. Three flash vessels will be
used to create 40 bar, 20 bar, and 1.1 bar steam to prepare the brine for the lithium capture step.

All three flash vessels will be constructed of Monel 400 to withstand the highly corrosive brine.

(—} Vapor Outlet
e
_J
w
=,

C

—

___—— Expansion & Vaporization

Liquid Outlet

Figure 3.2.1: Diagram of a Flash Vessel



Flash drums were modeled using the Flash2 block in Aspen Plus v11. A pressure change
of 20 bar was used for the first two drums while a 18.9 bar pressure drop was used for the third.
The diameter of the flash drums were calculated in two ways. First, the minimum volume of the
tank was determined based on the incoming brine volume and the mean residence time in the
tank. Typically, for a flash vessel with product feeding to another tower, the holdup time ranges
between 5 to 10 minutes, and a liquid level at half the height of the tank is assumed (Turton,

2018). A holdup time of 7.5 min was used in this calculation.

Feed *mean residence time

V=2 X (E3.2.1)

density of brine

Knowing the required volume, ¥, based on the stream, the minimum diameter, D,,,;, was

calculated with an optimal L/D ratio of 3 (Turton, 2018).

3/ 2V
= _ E32.2
tank 3n ( )

Using the first method, the drum volumes for 40 bar, 20 bar, and 1.1 bar flash vessels
were estimated to be 342 m?®, 288 m’, and 240 m’ respectively. This corresponds to a diameter of
4.17 m for the 40 bar vessel, 3.94 m for the 20 bar vessel, and 3.71 m for the 1.1 bar vessel.

In the second calculation, diameter was computed based on the permissible velocity, u,
above which liquids are entrained in the gas stream. This is highly undesirable as it can cause

damage to equipment in the power cycle (Turton, 2018).

(E 3.2.3)



The permissible velocity is dependent on the density of the liquid, P, and the density of
the vapor, P, It is also dependent on K, a constant determined using the following two

correlations:

2 3 4
K - 8—1.877 — 0.814InF, — 0.187(InF, )" — 0.0145(InF )"~ 0.00102(InF ) (E3.2.4)

Fo= D[P (E 3.2.5)

In Equation 3.2.5, th and rhV represent liquid and vapor mass flow rates respectively.

Based on modeled mass flow rates of gas and liquid stream along with their densities, minimum

cross-sectional area, 4, and diameter were determined.

A = pVXVu (E 3.2.6)
D = /24 (E3.2.7)
T

Using the second calculation technique, the 40 bar, 20 bar, and 1.1 bar tank diameters
were estimated to be 1.63 m, 1.47 m, and 1.54 m respectively.

The larger of the two diameter values were chosen for the actual sizing of the flash drums
to provide the most conservative estimate, from which the final volumes were calculated. The 40
bar, 20 bar, and 1.1 bar vessels have diameters of 4.17 m, 3.94 m, and 3.71 m respectively,

corresponding to tank volumes of 342 m?, 288 m?, and 241 m’.

10



Flash Vessel Design
The design of the first flash is detailed in Table 3.2.3.

Table 3.2.3

Design of High Pressure Flash Vessel for Steam Generation

Parameter Value
Temperature 264°C
Pressure 40 bar
Vapor Fraction 0.13

Diameter 4.17m

Length 12.5m

Volume 342 m’

Material of Construction Monel-400

The design of the second flash is detailed in Table 3.2.4.

Table 3.2.4

Design of Intermediate Pressure Flash Vessel for Steam Generation

Parameter Value
Temperature 226°C
Pressure 20 bar
Vapor Fraction 0.1
Diameter 3.94m
Length 11.8m
Volume 288 mr’

Material of Construction Monel-400

11



The design of the third flash is detailed in 7able 3.2.5.

Table 3.2.5
Design of Low Pressure Flash Vessel for Steam Generation

Parameter Value
Temperature 110°C
Pressure 1.10 bar
Vapor Fraction 0.05
Diameter 3.71m
Length 11.1m
Volume 241 m’

Material of Construction Monel-400

Steam from the 40 bar vessel and 20 bar section is then fed to separate turbines for power
generation. The 40 bar vessel is expected to produce 144,000 kg hr' of steam, and the 20 bar
vessel will create 96,400 kg hr'. Turbines were modeled in Aspen using the COMPR block to
estimate power generation capabilities. The 40 and 20 bar steam are expected to produce 19 MW
and 10 MW respectively; a total of 29 MW of power is generated at a brine flow rate of 6,000
gallons per minute. All power generation equipment should be made from acid resistant
materials due to trace HCI present in the steam from the silicate removal step. After the power
generation, steam is condensed used to wash the lithium intercalation reactors.

The low pressure vessel is estimated to produce 44,000 kg hr' of 1.1 bar steam. This
steam is too low in pressure to produce energy but will be condensed in the lithium intercalation
block to wash the lithium intercalation reactors. Brine leaving the 1.1 bar drum at a flow rate of

968,000 kg hr! then flows to the lithium intercalation reactors for further processing.

12



Auxiliary Equipment Sizing and Operating Conditions
There are two pumps used to pump geothermal brine and HCl feed to the system at 60
bar. The power requirement calculation assumed the pump efficiency to be 80% and using Eq.
3.2.8:
m Ah

P=- (E3.2.8)

where P is hydraulic power requirement in W, mi is mass flow rate of the stream in kg s, Ah is
pressure difference in pascal, 1 is pump efficiency, and p is the density of the stream in kg m~,
the two power requirements are calculated at 2.78 MW and 4.5 kW.

Prior to flowing the brine to the lithium intercalation reactors, the brine is first passed
through a heat exchanger to lower the temperature to the operating temperature of 80 °C.

The heat exchanger is a countercurrent shell and tube heat exchanger modeled using
Aspen Plus with a MHeatX block. The heat transfer area of the heat exchanger can be

determined using Eq. 3.2.9:

Q = UA AT, F(S,R) (E3.2.9)

where Q is the total heat duty of the heat exchanger in W, U is the overall heat transfer

coefficient of the heat exchanger in W m? K, Ao is the total contact area between the cold and
hot fluid in m?, AT m is the logarithmic mean temperature difference between cold stream and hot
stream in K, and F(S, R)is the correction factor for shell and tube heat exchanger (Carta, 2021).

Q is either obtained through Aspen simulation or calculated using the Eq 3.2.10:

Q=mC T, =T (E 3.2.10)

x,out x,in

13



where Q is total heat duty in kJ hr, m is mass flow of either hot or cold stream in kg hr', C - is
heat capacity of the stream in kJ kg’ K, and T is the temperature of the stream in Kelvin. The

log mean temperature difference is the driving force for temperature in flow systems, which is

calculated through Eq. 3.2.11:

Im e (E 3.2.11)

[ t . . . [ t
where T;ln and TZu are temperatures of inlet and outlet hot streams in Kelvin and Tlcn and T(Cm are

temperatures of inlet and outlet cold streams in Kelvin. The correction factor, F(S, R), is

obtained using a correlation in (Carta, 2021) along with Eq. 3.2.12 and 3.2.13:

T - .
S _ tube,out tube,in
shell,in_Ttube,in (E 3.2. 12)
R = T shetyin™ T shetiout (E3213)

tube,out tube,in

The overall heat transfer coefficient is estimated for shell and tube heat exchanger with
brine and water to be around 900 W m? K according to (Perry et al., 2007), which can be
accounted for by the fouling coefficient through Eq. 3.2.14.

1,1

T
U= (7 + T + h )

(E 3.2.14)

14



where U od is the overall heat transfer coefficient accounted for fouling expressed in W m? K™,
UO is the overall heat transfer coefficient without fouling in W m? K!, h ” is tube side fouling
coefficient in W m? K, h io is shell side foundling coefficient in W m?K™, r _is outer radius of
the pipe in m, and r is the inner radius of the pipe in m. Assuming the pipe is thin enough, the

inner radius is equal to the outer radius. We assumed 4000 W m K! for both fouling coefficient
terms, so using Eq 3.2.14, the corrected overall heat transfer coefficient is 562.5 W m? K!

(Carta, 2021).

Using Eq. 3.2.9~3.2.14, total heat transfer area is calculated to be 772 m?, which is
constructed out of Monel to withstand corrosion from HCI in the brine. According to heuristics,
the typical radius of heat exchanger pipes are 0.025 m and typical length of these pipes are 7.32

m (Peters et al., 2003). The total number of pipes, N . is determined through Eq. 3.2.15:

otal’

A = 2mr LN (E 3.2.15)
(0] (o) to

tal

where AO is heat transfer area in m? T is outside radius of the pipe, and L is the length of the

pipe. Using this equation, the total number of pipes for the heat exchanger in the power cycle is
672. The heat exchanger uses water coming in at 30 °C and exiting at 45 °C to cool off the brine
and the flow rate of this water stream is 1,393,871 kg hr™'. Per heuristics, typical pressure drop in
the heat exchanger is 0.4 bar, so the brine stream leaving the power cycle will exit at 0.7 bar

(Peters et al., 2003).

15



3.3 LITHIUM ION INTERCALATION

Selective Capture of Lithium lons

After passing through the geothermal plant to generate steam, the liquid brine is then fed
to the lithium ion intercalation reactor. Brine flows into the reactor process block at a rate of
968,000 kg hr'. The reactor is filled with iron (III) phosphate (FePO,), which acts as an

intercalation material.

Fe?' g T FePO, ) + Li+(aq) = LiFePO, + Fe** (R3.3.1)

(aq)

Iron 2+ ions present in the brine solution reduce FePO, to FePO,. To lower redox
potentials, an oxidizing agent must also be added to the incoming brine. Studies have only been
performed using citrate; calcium citrate (Ca;(C¢Hs05),) was selected by Team TELEPORT as an
oxidizing agent to promote favorable intercalation thermodynamics. Despite its known low
solubility, calcium citrate was assumed to dissolve upon addition to the brine stream without the
use of a mixing tank. The negative charge of FePO, allows the Li" “guest” ion to intercalate into
interstitial spaces within its crystalline structure as other cations are rejected based on size and
charge (Gupta et al., 2022). It is also possible for Na" ions to intercalate into the bed with a
selectivity [Na"]/[Li"] between species of 0.0082.

After the bed has reached the desired saturation level, the raw brine feed is cut off to
begin the regeneration process. After washing with steam condensed from power generation,

500mM FeCl; solution is fed to the reactor to deintercalate Li" from LiFePO,.
FeC13 (aq) + LlFePO4 (s) = FCPO4 (s) + FeC12 (aq) + LlCl (aq) (R 3.3.2)

The regeneration process recovers the FePO, intercalation material, and the aqueous

solution of FeCl, and LiCl is sent to the electrodialysis unit for further processing and recovery.

16



Reactor Modeling
The intercalation reactors were modeled as packed bed reactors (PBR). PBRs are a type
of reactor in which solid particles, typically a catalyst or an adsorbent, are packed into tubes

which reactant fluid passes through.

Figure 3.3.1: Diagram of a Packed Bed Reactor with a differential volume element (Davis,
2003)

The equations are derived from Arim et al. (2018) and adjusted for the competitive
intercalation of Li" and Na'. Performing a differential material balance on a reactor volume

element yields:

6Ci u, 3Ci OWL, Ci
=T o ps(l — g)? + D > (E3.3.1)

ot € ax gz

Where C; is the concentration of component i in the fluid in mol m™ (i =L for Li* and N
for Na"), W, is the concentration of component i that is intercalated in FePO, in mol kg™, u, is the
superficial velocity of the fluid flowing through the reactor in m s, ¢ is the void fraction of the
bed, equal to 0.6, p, is the density of FePO,, equal to 3,056 kg m™, and D,, is the axial dispersion

coefficient in m? s’

ac,
Each term in the equation has a specific role in the material balance. First, O_tl accounts

for the accumulation of material in the bed, as this process does not reach steady state. The

17



—u, ac.

L

—— term accounts for the in/out flow for the volume element. Potential variations in the

w.
superficial velocity are ignored, thus u, is treated as a constant. The — ps(l — €)= term

addresses the material that is leaving the fluid and being intercalated in the FePO,. Finally,

a‘c.
L

s— accounts for axial dispersion of material that becomes significant due to highly laminar

ax gz

flow in the reactor. The axial dispersion coefficient was calculated using a correlation with the

Reynolds number (Re):

0.4 —1
b = uods(O. 11Re” + 0.2) (E3.3.2)

uodspf

Ky

Re = (E 3.3.3)

Where d, is the radius of the FePO, particles, equal to 0.002 m, p, is the density of the brine
flowing through the bed, equal to 1,080 kg m”, and g, is the dynamic viscosity of the brine
flowing through the bed, equal to 0.0019 Pa-s. Our models resulted in Reynolds number between
6 and 12, which is characteristic of highly laminar flow.

The rate at which Li" and Na" intercalate is treated as a mass-transfer limited process

modeled as:

ow, I W " (E3.3.4)
at LDF,i( ieq i)

Where k;py; ; is the linear driving force coefficient for component i in s™ and W, , is the

eq
equilibrium concentration of component i intercalated in FePO, in mol kg™, corresponding to the

surrounding concentration C -
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W, ., 1s modeled using a competitive Langmuir isotherm for two components:

w =W . (E 3.3.5)
L, eq sat 1+Keq,LCL+Keq,NCN
w =W Cegn (E 3.3.6)
N, eq sat 1+Keq,LCL+Keq,NCN T

Where W,,, is the saturation concentration of ions intercalated in FePO, in mol kg™ and
K., ; is the equilibrium constant for the intercalation of component i in m’> mol”. Assuming a
maximum molar ratio of 1:1 intercalated ions to moles of FePO,, W,,, would be 6.65 mol kg

The linear driving force coefficient is calculated as:

k — eU_‘.i
LDF, i Wi (E3.3.7)
’ pd ()

Where Q is the linear driving force parameter, equal to 15 for spherical particles, D, ; is the

i, eq
ac.

L

effective diffusivity of component i in m* s, and is the derivative of component i

equilibrium isotherm with respect to the concentration of component i in the fluid. Effective

diffusivity was calculated based on several equations from Carta (2021):

=-—=D (E 3.3.8)

= (3 *+7 ) (E 3.3.9)

-8 T .05
Dk’i = 4.85 * 10 (dpore)(M ) (E 3.3.10)

w, i
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Where D, ; is the Knudsen diffusivity of component i, Dy, ; is the diffusivity of
component i in water, Dyo, o 18 the diffusivity of component i in the pores of FePO,, d is the
diameter of the pores, assumed to be 500 nm, @ is the porosity of the FePO, particles, equal to
0.5, 7 1is the tortuosity of the FePO, particles, assumed to be 4, T is the operating temperature of
the reactor in kelvin, and M,, ; is the molecular weight of component i in g mol™.

Langmuir equilibrium constants were estimated based on the standard reduction potential
of the two half reactions of the total Li" intercalation reaction. The two half reactions occurring

are the oxidation of Fe?" in the brine and the reduction of Fe*" in the FePO,.

Fe** = Fe’" + ¢ (R 3.3.3)

Li* + e + Fe*'PO, = LiFe*’PO, (R 3.3.4)

The standard cell potential, E’.;, can be calculated as the difference between the
standard reduction potential (SRP) of the reduction reaction (£°,.,) and the SRP of the oxidation
reaction, £°,.. The temperature adjusted cell potential can then be calculated using the Nernst

equation:

cell E red E 0x (E 3.3.11)
_p° _ RT [Fe’']
cell E cell nF In( [Fe?'] ) (E3.3.12)

Where n is the number of electrons transferred in the redox reaction (equal to 1), F'is

3+
Faraday’s constant, R is the ideal gas constant, and J?—H]L is the ratio of Fe** to Fe** ions in
e

solution, which is assumed to be 1:99.
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Once the temperature adjusted cell potential is calculated, the Gibbs free energy change of the

redox reaction, 4G, can be calculated:

AG =— nFE (E 3.3.13)

cell

From the Gibbs free energy change, the equilibrium constant of the reaction can be calculated:
K = exp(T (E 3.3.14)

In order for the reaction to be thermodynamically favorable, 4G must be negative,
therefore E°., must be positive. Under normal experimental conditions, the SRP of Fe** to
Fe*oxidation is 0.77 V, while the SRP of Fe*’PO, to LiFe*'PO, is 0.41 V. This would lead to a
standard cell potential of -0.36 V, which is not thermodynamically favorable. The presence of
citrate ions, which is accomplished by adding calcium citrate, lowers the SRP of Fe** to
Fe’*oxidation to 0.244 V, leading to a standard cell potential of 0.166 V. After applying the
Nernst equation and calculating 4G, K,,, ;, comes out to 23,210.

Lastly, the Langmuir equilibrium constant for Na" was estimated based on selectivity data
provided by Gupta et al. The selectivity, S, equal to 0.0082, is the ratio of Na" to Li" intercalated

into FePO, particles from a solution of 1:1 Li" to Na":
K =——K (E 3.3.15)

For this model, we assumed that the reactor would behave isothermally. In reality, the
reactor would experience temperature change as the intercalation reaction is exothermic.
However, this temperature change is likely to be minor since the amount of lithium and sodium
ions capture is relatively small compared to the amount of water in the reactors, which is the

primary component that would affect the system’s heat capacity. More importantly, the
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regeneration reaction is the reverse reaction of the intercalation reaction, thus it would be
endothermic and absorb heat from the system, lowering the temperature. It is unknown how the
presence of citrate ions could effect the symmetry of the heat of reaction for the forward and
reverse reactions; therefore, it was assumed that the symmetry would be retained and any heat
released during capture would be canceled out during release.

In total, we have a system of four partial differential equations, including the material
balance equations and mass transfer equations for both Li" and Na'. The system was solved
numerically using a finite difference method to transform the system of partial differential
equations into a system of ordinary differential equations. MATLAB’s ode45 function, which
implements an explicit Runge-Kutta formula, was used to solve the equations. The reactor was
modeled as a single large vessel containing several smaller tubes of standard diameters. The
program took inputs of reactor length (L), tube diameter (d,), superficial velocity, and total

volumetric flow rate to the reactor (V,,,). The number of tubes needed was calculated as:

_ M (E 3.3.16)
tubes mu d 2
t

Using a guess-and-check method, several different input conditions were tested to see
what conditions maximize both recovery of lithium and saturation of the bed. The modified
Ergun equation was used to calculate the pressure drop (0.0015 bar) across the reactor (Davis,

2003):

1 1.75

¢ 2d, 2 1-¢ E33.17
E )1+ 3Uffﬁh) (1+ 2 + 150--) ( )

AP = I(

3(1-e)d,

It is important to note that this model is intended as a first-pass analysis of the potential

behavior of the system. Improvements can be made to make the model more accurate, but were
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unable to be implemented due to the increased complexity they would introduce. For example, in
reference to the lithium intercalation reactor, Gupta et al. speculates that “the heterogeneous
reaction in the PBR [packed-bed reactor] follows a shrinking core process with regards to the
LFP [lithium iron (IIT) phosphate] aggregate particle” (2022). According to Fogler (1986),
shrinking core processes describe the change in size of solid catalyst/adsorbent particles due the
material reacting to form a new material. This transient change in size has major effects on
internal mass transfer effects by causing effective diffusivity of species to change due to
shrinking or expanding pore sizes in the material. Because the FePO, intercalant is changing to
LiFePO, during Li" capture, and back to FePO, during regeneration, it seems likely that this
shrinking core effect would be occurring to some degree. There are mathematical models that are
available from Fogler that could be used to simulate this effect, but implementing them with the

rest of our model proved to be too complex and was considered outside the scope of this project.

Sizing and Operating Conditions

Although the selectivity of Li" intercalation vs. Na' intercalation is high, the
concentration of Na" in the raw brine is much higher than that of Li". This results in a large
amount of Na" being captured along with Li" after a single pass through the reactor. Therefore,
two different types of reactors will be utilized. Primary reactors handle the intercalation of Li"
from the brine coming from the silica pretreatment/power cycle, while secondary reactors will
handle the intercalation of Li" ions from the stream coming from the primary reactor during
regeneration. Primary reactors will operate at 80°C and 1.1 bar to avoid silicate precipitation,
which could negatively impact the efficiency of the column. Secondary reactors will operate at
the same pressure, but at a temperature of 50°C instead. An operating temperature of 50°C was

selected to meet the operating temperature requirement for the electrodialysis unit that follows.
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The reactors will be constructed of high density polyethylene (HDPE) due to its corrosion
resistant properties and low capital cost.

The reactors are designed similarly to a shell and tube heat exchanger, with several small
diameter inner tubes. This design was selected in the event that heating/cooling was needed to
keep the reactor isothermal; however, did this not end up being necessary. Both reactor types
consist of a series of 4” inner diameter, 12 m long tubes. These tubes are filled with pelletized, 2
mm diameter FePO, spheres. The external void fraction of the bed is assumed to be 0.63, while
the internal porosity is 0.5. A tortuosity of 4 was assumed. Primary reactors contain 2,715 tubes
and have a superficial velocity within each tube of 1 cm s, yielding a residence of time of 20
min. This reactor will require a total FePO, loading of 323 tonnes. Secondary reactors handle a
smaller volumetric flow rate of brine compared to primary reactors, requiring only 835 internal
tubes. The superficial velocity within the secondary reactor’s tubes is 0.572 c¢m s, yielding a
residence time of 35 min. This reactor will require a total FePO, loading of 90.5 tonnes and is
estimated to capture 170 kg hr'! of lithium ions. The design specifications of both reactors are

summarized in Table 3.3.1.
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Table 3.3.1
Reactor Operating Conditions & Design Specifications

Parameter Primary Reactor  Secondary Reactor

Value Value
Temperature _ 80°C 50°C
Pressure 1.1 bar 1.1 bar
Reactor Length 12m 12m
Tube Diameter 4 in. 4 in.
Number of Tubes 2715 835
Superficial Velocity 1.000 cm 5™ 0.572 cm s™
Residence Time 20 min 35 min
Loading of FePOy 323 tonnes 90.5 tonnes
Li" Recovery 70% 96%
Saturation after 24 hrs 80% 99%
Tube Material HDPE HDPE

Cycling & Operation Schedule

Lithium intercalation reactors will be operated in four separate modes to isolate the
lithium product: (1) primary capture/secondary regeneration, (2) initial wash, (3) primary
regeneration/secondary capture, and (4) final wash.

In primary capture mode, raw brine is fed to the primary reactor at a rate of 968,000 kg
hr' and temperature of 80°C, and Li* is captured by the FePO,. The depleted brine is then
pumped back down the geothermal well as waste at 81.5°C. This temperature increase is caused
by the exothermic intercalation step. After a span of 23 hours and 50 minutes, brine feed will be
cut off to the primary reactor. The primary bed is estimated to reach 80% total bed saturation (Li"
and Na') and accomplish 70% Li" recovery during this cycle. Following the primary capture

step, wash water will be fed to both the primary and secondary reactors for 10 minutes to wash
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away trace impurities that may reside in the beds. After the initial wash cycle, 500mM FeCl;
solution will be fed to the primary reactor at a rate of 49,400 kg hr'! and temperature of 50°C to
regenerate intercalated Li" and Na" ions, forming FePO, in the bed and producing FeCl,, LiCl,
and NacCl in the effluent.

Heats of reaction were estimated to provide an estimate of temperature change within the

capture and release steps in the reactors using the standard enthalpy of formation:

E3.3.18
AH = ZviAfHei— S vA ( )

T
prod rxt

0
in

. — . . 0 .
where v is the stoichiometric coefficient on the reactant or product and A fH ;18 the standard

enthalpy of formation of a component. Phan et al. provides the enthalpies of formations for the

components reacting in the lithium intercalation reaction (R 3.4.4).

6 _ -1 E3.3.19

A H ikero, = 1616 kJ mol ( )
6 _ -1 E 3.3.20
AH o = = 1279 kJ mol ( )
AfHeLi+ = —278.5k/mol " (E3.3.21)

Using E 3.3.18, the heat of reaction for lithium capture is -58.5 kJ mol”. As previously

mentioned, sodium also competitively intercalates into FePO, through the following mechanism:
Na' + e + Fe*'PO, = NaFe’' PO, (R3.3.5)

Xiao et al. presents the enthalpies of formations for these components in the competitive

reaction:
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A H — — 1571.8k mol ' (E3.3.22)

AH® . = —239.7kjmol " (E3.3.23)

Invoking E 3.3.18 provides a heat of reaction for sodium capture of -53.1 kJ mol”. For
this project, it was assumed that the forward and reverse reactions released equal magnitudes of
energy in opposite directions. Applying an energy balance around the reactor yields one
unknown, the outlet temperature, which can be solved for.

The effluent leaves at 42.2°C as the deintercalation step is endothermic. It was assumed
that all of the captured ions are recovered, and FeCl; is completely converted into FeCl, as it is
fed in 1:1 molar ratio to the FeLiPO,. The first condition is based on the assumption that the
intercalation and deintercalation steps are symmetric over time. The effluent from the primary
reactor is then fed directly into its corresponding secondary reactor, along with calcium citrate,
for secondary capture. This secondary capture step occurs simultaneously with primary
regeneration.

Calcium citrate must be added to the secondary reactor at a rate of 13,700 kg hr'. The
depleted brine from the secondary reactor is pumped back down the geothermal well as waste at
45°C. After a span of 23 hours and 50 minutes, FeCl; feed will be cut off to the primary reactor.
The secondary bed is estimated to reach 99% total bed saturation, which is almost completely
Li", with 96% Li" recovery in this near 24 hour cycle. Following the primary capture step,
condensed steam from the power cycle will again be fed to both the primary and secondary
reactors for 10 minutes to wash away trace impurities that may reside in the beds. After the
secondary wash cycle, the brine feed is switched back on to reinitiate primary capture, while

500mM FeCl; solution is simultaneously fed to the secondary reactor to regenerate the secondary
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bed. The exiting stream will reach a temperature of 41.7°C. The effluent coming off of the
secondary reactor during regeneration contains primarily FeCl, and LiCl, with trace amounts of
NaCl. This stream is fed to the electrodialysis block to both recover FeCl;, which is recycled for
regeneration, and further process LiCl to LiOH.

In summary, the reactors will switch between capture and regeneration cycles, which will
last 23 hours and 50 minutes, and at the end of each cycle all of the reactors will be washed for
10 minutes. During this short down time period for the reactors, the brine will simply circumvent
the reactors and be reinjected back into the well. In total, two pairs of primary reactors and
secondary reactors (4 total) are needed to ensure continuous operation for a total estimated Li"

recovery of 67%. The operating schedule for the reactor system is summarized in Figure 3.3.1.

Reactor (A = Primary, B = Secondary)
Days Passed 1A 1B 2A 2B
Primary
1 Capture
Wash

Fig. 3.3.1: Lithium Intercalation Reactor System Schedule; Start-up to Steady Operation
(capture & regeneration cycles are 23 hrs and 50 minutes, while wash cycles are 10 minutes)

Auxiliary Equipment Sizing and Operating Conditions
The reactors will need to be washed between capture and regeneration in order to remove

impurities. For this, the condensate of the power cycle block will be used to wash the reactors
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rather than be reinjected back into the geothermal well. Since the washing process is not
continuous, a holding tank is needed to contain the condensate over the course of a day, which
totals approximately 6,738,000 liters. It is suggested that holding tanks be 1.5 times the
maximum volume of the liquid to account for potential overfilling (Peters et al., 2003); thus, the
volume of the wash water holding tank will be 10,100 m®. This tank will be constructed out of
stainless steel. After washing, reverse osmosis will be used to deionize and purify the dirty water,
which can be used as a feed to the electrodialysis unit and sold as a product.

Prior to sending in the condensate to the tank, the stream is cooled with a countercurrent
shell and tube heat exchanger using a 30 °C cooling water at 1.01 bar. The overall coeftficient was
calculated with the effect of fouling similar to the heat exchanger in the power cycle at 565.5 W
m? K (E 3.2.14). The heat transfer area is calculated in three stages with phase transition stage
as the middle stage, and the total area is 2618 m? with 2277 pipes of .025 m radius and 7.2 m
length. With the overall heat duty of 182 MW and exit temperature of cooling water at 45 °C, the
amount of cooling water needed is 10,456,351 kg hr' (E 3.2.10). The exit stream of the heat
exchanger flows to the reactors at 80 °C at 0.7 bar, which prevents melting the lithium
intercalation reactors made out of HDPE. Similar to the tank, this heat exchanger is constructed
using stainless steel.

A pump made from Monel is used to pump concentrated geothermal brine exiting the
heat exchanger to the reactors. To compensate for friction loss through piping and control valves,
the stream is brought to 2.1 bar. Assuming pump efficiency of 80%, the power requirement for
this pump is estimated to be 38.8 kW (E 3.2.8).

The stream exiting the secondary reactor to electrolysis goes through a heat exchanger

where the stream is heated to 50°C using saturated steam at 1.01 bar. The overall coefficient of
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the shell and tube exchanger with steam and brine is estimated at 2750 W m™ K, and after
accounting for fouling with fouling coefficient of 4000 W m? K"! on the shell side and 15,000 W
m? K on the tube side, the corrected overall heat transfer coefficient is 1180 W m? K' (E
3.2.14). The heat transfer area of this heat exchanger is calculated to be 62 m* with 54 pipes,
each with .025 m outer radius and 7.3 m in length, in a countercurrent single pass shell and tube
heat exchanger (E 3.2.15). The flow rate of 39,706 kg hr' is required for the saturated steam to
heat lithium rich brine from 41.7°C to 50°C. Because the brine remains corrosive, stainless steel

is used to construct the heat exchanger.

3.4 ELECTRODIALYSIS
Introduction to Electrochemistry

In electrochemical engineering, reactions are driven by applying voltage across a cell.
These cells typically contain two electrodes of opposite charges submerged in an electrolytic
solution. The cathode, which is negatively charged, is the site at which reduction occurs (E°<0).
At the positively charged anode, oxidation occurs (E° > 0). The voltage applied across these
electrodes determines the products of the electrochemical reactions, which depend on the
minimum applied voltage of reduction-oxidation reaction pairs.

In the electrodialysis cell, brine solution will be fed to the anode as water is supplied to

the cathode. The following reactions occur at the anode and cathode in our system respectively:

2Fe* — 2Fe* + 2¢ (R3.4.1)

2 H,0 +2¢ — 2 OH + H, (R 3.4.2)

Reaction R 3.4.1 has a standard redox potential of 0.770 V whereas reaction R 3.4.2 has a

redox potential of -0.827 V. The minimum voltage applied across one cell is thus:
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Bl = B - Ea=0.770 V+0.827V=1.6 V (E3.4.1)

The cathode and anode are separated by a cation exchange membrane (CEM) that allows
for certain cations to pass from the anode to the cathode. In this electrodialysis system, Li" ions
will be allowed to diffuse through the CEM to form LiOH while Fe** ions and trace Na' ions are
rejected based on size. This migration of Li" ions across the CEM is driven by electric and
chemical potential. The design of this electrodialysis unit was based upon the chlor-alkali
process, a common industrial-scale technique in which sodium chloride (NaCl) fed at the anode
is converted into sodium hydroxide (NaOH) at the cathode (O’Brien et al., 2005). This reaction

also evolves chlorine gas (Cl,) and has a minimum applied voltage of 2.1 V.

(Li/Na)Cl ., + FeCl, i
(aq) (aq) | HZO
. . ] — :
e i — -
_________ @ ! ©)
i
e e | —
NaCl,q) + FeCls 5 e N P ] _
""""" e | L LiOH
ha '\ ' = : ! ;
— @ [—— i+— L 2 % a :
foaeial 0 EedeiEd

Figure 3.4.1: Electrodialysis Cell for Production of Lithium Hydroxide
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Electrodialysis Unit Design

It is estimated that 170 kg hr' of Li" ions will enter the electrodialysis unit based on an
overall recovery of 67% from the reactors. Assuming a Li" recovery of approximately 99% in the
cell, our electrodialysis unit is estimated to produce 579 kg hr' of LiOH to be sent to the
crystallizers.

To regenerate the Fe*" used to remove Li* from the packed bed reactors, we will need to
oxidize 1,366 kg hr! of Fe*" to Fe**. Temperature and pressure of the electrodialysis unit were
selected based on literature. Above a temperature of 50°C, it was found that salt leakage through
the CEM increased; this is undesirable as it would negatively impact purity (Grageda et al.,
2020). A cell voltage of 2.0 V was selected. An overpotential of 0.4 V was provided to the
system to ensure that kinetics and mass transfer across the membrane were favorable while
remaining below the 2.1 V threshold that would result in the formation of chlorine gas. A current
density of 1,700 A m™ was selected based on literature and a current efficiency of 70%.

Anode and cathode construction materials were selected based on work performed by
Grageda et al. The selected CEM, Nafion 117, is highly selective towards lithium ions and will
only let approximately 0.01 wt% of the total Na" ions entering the system to diffuse across the
membrane. A majority of the sodium ions will remain on the anode side of the electrodialysis
unit, where Fe?* is oxidized to form Fe*". Solution from the anode side is then recycled back to
the reactor block for the lithium deintercalation step; this solution contains high concentrations
of Fe**, Na“, and CI.

Without implementing a purge stream, the amount of Na* will accumulate in the recycle
stream to the reactor block over time, resulting in undesirable impurities building up within the

system. In order to prevent Na"ions from building up, a purge stream will be introduced. Sodium
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ions will be allowed to build in the system until there is a 1:1 ratio between Li" and Na" by moles
leaving the anode side of the electrodialysis unit for recycle back to the reactor block. Because
lithium rich brine enters the anode at a molar ratio of 63:1 of Li" to Na“, the purge rate will be set
equal to 1/63 of the solution feed rate entering electrodialysis.

Because the concentration of sodium ions is low in the entering stream with the
implementation of a purge, formation of NaOH at the cathode can be considered negligible.
Assuming that 0.01% of the Na* ions traverse the CEM, only 0.0009 kg hr' of Na" will be
present in the LiOH-rich stream, corresponding to 0.0016 kg hr' of NaOH. LiOH leaves the
electrodialysis unit through the same exit stream at a rate of 579 kg hr' of LiOH. This equates to
0.00028 wt% NaOH in the exit stream leading to the crystallization unit, which falls far below
the acceptable maximum impurity concentration of 0.05%.

The electrodialysis unit designed here is an approximation of what could be used
industrially. Insufficient data was available to accurately predict reaction kinetics and mass
transfer limitations across the electrodialysis unit. Further research is required to appropriately
predict these parameters, which would ultimately impact the reactor’s operating conditions and
sizing. Future research guidelines are further described in Section 7.

Electrolysis Sizing & Operating Conditions

The electrodialysis unit was sized using a number of correlations. The total required
current across the reactor was calculated from the mass flow rate of Li" ions and current
efficiency, yielding a value of 1,290,000 A. This was then used to determine the volume of the
unit and number of cells with values of 761 m® and 127 respectively (Fuller & Harb, 2018).

Electrode size was determined based on industry standards.
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Knowing that the total voltage across the cell is 2.0 V, multiplying the current by the cell

voltage yielded the power needed to run the electrodialysis unit.
P=1V (E3.3.7)

It was estimated that 2.58 MW of power would be required to run this unit. Out of the
2.58 MW needed to power the plant, some will be lost to parasitic reactions that create heat.
Hydronium ions present in the brine will be able to traverse the CEM, combining with hydroxide
ions at the cathode to form water. This side reaction will generate a considerable amount of heat,

which can be estimated by assuming that only 30% of current is used to produce water and that

the heat of formation of water, AH , is equal to -286 kJ mol' (NIST, 2021). Thus, the

form, water
electrodialysis unit will lose 0.573 MW of power as heat. The design specifications of the
electrodialysis unit are summarized in Table 3.2.1.

To remove excess heat generated by the formation of water, a cooling jacket will be
installed about the electrodialysis unit. Water will be used as a cooling fluid and is assumed to
enter the electrodialysis jacket at 25°C at a flow rate of 2,062,800 kg hr™'. This cooling water will
leave at a temperature of 50°C and keep the reactor running at the appropriate temperature to

minimize salt leakage across the CEM.
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Table 3.4.1
Electrodialysis Operating Conditions & Materials of Construction

Parameter Value
Temperature 50°C
Pressure 1.01 bar
Cell Voltage 20V
Current Density 1700 A m™
Current Efficiency 70%
Anode to Cathode Distance 2m
Area per Electrode/Membrane 6 m>
Number of Cells 127
Total Unit Volume 761 m’
Power Consumption 2.58 MW
Cathode Material Nickel
Anode Material Graphite
CEM Material Nafion 117

Fuel Cell Sizing and Operating Conditions
A significant amount of hydrogen gas (H,) is produced as a side product of the
electrolysis reaction, totaling around 48 kg hr'. H, has a high value, particularly in fuel cells,

which produce electricity via a redox reaction be oxygen gas (O,):
Hy 9+ 720, = H,Oy, (R3.3.3)

Fuel cells are highly efficient at converting chemical energy into electrical energy when

compared to heat engines as fuel cells facilitate the electron transfer in an external circuit, while
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heat engineers rely on the heat released during combustion; an energy transfer process which is
much less direct. H, has a fuel energy density of 121 MJ kg (DOE, n.d.). Thus, assuming a fuel
cell system with 100% energy conversion efficiency, the H, produced has a potential power
generating capacity of 1.62 MW. This is a significant amount of electricity that could be used to
supply power to various equipment units, such as pumps, which would reduce the amount of
electricity used from the power plant. Because the H, stream coming out of electrolysis is highly
pure and would not require any treatment prior to use in a fuel cell, it was decided that including
a fuel cell system was ideal rather than flaring the H, gas as waste.

Battelle, a non-profit research and development company, outlines the design
specification for a 10 kW Proton Exchange Membrane (PEM) fuel cell stack (Battelle, 2016).
The PEM fuel cell is loaded with a platinum catalyst and utilizes a perfluorinated sulfonic-acid
(PFSA) and polytetrafluoroethylene (PTFE) membrane that conducts protons between the
graphite electrodes. Each cell has an active membrane area of 400 cm? with a single stack
containing 36 cells. In total, 162 stacks would be needed to consume all of the H, gas. The fuel
cell system also needs a source of O,, which the authors indicate can be sourced from ambient
air. Air is approximately 21% O, and 79% nitrogen gas (N,) on a molar basis. Assuming air is
added to the fuel cell system so that it is in a stoichiometric ratio to hydrogen according to R
3.3.3, and that the gases behave ideally, the mass flowrate of air to the system is 1,646 kg hr'.
Because all of the O, and H, is consumed in the fuel cell, the outlet stream is composed of only
water and N,. A typical fuel cell system operates at a pressure between 3 - 4 bar to facilitate mass
transfer across the membrane (Hoeflinger & Hofmann, 2020), thus the upper end pressure of 4
bar was chosen. Both gases are initially at 1.01 bar, and thus need to be pressurized before

entering the system. The specifications for the fuel cell system are summarized in Table 3.4.3.
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Table 3.4.3
Fuel Cell Operating Conditions & Materials of Construction

Parameter Value
Pressure © 4 bar
Power Production 1.62 MW
Membrane Area per Cell 400 cm’
Number of Cells per Stack 36
Total Number of Stacks 162
Catalyst Loading 0.15 mg cm™
Electrode Material Graphite
PEM Material PFSA/PTFE
Catalyst Material Platinum

Auxiliary Equipment Sizing and Operating Conditions

There are total of five pumps surrounding the electrolysis unit: a pump for pumping
lithium rich brine to the anode, a pump for feeding pure water to the cathode, two compressors
for putting hydrogen gas and air into the fuel cell, and a pump to send lithium effluent stream to
crystallization unit. All pumps aside from the lithium rich brine pump are constructed using
stainless steel and the hydraulic power is calculated under 80% pump efficiency assumption. The
brine pump will be constructed out of Monel instead and is estimated to require 0.49 kW of
power to pump 47,744 kg hr! of brine from 0.7 bar to 1.01 bar. The recycle water stream has a
flow rate of 10,200 kg hr' and to raise the pressure from 0.61 bar to 1.01 bar, the estimated
hydraulic power is 0.67 kW. The hydrogen gas leaving the electrodialysis unit has a flow rate of
48 kg hr' at 1.01 bar and before entering the fuel cell, the pressure of the stream has to be raised
to 4 bar. The power requirement for this pressure change is calculated to be 65.6 kW assuming
compressible flow. Air also enters the fuel cell at 1,645 kg hr', which requires 144 kW of power

to raise the pressure from 1.01 bar to 4 bar. Lastly, the aqueous, FeCl; rich stream exiting the
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electrodialysis unit at 47,574 kg hr' needs a pressure change from 1.01 bar to 1.6 bar to
compensate for friction loss in the piping, so it requires 0.2 kW of power (E 3.2.8).
3.5 CRYSTALLIZATION
Thermodynamics of Lithium Hydroxide Monohydrate Crystallization

After electrodialysis, the aqueous 2.54 M LiOH stream is fed to the crystallization block
in order to separate and purify the final LiOH*H,O product. Crystallization describes the
precipitation of solid particles out of solution. Precipitation occurs when a solution becomes
supersaturated, indicating that more solute is dissolved in the solvent than is thermodynamically

favorable. Once supersaturation is reached, LiOH*H,O will form in the following reaction:
Li%uq + OH g + H,0() = LiOH*H,0 (R3.5.1)

Supersaturation can be achieved either by increasing the concentration of solute through
the removal of solvent with evaporation or by reducing the solubility of the solute with
undercooling or by adding an anti-solvent. On a lab scale, LIOH*H,0O is typically crystallized
using ethanol as an antisolvent (Taboada et al., 2007). However, we decided to employ
evaporative crystallization due to its simple design and ease of scalability. Additionally,
evaporative crystallization does not require any additional feed materials, nor does it require
refrigeration, which could be cost prohibitive on the scale of this process.

Process Design of Continuous Crystallization

In this process, we will be using forced circulation crystallization (FCC). FCC is a
method of continuous evaporative crystallization that is commonly used for the large-scale
production of commodity crystalline solids such as sugar and table salt (GEA, n.d.). Aqueous
LiOH at 50°C and 2.64 M is fed from the electrodialysis unit to a heat exchanger, where steam is

used to heat the stream to 100°C. This stream is then fed to the crystallizer, where it is flashed at
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atmospheric pressure to evaporate as much water as possible. As water is evaporated, LIOH*H,O
precipitates out of solution as solid particles. The process takes place at 107°C. Some of the
effluent slurry is recirculated back into the crystallizer. The recirculation of slurry is used to
promote growth of new crystals by acting as nucleation sites, while also increasing the size of
smaller crystals called fines (McCabe, 2005). Vapor coming out of the crystallizer is condensed

and recycled back to the electrodialysis unit.
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Figure 3.5.1: Diagram of Forced Circulation Crystallization (McCabe, 1993)

The remaining slurry is taken out of the crystallizer to be filtered using rotary drum
filtration. In rotary drum filtration, slurry is fed to a trough, which a rotating drum is submerged
in. The outer drum is covered in filter cloth, and a vacuum pump pulls solution through the cloth
and out of the drum. The filtrate solution is still saturated with LiOH and is recycled back into
the crystallizer to increase recovery. Some of the filtrate is taken out of the process as waste,
called “bleed”, which prevents the build up of impurities. Wet cake is left on the surface of the
filter cloth, which is then scraped off with a doctor blade. This wet cake is fed on a screen

conveyor belt to a convection dryer, which circulates hot air around the wet cake in order to
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remove excess moisture left over from filtration. The final target specification of the product is

99.5 wt% LiOH<H,0, which is battery-grade.
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Figure 3.5.2: Diagram of Continuous Rotary Drum Filtration (McCabe, 1993)

Crystallizer Sizing and Operating Conditions

The crystallizer block in Aspen was used to model the FCC process. The component type
of the LiOH*H,O was specified as solid, and the model was run with a base method of SOLIDS.
This method allows Aspen to model the crystallization process. Nucleation, growth kinetics and
particle size distribution were not accounted for as there was not enough data to comprehensively
describe these parameters. Instead, solubility data was specified through the saturation
concentration of LiOH*H,O from 255 K to 373 K (Monnin et al., 2005). To fully define the
crystallizer block, the recirculation parameter was defined as 50% of the outlet slurry, which
would be recycled back to the unit. In order to induce crystallization, the vaporization rate of
water in the crystallizer was set to 95% of the total water fed to the crystallizer block.

Design of the crystallization unit was completed through the same method as the flash
vessels in block 1. Once again, the minimum volume was found with the assumption that the

holdup time would be 7.5 mins, an average time where the liquid level is assumed to be at half of
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the tank height (E 3.2.1). A volume of 3.96 m® was found and the L/D ratio of 3 was used in
equation E 3.2.2 to find the diameter. This method was compared with a diameter found from
permissible velocity equations (E 3.2.3 - E 3.2.7) to identify the most conservative estimate for
the diameter of the crystallizer. Liquid and vapor mass flow rates and densities were used from
the output steam and slurry streams exiting the crystallizer in this second method. Between these
methods, the larger diameter is the conservative assumption and was found to be 0.93 m. Once
the final diameter was established, length and final volume were calculated. The design of the
crystallizer is detailed in Table 3.5.1.

Table 3.5.1
Design of Crystallization Unit

Parameter Value
Temperature 107°C
Pressure 1.01 bar
Diameter 093 m
Length 2.83m
Volume 3.96m’

Material of Construction  Stainless Steel

The crystallization of LiOH*H,O is an exothermic process and generates some of the heat
necessary to promote crystallization. Here, we specifically tailored the inlet concentration from
electrodialysis such that there would be no net heat duty for the crystallizer; in other words,
every unit of heat generated from the crystallization reaction is used to vaporize the solvent.
During start-up, there would need to be an initiation mechanism in order to get the reaction
started. This could be accomplished by evaporating some of the initial feed or with seeding to

create nucleation sites.
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Rotary Drum Filtration Sizing and Operating Conditions

Material balances around the rotary drum filter were modeled using the filtration block in
Aspen with the same methods used to model the crystallization unit. The fraction of solids to
solids outlet was assumed to be 0.999, while the fraction of liquid to liquids outlet was assumed
to be 0.998. The results of the material balance simulation were used to determine the filter area

requirement using equations derived from McCabe. The filter area requirement, 4, is:

an 0.5
A=m (—

<olid RTan (E3.5.1)

Where m,,;, is the mass flow rate of solid in the product slurry stream, a, is the specific
cake resistance, assumed to be 1.95%10" m kg, u is the viscosity of water at the operating
temperature of the filtration unit, equal to 0.0002822 Pa-s, c is the mass of solid deposited on the
filter per unit volume of filtrate in kg/m?, AP is the differential pressure across the filter, equal to
atmospheric pressure (101,325 Pa), s is the compressibility coefficient of the cake, assumed to be
0.2, f'is the fraction of the drum that is submerged in the feed slurry, equal to 0.3725, and n is the
rotational frequency of the drum, equal to 0.25 rev/s (Komline-Sanderson, n.d.). The value of ¢

was calculated as:

m me 1

- 1) ) (E3.5.2)

m
S F
c=(7)HA-(
VS mS VSp
Where m; is the mass flowrate of solid in the feed slurry, m, is the total mass flowrate of
the product wet cake, V| is the volumetric flow rate of the feed slurry, and p is the density of the
filtrate. All flow rate and density values were determined using Aspen simulation. The required

filter area was calculated to be 0.591 m?, or 6.356 ft>. Komline-Sanderson sells industrial rotary

drum filters that can accommodate this size at 9.4 ft*. The pore size of the filter was assumed to
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be 75 um (Graber et al., 2008). Additionally, while impurities are not considered in the
simulation, it was assumed that the bleed rate would be 10% of the total filtration flow rate. At
an operating differential pressure of 1.01 bar, and a total filtrate flow rate of 4.41E-4 m® s”!, the
hydraulic power requirement of the filter drum is 27 W.

Table 3.5.2
Design of Rotary Drum Filtration Unit

Parameter Value
Filter Differential Pressure 1.01 bar
Hydraulic Power 27TW
Drum Diameter 3f
Drum Width 1ft
Filter Area 9.4 ft*
Filter Size 75 pum

Submerged Fraction of Drum 0.3725
Rotational Frequency 0255

Material of Construction Stainless Steel

Dryer Sizing and Operating Conditions

The dryer was modeled using the FLASH2 block in Aspen with the same methods used
to model the crystallization unit. The temperature of the flash was set to 150°C in order to
evaporate off the majority of the water present in the wet cake. The resulting heat duty of the
dryer is 22.7 kW, which yields a dry LiOH*H,O product with 99.9 wt% purity, meeting the 99.5
wt% product specification. Assuming hot air at 150°C would be used to evaporate the water, the

required flow rate of air, m,,, is:
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mair - TL (E3.53)

Where Q,, is the heat duty of the dryer, and H,, is the enthalpy of air at 150°C, equal to
151.02 kJ kg'. The resulting mass flow of air is 542.1 kg hr'. The dryer specifications are
detailed in 7able 3.5.3. The mechanical design of the dryer was not done in detail and does not
account for its potential to absorb CO, as LiOH*H,O will readily react with atmospheric CO, to
form lithium carbonate (Li,CO;). The typical size range/operating times for screen conveyor
dryers were listed (McCabe, 2001).

Table 3.5.3
Design of Screen Conveyor Dryer Unit

Parameter Value
Heat Duty 22.74 kW
Dry Air Temperature 150°C
Air Flow Rate 542.1 kg hr'!
Air Velocity 0.6-24ms’
Drying Time 5-120 min
Dryer Length 4-150m

Material of Construction  Stainless Steel

At the end of the process, the total production rate is 977 kg hr' of LiOH*H,O product,
which translates to a yearly production rate of 7,701 tonnes/yr for a plant uptime of 90%.
Auxiliary Equipment Sizing and Operating Conditions

To compensate for the pressure loss through elevation for the stream going into the
crystallizer, a pump is used to bring pressure up to 2.29 bar with 0.5 kW of power. A secondary

pump is used in this block to send filtrate back to the crystallizer as well with 0.029 kW of power
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(E 3.2.8). Stainless steel is used to construct these pumps to prevent possible corrosion from the
LiOH.

For the vapor coming off of the crystallizer, it is passed through a heat exchanger before
recycling it back to the electrodialysis unit. The countercurrent shell and tube heat exchanger
uses cooling water at 30°C that exits at 45°C to condense vapor from 107.8°C to 50°C. Heat
transfer area of this heat exchanger is calculated with three stages: 107.8°C to 100°C in vapor
phase, phase change at 100°C, and 100°C to 50°C in liquid phase. The overall heat transfer
coefficient is estimated similar to previous heat exchanger designs where coefficient for liquid
and liquid heat transfer is 562.5 W m™ K! and coefficient for liquid and steam is 1180 W m? K
(E 3.2.14). In total, the heat transfer area is calculated at 314 m? with 273 pipes made from
stainless steel for corrosion resistivity. With overall heat duty of around 22 MW, the flow rate of
cooling water is 114,784 kg hr'. The exiting stream drops 0.4 bar in pressure and is sent to
electrolysis.

Once dry LiOH*H,O comes out the dryer, it is sent to a storage tank before selling it as a
product. Per heuristics, a typical storage tank has storage capacity of 30 days with tanks designed
to hold 1.5 times the capacity (Peters et al., 2003). Based on the flow rate of LiOH*H,0O, the tank
volume is calculated to be 700 m?, which is oriented vertically on a concrete foundation. The

tank itself is made out of stainless steel with a diameter of 6.67 m and height of 20 m.

3.6 REVERSE OSMOSIS WATER TREATMENT
Water Recovery using Reverse Osmosis

Reverse osmosis is a water purification process that separates ions and other dissolved
solids from water by applying pressure, which forces mass transport of water through a

permeable membrane. The end result is two streams: the permeate, composed of purified water,
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and the retentate, which contains unrecovered water and waste ions. The goal of the reverse
osmosis block is to offset the water usage in the electrolysis block by purifying the wash water
from lithium reactors. The remaining water left over can be sold to make a profit. In order to
reach the desired purity, the reverse osmosis system will be designed with 27 pressure vessels,
each including 7 semi-permeable membranes. Water condensed from the three flashes in the
power generation process will be moved into the lithium intercalation reactors and used as wash
water. This water will then be put through reverse osmosis (RO) and purified to a level that can
be sold for further processing or reused within the plant. The water exiting the power cycle as
condensate will be at 103°C; after it is cooled and used as wash water at 80°C, it will exit the
reactors with an average temperature of 72.95°C and need to be cooled to a temperature of 25°C

for the RO process.

Untreated Water Semi Permeable Membrane Purified Water

Figure 3.6.1: Diagram of Reverse Osmosis Process (Chemical Engineering World, 2020)

The inlet flow to the RO system comes from the wash water used in the intercalation
reactors, which has a volumetric flow rate of 7,575,000 L day™'. The volume of the reactors was
used for calculating the volumetric flow rate of the wash water to ensure that at least two wash
volumes were used. The reactors, modeled as cylinders, were found to have a volume of 345.4

m’® for one set of primary and secondary reactors. The total volume of water leaving the washing

46



step is the sum of the volume of brine remaining in the reactors and the total volume of the
condensate collected from the power cycle in one day after it was cooled to 25°C; this was found
to be 7,575,000 L. Since the RO system operates continuously every day, this volume is loaded
into a tank and then emptied entirely in one day to provide a flow rate of 7,575,000 L day™' into
the RO system.

Estimating lon Concentration of Wash Water Exiting the Reactors

The concentration of the wash water exiting the reactors was assumed to be dominated by
the brine loaded into the reactors that the wash water “picks up” as it flows through the
intercalation reactors. All of the wash water available is used in this system in order to lower the
concentration of contaminants. Ultimately, the outlet, dirty wash water coming out of the
intercalation reactors has a mass flow rate of 315,005 kg hr' and a concentration of 1.08 M of
dissolved ions. All dissolved ions from the initial brine stream were accounted for.

Concentration assumptions were necessary in order to compute the osmotic pressure of
the water entering and exiting the RO system. In order to generate flux across the membrane,
there must be a positive difference between the pressure vessel that is housing the membranes
and the osmotic pressure exiting the vessel. The osmotic pressure calculations are based on the

following equation:

I1 = iCRT (E 3.6.1)

Where 117 is the osmotic pressure, i is the Van’t Hoff index, C is the molar concentration
of the solute, R is the ideal gas constant and 7 is temperature in kelvin. A Van’t Hoff index of 2
was used for these calculations. This value was selected because the i of sodium and chloride
ions are both equal to 2, which make up the majority of the ions present in solution. The inlet

wash water had an osmotic pressure of 53.7 bar and the retentate had an osmotic pressure of 80.5
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bar with 50% recovery. A recovery of 50% was selected in order to lower the osmotic pressure
and allow for the pressure vessels to operate at 82 bar. This is under the max pressure of 83 bar,

allowing for a positive difference of 6 bar to create flux.

RO Equipment Sizing and Operating Conditions

Wash water must be transported and cooled using a large pump and heat exchanger
before entering the RO pressure vessels. The wash water must be cooled from 79.2°C to 25°C in
order to enter the membrane, and the feed needs to be increased in pressure up to 82 bar. The
temperature of 25°C was selected for operation because it is the average seawater temperature
typically used in large scale applications for these membranes. It was assumed that this large
pump had 80% efficiency and required a power input of 1,085 kW.

At 50% recovery, the permeate will have a flow rate of 3,788,000 L day™, or 158,000 kg
hr'! of pure water. RO systems are designed for a specified permeate flow, and the number of

membranes required can be found from E 3.6.2.

) (E 3.6.2)

Where N; is the number of membrane elements, Q7 is the total permeate flow, Q, is the
permeate flow per element, and r; is the single element recovery rate. Membranes purchased
from Lenntech (ID: FilmTecTM SW30HR-320) were selected because they are highly resistant
to fouling and require less frequent replacement. These spiral wound membranes have

specifications shown in Table 3.6.1.
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Table 3.6.1
Specifications for FilmTecTM SW30HR-320 membrane element

Parameter Value
Operating Pressure 82 bar
Outer Diamter 7.900 in
Inner Diameter 1.125in
Single Element Length 40 in
Single Element Recovery Rate 8%
Exiting Flow Rate 23,000 L day™
Active Membrane Area 320 ft*
Membranes per Vessel 7

The permeate flow per element, Q,, was found from the single element recovery rate and
the exiting flow rate of the membrane. Using E 3.6.1, the number of membrane elements, Ng,

was found to be 179 membranes. The number of pressure vessels is then found by E 3.6.3.

Py (E 3.6.3)

Where Ny is the number of pressure vessels and Pj is the number of elements per vessel.
Literature indicates that 6 to 8 membranes is the most common configuration, so 7 membranes
per vessel was chosen as an average (Fritzmann et al., 2007). With 179 membranes and 7
membranes per vessel, 25.5 vessels are required. Because the permeate is being sent to three
different series of pressure vessels, N, was rounded up to get 27 pressure vessels, which
corresponds to 189 membranes total. Pressure vessels purchased from Lenntech (ID:

8-E-1200-1M-to-8M-R6) were selected because of their max operating pressure of 83 bar.
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Auxiliary Equipment Sizing and Operating Conditions

From the lithium intercalation block, wash water is brought to the reverse osmosis unit
where it first passes through the heat exchanger to lower the temperature of the stream from
79.2°C to 25°C. To achieve this temperature drop, a cooling water flowing at 1,006,965 kg/hr at
10°C is used. The overall heat transfer coefficient is estimated at 562.5 W m? K! (E 3.2.14). The
exit temperature of the cold stream is 25°C with a heat transfer area of 1,195 m’ The heat
exchanger is made with stainless steel in a countercurrent shell and tube type with 1,040 pipes
for cold water to flow (E 3.2.15). This heat exchanger is expected to drop the pressure of the
stream by 0.4 bar according to heuristics, so a pump is required to pressurize it back to the
operating pressure of 82 bar. Assuming 80% efficiency, a pump is constructed using stainless
steel with hydraulic power of 1085 kW.

The reverse osmosis requires two tanks: one to hold the wash water before entering the
pressure vessels and one to store the permeate before selling it as a product. We assumed the
hold up time to be 1 day for the wash water tank because of the 24 hr reactor schedule and
volume to be 1.5 times the actual capacity. Therefore with the flow rate of 315,005 kg hr!, the
tank volume is calculated to be 11,363 m?, which is rounded up to 11,400 m?. For the permeate
tank, the flow rate of the stream is 157,503 kg hr', so the tank volume is calculated at 113,629
m® assuming 30 day storage, which is rounded up to 113,700 m®. These tanks are constructed

using stainless steel.
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4. DESIGN

4.0 SILICATE TREATMENT & STEAM GENERATION
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Figure 4.0.1: Silicate Treatment and Steam Generation for Power Cycle Process Flow Diagram
Silicate treatment is the first step in the process and is designed to prevent fouling of
equipment and buildup of silica deposits. Liquid brine is brought to the surface at a flow rate of
1,242,589 kg hr! using pump P-101. The brine leaves the pump at a temperature and pressure of
275°C and 60 bar. To ensure that silicates do not crash out of solution, 2,491 kg hr' of 9.6M HCI
solution is mixed with stream 101 to lower the pH of the solution. Pump P-102 is a 1.45 kW
pump with 80% efficiency that pressurizes the HCI to 60 bar so that it can be mixed with brine.
Streams 101 and 102 are mixed without the use of process equipment since flow through the
tubing is turbulent. The resulting stream, 103, has a pH of 2.36, temperature of 277°C, and

pressure of 60 bar.
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Stream 103 then enters flash vessel V-101 for the first of its flashes to generate steam.
The first flash takes the brine at 60 bar and flashes it to 40 bar, reducing its temperature to
264°C. A total of 142,847 kg hr' of vapor is produced from the first flash, including trace
amounts of HCI. Thorough heat integration of V-101 and subsequent flash vessels in this process
was omitted as it is considered outside of the scope of our project. The flash vessel will be
constructed out of Monel 400 to prevent corrosion from the highly acidic brine. To accommodate
the large inlet flow, V-101 is designed to have a L/D ratio of 3 and mean residence time of 7.5
minutes, yielding vessel dimensions of 4.17 m diameter, 12.5 m height, and total volume of 342
m’.

Vapor from V-101 is subsequently sent to a turbine to generate power for the geothermal
plant. Design of C-101 and other turbines were considered to be outside of the scope of this
project. Assuming an isentropic turbine with 100% mechanical efficiency, C-101 will generate
18.2 MW of electrical power for general use. The 40 bar, 264°C steam entering the turbine in
stream 104 drops to a pressure of 1.1 bar and temperature 103°C in stream 106.

The more concentrated brine, stream 105, leaving V-101 then flows to the second flash
vessel, V-102. The flash drops the pressure and temperature of stream 105 from 40 bar and
264°C to 20 bar and 226°C in streams 107 and 108. This flash produces 96,113 kg hr' of a mixed
water-HCI vapor. As with the V-101, V-102 will be constructed out of corrosion-resistant Monel
400 and follows the same design rationale. The flash vessel is 3.94 m in diameter, 11.8 m in
height, and 288 m? in volume.

Stream 107 flows from V-102 to C-102, which generates 9.89 MW of electrical power
using the same simulation assumptions as C-101. The 20 bar, 226°C steam entering the turbine in

stream 107 drops to a pressure of 1.1 bar and temperature 103°C in stream 114.
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Stream 108 enters V-103 for the final flash in the series. The 226°C, 20 bar brine from
stream 108 is flashed to 111°C and 1.1 bar. The cylindrical vessel is once again constructed of
Monel 400 with a diameter of 3.71 m, height of 11.1 m, and volume of 241 m®. Because the
vapor produced in this flash is at such low pressure, it is not useful for power generation in a
turbine. The vapor from all three flash processes, including streams 106, 109, and 114, will be
combined and sent to wash the lithium intercalation reactors. These vapors are condensed in the
lithium intercalation block before the washing process.

From the final flash vessel, the concentrated brine at 111°C and 1.1 bar then passes
through heat exchanger E-101 to decrease temperature to 80°C. Frictional losses in the exchanger
cause the pressure to drop from 1.1 bar to 0.7 bar in stream 113. Concentrated brine is cooled

using cooling water, which enters from stream 111 at 30°C and 1.1 bar and leaves from stream

112 at 45°C and 1.1 bar.
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Table 4.0.1A
Flow Summary of the Silicate Pretreatment and Steam Generation for Power Cycle Process

Stream 101 102 103 104 105 106 107 108
Temperature, °C 275 25 277 264 264 103 226 226
Pressure, bar 60 60 60 40 40 1.1 20 20
pH| 6.72 -1.75 2.36 - 2.53 0.48 - 2.5
Density, kg/m? 915 1130 912 18.2 961 0.707 9.32 1050
IN/OUT IN IN MID MID MID MID MID MID
Phase| Liquid Liquid Liquid Vapor Liquid Liquid/Vapor  Vapor Liquid
Mass flow, kg/hr| 1,242,589 2,491 1,245,079 142,847 1,102,071 143,002 96,113 1,005,903
H20 940,000 1,520 941,520 142,520 799,000 142,520 96,000 703,000
HCI 0 0 0 327 0 13 113 0
Q HsO* 0 339 339 0 169 164 0 110
% Li* 252 0 252 0 252 0 0 252
§ Na* 65,100 0 65,100 0 65,100 0 0 65,100
o K* 19,600 0 19,600 0 19,600 0 0 19,600
E Ca?" 1,850 0 1,850 0 1,850 0 0 1,850
(]E Mn?* 39,100 0 39,100 0 39,100 0 0 39,100
g Fe** 2,280 0 2,280 0 2,280 0 0 2,280
Cl- 174,000 632 174,632 0 174,314 305 0 174,205
SiO2 406 0 406 0 406 0 0 406
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Table 4.0.1B
Flow Summary of the Silicate Pretreatment and Steam Generation for Power Cycle Process

Stream 109 110 111 112 113 114 115 116
Temperature, °C 105 111 30 45 80 103 103 103
Pressure, bar] 11 1.1 1.1 0.7 0.7 1.1 1.1 11
pH - 22 7.0 7.0 22 0.63 0.43 0352
Density, kg/m®| 0623 1210 997 997 1210 0.692 0.657 0.690
INOUT| MID MID N ouT ouT MID MID ouT
Phase| Vapor Liquid Liquid Liquid Ligmd LiquidVapor Liguid/Vapor Liqumd/Vapor
Mass flow, kg/hr 41.003 964,696 1.393.871 1,393.871 964,696 96.166 137.169 280,173
H:0 41,000 662,000 1393871 1393871 662,000 96,000 137,000 279,520
HC1 3 0 0 0 0 4 7 22
0 H:0" 0 108 0 0 108 57 57 221
:% Li- 0 252 0 0 252 0 0 0
E Na~ 0 65,100 0 0 65,100 0 0 0
; K- 0 19,600 0 0 19,600 0 0 0
_% Ca™ 0 1.850 0 0 1,830 0 0 0
= Mn* 0 39.100 0 0 39.100 0 0 0
g Fe* 0 2,280 0 0 2.280 0 0 0
Cl- 0 174,000 0 0 174,000 103 105 410
510: 0 4086 0 0 406 0 0 0
Table 4.0.2

Equipment Summary of the Silicate Pretreatment and Steam Generation for Power Cycle Process

Equipment ID Name Equipment Type Specifications
P-101 Brine Pressurizer Pump 2.78 MW, centrifugal, Stainless Steel
P-102 HCI Pressurizer Pump 4.5 kW, centrifugal, Monel
V-101 High Pressure Flash Drum Vessel Total volume of 342 1.1.13, Monel 400
i} Moderate Pressure Flash i} 3
V-102 Vessel Total volume of 288 m”, Monel 400
Drum
V-103 Low Pressure Flash Drum Vessel Total volume of 241 m3, Monel 400
. . Isentropic, 100% effici 7, and 19 MW
C-101 High Pressure Turbime Turbine SetropIe. o cHicieney. at

power generation

Isentropic, 100% efficiency, and 10 MW

C-102 Moderate Pressure Turbine Turbine .
power generation

) Shell-and-tube exchanger,
E-101 Brine Cooler Heat Exchanger

countercurrent, Monel, Area of 772 m’
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4.1 LITHIUM ION INTERCALATION
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Figure 4.1.1: Lithium Ion Intercalation Reactor Process Flow Diagram

After the silicate pretreatment and power generation step, concentrated brine flows to the
lithium ion capture/release reactors. Stream 113 from the previous block is repressurized from
0.7 bar to 1.1 bar using the 11.1 kW pump P-201 to account for frictional losses from heat

exchanger E-101. A total of 39,300 kg hr' of solid calcium citrate is then added to stream 201,
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which mixes to form stream 203 at 80°C and 1.1 bar. Stream 203 is then redirected as stream
204A or 204B to one of the primary reactors, which include R-201 and R-202. In primary
lithium capture mode, the primary reactors operate at 80°C and 1.1 bar. The reactors will be
constructed of high density polyethylene (HDPE). Reactors are based on a packed shell and tube
design where brine flows through the tubes and reacts with the iron phosphate pellets. The iron
phosphate pellets have spherical geometry with a diameter of 2 mm.

The primary reactors each contain a total of 2,715 tubes with a diameter of 4”” and length
of 12 m. With a linear velocity of 1 cm s, the average residence time of a fluid packet in the
reactor is 20 minutes. This is estimated to capture 70% of Li" ions passing through the reactor.
The bed is expected to reach 80% saturation after a span of 24 hours. This bed saturation also
includes capture of Na" ions; there are approximately 0.6 moles of Li" ions for every 1 mol of
Na+ ions after the first pass from the primary reactor to the secondary reactor. Excess brine is
pumped back down the well in stream 208.

Once the primary bed reaches 80% saturation, flow from the current primary reactor is
cut off and switched to a new primary reactor. To recover Li+ ions from the reactor, stream 205
is added at 50°C and 1.1 bar. Stream 205 is a 500 mM FeCl, solution that enters with a flow rate
of 134,271 kg hr', which recovers Li" and Na" trapped within the iron phosphate sorbent. The
FeCl, solution will enter the bed at a temperature of 50°C and leave at 42.2°C. A total of 176 kg
hr' of Li+ ions and 1,011 kg hr! of Na" ions are recovered from the primary reactor and fed to
the secondary reactor. Stream 207 will be mixed with the exiting stream before entering the
secondary reactor as streams 206A and 206B.

The secondary reactors, which include R-203 and R-204, are also constructed out of

HDPE and are designed in a shell and tube style. The reactors are paired such that R-201 feeds
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R-203 and R-202 feeds R-204. The secondary reactors each contain a total of 835 tubes with 4”
diameter and 12 m length. During the capture step, these beds will trap 96% of Li" ions and reach
a saturation of 99% after 24 hours. The linear velocity through the bed will be 0.572 cm s™'. The
secondary reactor will operate at approximately 50°C with temperature fluctuations caused by
the capture and release step. During lithium capture, brine enters at 42.2°C and is expected to
leave the bed is at 45°C. In this step, a majority of the sodium ions and a small fraction of lithium
ions are not captured by the secondary reactor; they are pumped back down into the geothermal
well in stream 210.

Following the lithium capture step in the secondary reactor, lithium ions and a small
number of sodium ions are released using the same 500 mM FeCl; solution as mentioned for the
primary reactor. Stream 209 is fed at 47,566 kg hr' and 50°C to ensure that all ions are released
from the bed. Stream 211 leaves the reactor at 41.7°C and 1.1 bar and must then be heated using
heat exchanger E-201.

Heat exchanger E-201 heats stream 211 to reach the desired temperature of 50°C before
electrodialysis. Stream 211 is heated using steam at 100°C and 1.01 bar from stream 212. Stream
212 is condensed into water at 100°C. Stream 214 leaves the series of reactors at 50°C and 0.7

bar, containing 170 kg hr' Li* ions.
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Table 4.1.1A

Flow Summary and Material Balances of the Lithium lon Intercalation Process

Stream 113 116 201 202 203 204A-B 205 206A-B 207 208 209
Temperature, *C 80 103 30 30 80 50 422 25 815 50
Pressure, bar 0.7 1.1 2.1 1.1 1.1 1.1 1.1 1.1 1.1
Density, kg/'m? 1210 0.69 1210 1630 1030 1070 1630 1230 1030
INOUT N IN MID N MID MID IN MID N ouUT IN
Phase Liquid Ligquid Vapor Liquid Solid Liquid Ligquid Liquid Liquid Solid Liquid Liquid
Mass flow, kg'hr 064,696 280,173 964,696 39,300 1,003,996 1,043,206 134271 135458 13,900 1,002,810 47,566
H:0 662,000 279,520 662,000 0 662,000 662,000 123071 123,070 0 662,000 44,960
H:0" 108 221 108 0 108 108 0 0 0 108 0
Lit 252 0 252 0 252 252 0 176 0 77 0
Na~ 65,100 0 65,100 0 65,100 65,100 0 1.011 0 64.089 0
K 19,600 0 19,600 0 19,600 19,600 0 0 0 19,600 0
Ca 1.850 0 1,850 0 1,850 1.850 0 0 0 1,850 0
3 Mn2* 39,100 0 39,100 0 39,100 30,100 0 0 0 39.100 0
'f,— Fe* 2,280 0 2,280 0 2280 2,280 0 3,860 0 2,280 0
II;;.‘ Fe:~ 0 0 0 0 0 0 3,860 0 0 0 1,366
Cl- 174,000 410 174,000 0 174,000 174,000 7.340 7.340 0 174.000 2,606
$10: 406 0 406 0 406 406 0 0 0 406 0
Caz(CeH:0-): 0 0 0 39,300 39,300 39,300 0 0 13,000 39,300 0
Table 4.1.1B
Flow Summary and Material Balances of the Lithium lon Intercalation Process
Stream 210 1 212 213 214 215 216 217 218A-B 210A-D
Temperature, °C 45 417 100 100 50 30 45 80 80 7295
Pressure, bar 11 11 1.01 0.61 07 1.01 0.61 0.7 0.7 07
Density, kg/m* 1018 1012 0.508 Q07 1012 007 Q07 972 a72 -
IN/OUT ouT MID IN ouT ouT IN ouUT MID MID ouT
Phase Liquid Liquid Vapor Liquid Liquid Liquid Liquid Liquid Liquid Liquid
Mass flow, kg'hr 149,180 47,744 38,706 38,706 47,744 10,456,351 10,456,351 280,173 315,005
H:0 123,070 43,503 38,706 38,706 43,503 10,456,351 10,456,351 279,520 302,487
HC! 0 0 0 0 0 0 0 22 22 22
H:00 0 0 0 0 0 0 0 221 221 225
Lit 8 170 0 0 170 0 0 0 0 9
Na® 1,002 9 0 0 9 0 0 0 0 2,259
K- 0 0 0 0 0 0 0 0 0 680
= Ca 0 0 0 0 0 0 0 0 0 64
g Mn2 0 0 0 0 0 0 0 0 0 1357
E Fe* 3,860 1,366 0 0 1,366 0 0 0 0 79
= Fe~ 0 0 0 0 0 0 0 0 0 0
Crr 7.340 2,606 0 0 2,606 0 0 410 410 6,447
Si0: 0 0 0 0 0 0 0 0 0 14
Caz(CeH:0-): 13,000 0 0 0 0 0 0 0 0 1,363
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Table 4.1.2

Equipment Summary in the Lithium lon Intercalation Process

Equipment ID Name Equipment Type Specifications
P-201 Pressurizer Pump 38.8 kW, centrifugal, Monel
. Shell-and-tube reactor, HDPE, and paired
R-201 Primary Reactor 1 Reactor ¢-and-tbe feactot. anc patte
to R-203
. Shell-and-tube reactor, HDPE, and paired
R-202 Primary Reactor 2 Reactor ei-and-tube feactot, and pafte
to R-204
Shell-and-tube reactor, HDPE, and paired
R-203 Secondary Reactor 1 Reactor e-and-ibe feactot, > and patte
to R-201
Shell-and-tube reactor, HDPE, and paired
R-204 Secondary Reactor 2 Reactor cirand-ube reactot, > anc patre
to R-202
TK-201 Condensate Tank Tank 11,500 m° volume
Shell-and-tube exchanger, countercurrent,
E-201 Preheater Heat Exchanger _ R
Stainless Steel, Area of 62 m”
Shell-and-tube exchanger, countercurrent,
E-202 Condesate Cooler Heat Exchanger

Stainless Steel, Area of 2,618 m’
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4.2 ELECTRODIALYSIS
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Figure 4.2.1: Electrodialysis Process Flow Diagram

The electrodialysis process is designed to convert aqueous LiCl from the Li" intercalation
process into LiOH. In the electrodialysis process block, the lithium-rich brine from the secondary
reactors in the lithium ion capture/release process is pumped to the anodes at 50°C. The solution
first passes through P-301 to make up pressure from frictional losses. Water from the RO process
is pumped to the cathodes using P-302, also at 50°C. Streams 301 and 302 will need to be split
into 127 streams to provide equal flow to each cell in EL-301, resulting in flow rates of 376 kg
hr! of lithium-rich liquid to each anode and 80.3 kg hr' of water to each cathode.

EL-301 is a 127 cell electrodialysis unit. Each electrode has an area of 6 m* and is
separated by a distance of 2 m. A Nafion 117 membrane of thickness 0.25 bisects each cell. The
total volume of the unit is 761 m?. The anode and cathode are constructed of graphite and nickel
respectively. The current density across each cell is 1,700 A m™ with an applied voltage of 2.0 V.
EL-301 consumes 2.59 MW of electrical power assuming 70% current efficiency.

Aqueous Li*, Na*, CI, and Fe*' enter on the anode side of each cell. Due to lack of

kinetic and mass transfer data, it is assumed that 99% of Li" ions entering EL-301, 170 kg hr™,
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will diffuse across the CEM. The same rationale was used to justify complete oxidation of 1,366
kg hr' Fe*" to 1,366 kg hr' Fe**. The Na* entering the anode side is ultimately rejected by the
CEM, as Nafion 117 is highly selective towards small, monovalent cations. A total of 9 kg hr’'
of Na" enters the electrodialysis process block, effectively all of which leaves the system through
stream 303.

To prevent accumulation of sodium within the recycle stream, a purge stream will be
introduced. It was assumed that Na" and Li" would leave the system in a 1:1 mole ratio. As the
ratio of Li"/Na is 63:1 in the feed to electrodialysis, the purge was designed to operate at a flow
rate of 1/63™ the inlet to the electrodialysis unit. Stream 311 is taken off the recycle stream and
sent back down the geothermal well at a rate of 755 kg hr'. As FeCl, is lost in the purge, a
makeup stream is necessary to replenish lost reagents for the intercalation reactors. Stream 313 is
mixed with stream 312 at a rate of 755 kg hr' to make up for lost iron and water, which is then
recycled to the reactors.

Pure water in excess enters the cathode from stream 302, where it is split into 409 kg hr’!
of OH" anions and 48.1 kg hr'! of hydrogen gas. Hydroxide anions coordinate with Li" ions that
have diffused across the CEM to form aqueous LiOH at 2.64 M. Stream 305 containing the
LiOH then flows to the crystallization unit. In addition to Li" diffusing across the CEM,
hydronium cations can move from the anode to cathode side of the electrodialysis unit due to its
small size. Hydronium can coordinate with hydroxide on the cathode side and to produce water
and waste heat. To handle this, a cooling jacket will be used to remove excess heat. Stream 315,
the inlet to the cooling jacket, requires 2,062,800 kg hr! of 25°C. Cooling water leaves in stream

316 at a temperature of 50°C.
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The hydrogen gas produced at the cathode leaves in stream 304 and will be utilized to
produce energy in a fuel cell. Compressor P-304 pressurizes the hydrogen gas to the desired 4
bar pressure, requiring 66.6 kW of power. Ambient air is pumped directly to the cell at 25°C and
4 bar at a rate of 1,646 kg hr'' using P-305, which uses 147 kW of power. Fuel cell FC-301 will
generate a total of 1.62 MW to be sold or used within the plant. Detailed design of the cell was
considered outside of the scope of this project.

Table 4.2.1A
Flow Summary and Material Balances of the Electrodialysis Process

Stream 214 301 302 303 304 305 306 307 308
Temperature, “C 30 30 30 30 30 30 30 30 25
Pressure, bar 07 1.01 1.01 1.01 1.01 1.01 16 4 1.01
Density, kg/m® 1040 1040 088 1030 0.076 1050 1050 0.208 1.18
IN/OUT IN IN IN MID ouUT MID MID MID IN
Phasze Liquid Liquid Liquid Liquid Vapor Liquid Liquid WVapor Vapor
Mass flow, kg'hr 47,744 47,744 10,200 47,574 48 10,322 47,574 48 1,645
H:0 43,503 43,503 10,200 43,503 0 9,743 43,503 0 0
B 0 0 0 0 0 0 0 0 1,283
g 0: 0 0 0 0 0 0 0 0 362
_% Li~ 170 170 0 0 0 170 0 0 0
g OH- 0 0 0 0 0 409 0 0 0
= H: 0 0 0 0 48 0 0 48 0
‘f_ Fe* 1,366 1,366 0 0 0 0 0 0 0
Q:i Fe* 0 0 0 1,366 0 0 1,366 0 0
Na~ 9 9 0 9 0 0 9 0 0
CIr 2,606 2,606 0 2,606 0 0 2,606 0 0
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Table 4.2.1B
Flow Summary and Material Balances of the Electrodialysis Process

Stream 300 310 31 312 313 314 315 3168
Temperature, “C 25 50 50 50 50 50 23 50
Pressure, bar 4 4 1.01 1.01 1.01 1.01 1.01 1.01
Density, kg/'m® 4.68 431 1050 1050 1050 1050 a7 988
IN/OUT MID OUT OoUT MID IN OouUT IN ouT
Phase Vapor Vapor Liquid Ligquid Ligquid Ligquid Liquid Liquid
Mass flow, kg'hr 1.645 1.645 75508 46,819 755 47.574 2.062.800 2,062,800
H:0 0 410 692 42,901 692 43,503 2,062,800 2,062,800
N 1,283 1,283 0 0 0 0 0 0
g 0: 362 0 0 0 0 0 0 0
E Li 0 0 0.04 0 0 0 0 0
8 OH- 0 0 0 0 0 0 0 0
= H: 0 0 0 0 0 0 0 0
£ Fesr 0 0 0 0 0 0 0 0
% Fe** 0 0 22 1,344 22 1,366 0 0
Na- 0 0 0.04 9 0 9 0 0
Cr 0 0 41 2561 41 2,606 0 0
Table 4.2.2
Equipment Summary in the Electrodialysis Process
Equipment ID Name Equipment Type Specifications
P-301 Brine Pressurizer Pump 0.49 kW, centrifugal, Monel
P-302 Water Pressurizer Pump 0.11 kW, centrifugal, Stainless steel
P-303 Recycle Pressurizer Pump 0.2 kW, centrifugal, Stainless steel
P-304 H2 Compressor Compressor  66.6 kW, centrifugal, Stainless steel
P-305 Air Compressor Compressor 146.7 kW, centrifugal, Stainless steel
1.62 MW power generation, Graphite
FC-301 Hydrogen Fuel Cell Fuel Cell electrode, PFSA/PTFE PEM, Platinum
catalyst
2.58 MW, Graphite anode, Nickel aathode,
EL-301 Electrodialysis Unit Electrodialysis Nafion 117 CEM, 6 m” electrode area, 127

cells, and total volume of 761 m’
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4.3 CRYSTALLIZATION
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Figure 4.3.1: Crystallization Process Flow Diagram

TK-401
Dry LiOH-H20
Tank

The crystallization process is designed to separate and purify the final LiOH+H,O

product. LiOH solution coming from the electrodialysis process (stream 305) enters the

crystallization process at 50°C and 1.01 bar. This stream is mixed with recycle streams 408 and

413 to yield the stream 401, which is then fed to the crystallization unit V-401. Here, water from

the feed is vaporized, resulting in the crystallization of LiOH*H,O. The crystallization unit

operates at 1.01 bar and has a total volume of 3.96 m®, with a length of 2.93 m and diameter of

0.93 m. During steady state operation, this unit operates with a net heat duty of 0 MW as the heat

generated during the crystallization reaction is used to vaporize the water. Steam coming out of

65



the top of TK-401 is condensed and cooled 50°C and 1.01 bar using shell and tube heat
exchanger E-401. Cooling water at 30°C is used to remove 6.71 MW of heat. Coming out of the
bottom of V-401 (stream 403) is a slurry stream containing solid LiOH*H,O and saturated LiOH
solution. This stream is equally split into streams 408 and 409, which is recycled back into the
crystallizer and filtration unit F-401 respectively.

F-401 is a rotary drum filter obtained from Komline-Sanderson with an outer drum
diameter of 3 ft and a drum width of 1 ft, resulting in a total filter area of 9.4 ft*>. The drum
rotates at a frequency of 0.25 s, and 37.25% of the drum volume is submerged in the feed
slurry. Additionally, the drum operates with a differential pressure of 1.01 bar, which requires a
hydraulic power of 27 W. Filtrate containing saturated LiOH solution comes out of the center of
the drum in stream 408; this stream is then split into streams 410 and 414, with 90% of stream
410 going into stream 413, which is recycled back into the crystallizer. Stream 412 is referred to
as bleed and is reinjected back into the well, which helps prevent the build up of impurities.
After filtration, the wet LiOH*H,O is scraped off of the filter cloth and sent to a screen conveyor
dryer, D-401, which circulates hot, dry air at 150°C counter-current to the wet-cake in order to
remove excess moisture. Moist air is vented into the atmosphere as waste. The final, dry

LiOH<H,O0 product has a mass-based purity of 99.9% and is sent to silo TK-401 for storage.
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Table 4.3.1A
Flow Summary and Material Balances of the Crystallization Process

Stream| 305 401 402 403 404 405 406 407 408
Temperature, °C 50 503 503 108 108 30 45 50 108
Pressure, bar| 1.0 1.01 220 1.01 1.01 1.01 1.01 1.01 1.01
Density, kem?| 1050 1051 1051 1300 0.6 007 007 084 1300
IN/OUT IN MID MID MID MID IN OUT OUT MID
Phaze Liquid Liguid Vapor LiquidVapor Liquid Vapor Liquid Liquid Liquid Liquid
Mass flow, kg/hr 10,785 11,755 11,755 4,116 0,698 114,784 114,784 0,698 2,058
- H:0 10,209 11,011 11,011 1788 0,608 114,784 114,784 0,608 804
= Li 167 215 215 108 0 0 0 0 54
8
= OH- 400 528 528 264 0 0 0 0 132
g
£ | LiOHH:O 0 0.9 0.9 1956 0 0 0 0 078
= Air 0 0 0 0 0 0 0 0
Table 4.3.1B
Flow Summary and Material Balances of the Crystallization Process
Stream| 400 410 411 412 413 414 415 416 417
Temperature, °C| 108 108 108 108 108 108 150 150 150
Pressure, bar| 101 0.01 1.01 1.01 1.01 1.01 1.01 1.01 1.01
Density, ke/n?| 1300 1150 1150 1150 1150 1509 08 08 1510
INOUT| MID MID MID oUT MID MID IN ouT OUT
Phase Ligquid Liquid Liquid Liguid Liguid Ligqud Vapor Vapor Solid
Mass flow, ke/r 2,058 1,079 1,079 107 070 979 542 544 078
o H:0 804 802 802 80 803 1.8 0 16 0.2
= Li 54 54 54 5 48 0.1 0 0 0.1
g
= OH- 132 132 132 13 118 02 0 0 0.3
=
Z | LioHEO 078 1 1 0.1 1 977 0 0 077
= Air 0 0 0 0 0 0 542 542 0
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Table 4.3.2
Equipment Summary in the Crystallization Process

Equipment ID Name Equipment Type Specifications
P-401 Crystallizer Feed Pressurizer Pump 0.5 kW, centrifugal, Stainless Steel
P-402 Filtrate Pressurizer Pump 0.029 kW, centrifugal, Stainless Steel
V-401 Crystallizer Vessel Total volume of 3.96 m®
F-401 Rotary Drum Filter Filter 26.4 W, outer diameter of 3 ft, width of 1 ft
Screen conveyor system, dried with hot air
D-401 Dryer Dryer
el et at 150C, and countercurrent
TK-401 Dry LiOH*H,0 Silo Silo 700 m’ volume
Shell-and-tube exchanger, countercurrent
E-401 Steam Condenser/Cooler Heat Exchanger

flow, Area of 314 m”
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4.4 REVERSE OSMOSIS WATER TREATMENT
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Figure 4.4.1: Reverse Osmosis Process Flow Diagram

The reverse osmosis process is designed to purify the wash water used in the lithium
intercalation reactors to a level that allows it to be sold as potable water. The wash water exits
the reactors at 79.2°C and is cooled to 25°C and 0.61 bar using shell and tube heat exchanger
E-501. Tank TK-501, with a volume of 11,400 m®, allows the reverse osmosis system to run
continuously by storing the water from the 10 minute daily wash cycle. Stream 504 is
pressurized up to 82 bar through pump P-501, requiring 1085 kW, before it enters the reverse
osmosis pressure vessels. Each reverse osmosis vessel shown in Figure 4.5.1 represents 9
pressure vessels in series for a total of 27 pressure vessels. Pressure vessels were purchased from
Lenntech (ID: 8-E-1200-1M-to-8M-R6) and have a max operating pressure of 83 bar. Within
each pressure vessel, there are 7 membranes purchased from Lenntech (ID: FilmTecTM
SW30HR-320). After the contaminated wash water stream exits the RO vessels, the purified

permeate streams are mixed together and stored in tank TK-502, which has a volume of 113,700
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m’. Stream 513 is the higher concentrated retentate stream and is disposed of by reinjecting it

back into the well.

Table 4.4.1

Flow Summary and Material Balances of the Reverse Osmosis Water Treatment Process

Stream|  219A.D 501 502 503 504 505 506 507 508
Temperature, C| - 79.2 10 23 23 23 23 25 23 25
Pressure, bar 07 1.01 1.01 0.3 0.3 82 52 82 52
Density, kg'm”3 008 228 008 228 008 008 408 008
movr m N oUT MID MID MID MID MID MID
Phasel  Liguid Liquid Liquid Liquid Liquid Liquid Liquid Liquid Liquid
Mass flow, kg/hr 315005 1,006965 1,006,965 315,003 313,005 315,003 105,002 105,735 105,735
HO 302487  1,006965  1.006.965 302,487 302487 302,487 100,828 100,828 100,830
HCI o) 0 ] 2 o) 0 7 7 7
H.0* 225 0 0 225 225 225 75 75 75
Li* 2 0 0 S 9 S 3 3 3
Na 225 0 0 2,258 2259 2,258 753 753 753
K 580 0 0 580 680 650 227 227 227
Ca™ 64 0 0 64 64 64 21 21 2
Mn2* 1357 0 0 1,357 1,357 1,357 52 452 52
Fe* 79 0 0 79 79 79 26 26 26
Fe* 0 0 0 0 0 0 0 0 0
cr 6447 0 ] 6,447 6,447 6,447 2,148 2,148 2149
8i0: 14 0 0 14 14 14 5 5 3
Cas(CeH:0-): 1.363 0 0 1,363 1363 1,363 454 434 454

70



Table 4.4.1B
Flow Summary and Material Balances of the Reverse Osmosis Water Treatment Process

Stream 509 510 511 512 513 514 515
Temperature, C 35 235 25 25 23 23 23
Preszure, bar g7 g2 a2 92 22 22 32
Density, kg/'m”3 003 003 003 008 008 908 998
INOUIl amp MID MID MID oUT OUT oUT
Phase|  Liguid Liquid Liquid Liquid Liquid Liquid Liquid
Mass flow, kg/hr 103,733 105,733 103,733 137,503 137,503 502 157,001
H-0 52,501 52,501 52,501 157,503 144,984 502 157,001
HCI 0 0 0 0 o) 0 0
H:0* 0 0 0 0 225 0 0
- Li* 0 0 0 0 9 0 0
E Na 0 0 0 0 2,239 0 0
= K- 0 0 0 0 650 0 0
= Ca™ 0 0 0 0 64 0 0
= Mn2* 0 0 0 0 1,357 0 0
3 Fe 0 0 0 0 78 0 0
h Fe 0 0 0 0 0 0 0
Ccr 0 0 0 0 6.447 0 0
$i0: 0 0 0 0 14 0 0
Ca=(CH0-): 0 0 0 0 1,363 0 0
Table 4.5.2

Equipment Summary in the Reverse Osmosis Water Treatment Process

Equipment ID Name Equipment Type Specifications
P-501 Water Pressurizer Pump 1085 kW, centrifugal, Stainless Steel
: . Represents 9 pressure vessels in series, each with
RO-501 RO Pressure Vessel Series 1 Vessel Lo N
7 membranes, individual volume of 2.1 m
: . Represents 9 pressure vessels in series, each with
RO-502 RO Pressure Vessel Series 2 Vessel o 3
7 membranes, mdividual volume of 2.1 m
: . Represents 9 pressure vessels in series, each with
RO-503 RO Pressure Vessel Series 3 Vessel Lo 3
7 membranes, individual volume of 2.1 m
Shell-and-tube exchanger, countercurrent
E-501 Cooler Heat Exchanger . S
flow, Stainless Steel, Area of 1219 m”
TK-501 Post Wash Holding Tank Tank 11,400 m volume, Stainless Steel
TK-502 Permeate Tank Tank 113,700 m® volume, Stainless Steel
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5. PROCESS ECONOMICS

The economic feasibility of this process was analyzed through a cash flow analysis,
which was used to calculate an internal rate of return (IRR). IRR value is used to judge whether
the project should be invested in or not. Performing a cash flow analysis requires fixed costs,
operating costs, and revenue to be estimated. Many of the calculations done in this section
involve the use of the Chemical Engineering Plant Cost Index (CEPCI), which accounts for
monetary inflation and deflation effects for the capital costs of a chemical plant. For this
analysis, the CEPCI was set to the 2022 value of 800.

Fixed costs are primarily associated with equipment capital costs, costs of land, and
working capital. The majority of the purchased equipment costs were estimated using
CAPCOST, a pre-made Microsoft Excel spreadsheet that uses macros to perform economic
calculations (Turton, 2018). The cost of equipment that could not be accurately predicted using
CAPCOST was estimated manually. After purchased equipment costs were estimated, they were
multiplied by a Lang Factor, which increases the total capital cost by taking into account indirect
expenses, such as labor, transportation, taxes, insurances, administration, and utilities that are
needed to fully install the equipment onsite. A Lang Factor of 3.63 for a “mixed fluids-solids
processing plant” was used in these calculations (Towler and Sinnott, 2013). Working capital and
land costs were estimated to be 20% and 2% of the total equipment capital costs, respectively.

Operating costs are primarily associated with the cost of feedstocks, utilities, and labor,
while revenue is associated with the value of material products and other marketable
commodities. Feedstocks and material products were priced using market prices from various
sources. Utilities, including steam, cooling water, and air, were priced using correlations based

on the CEPCI and natural gas prices in California. Costs and revenue from materials was
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calculated on the basis of 90% plant uptime, or 7,884 operating hours per year. Electricity prices
and labor costs were provided from industry advisors from Team TELEPORT. The operational
lifetime of the plant was chosen as 20 years, and thus the IRR was calculated based on this

lifespan.

5.0. SILICATE PRETREATMENT AND STEAM GENERATION FOR POWER CYCLE

With this process, it is assumed that the lithium extraction plant would be retrofitted to an
existing geothermal power plant. Therefore, the economic costs and revenue associated with
already existing equipment and feedstocks were not considered in this analysis. This results in
much of the silicate pretreatment and steam generation block being excluded, including the flash
vessels, turbines, and pumps. Additionally, this means that the revenue from the electricity
generated in this block was ignored. The only equipment that was considered was the heat
exchanger used to cool the post-flash brine (E-101), which was priced using CAPCOST. The
equipment capital costs for this block are summarized in Table 5.0.1.

Table 5.0.1
Costs of Equipment for Silicate Pretreatment and Steam Generation for Power Cycle Process

Equipment ID Name Specifications Material of Construction Purchaced Equipment Cost, $
E-101 Brine Cooler 772 m* Monel 3 131.000.00
Total, $ $ 131,000.00
Lang Factor Total, $ $ 475,530.00

Table 5.1.2 summarizes the utility costs. Cooling water is used in E-101 to lower the

brine temperature. Cooling water was priced using correlations developed by Ulrich et al. (2006).
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Table 5.0.2

Costs of Utilities for Silicate Pretreatment and Steam Generation for Power Cycle Process

Stream  Utility Type Unit Price, $ kg’1 Feed Rate, kg hr? Cost, $ ylfl
111 Cooling Water 0.00015 1,393,871 $ 1.674,194.15
Total, $ $ 1.674,194.15

5.1. LITHIUM ION INTERCALATION

All of the equipment in this block, including the lithium intercalation reactors, pumps,

heat exchangers, and holding tanks, were priced using CAPCOST. Approximately 827 tonnes of

iron (III) phosphate is needed for the four intercalation reactors. Using the market price for

FePO,, this comes out to $3.3 million, which was included in the capital cost for the equipment.

Additionally, it was assumed that the iron (IIT) phosphate would be replaced yearly, which adds

$3.3 million per year to operating cost for raw materials. The equipment capital costs for the

lithium intercalation process are summarized in Table 5.1.1.

Table 5.1.1

Costs of Equipment for Lithium lon Intercalation Process

Equipment ID Name Specifications ~ Material of Construction ~ Purchaced Equipment Cost, $
P-201 Pressurizer 38.76 kW, 2.1 bar Monel $ 13,000.00
R-201 Primary Reactor 1 264.2 m° HDPE 3 7.180,000.00
R-202 Primary Reactor 2 264.2 m° HDPE $ 7,180,000.00
R-203 Secondary Reactor 1 812m’ HDPE 3 2.210,000.00
R-204 Secondary Reactor 2 812 m’ HDPE 3 2,210,000.00

- Iron (1II) Phosphate 827 tonnes - $ 3,308,000.00
E-201 Preheater 62 Stainless Steel $ 40,800.00
E-202 Condensate Cooler 2618 m’ Stainless Steel $ 425,000.00

TK-201 Condensate Tank 10.100 m® Stainless Steel $ 761,000.00
Total, $ $ 23.327,800.00
Lang Factor Total, $ $ 84,679,914.00
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Table 5.1.2 summarizes the total operating costs associated with feedstocks for the
lithium ion intercalation block, which were priced using market prices for the materials. The
feedstock for this block includes calcium citrate, iron (III) chloride, and iron (III) phosphate. The
projected cost of the calcium citrate feed was excluded from the cash flow analysis as including
it would guarantee the process would be economically unviable.

Table 5.1.2
Costs of Raw Materials for Lithium Ion Intercalation Process

Stream Raw Material Unit Price. $ kg’ Feed Rate, kg hr” Cost. $ yr'
202/207 Calcium Citrate 1.30 53,200 $ 545.257.440.00
205/209  Iron (IIT) Chloride 0.55 11,200 $ 48,565,440.00
- Iron (1) Phosphate 4.00 105 $  3.308,000.00
Total, $ $ 597.130,880.00

Table 5.1.3 summarizes the utility costs for the lithium ion intercalation block. Low
pressure steam is fed to E-201 in order to heat the lithium rich solution entering electrodialysis.
Additionally, cooling water is fed to E-202 to cool the condensate from the power cycle in
preparation for washing. Like the cooling water, the steam was priced using correlations
developed by Ulrich et al. (2006).

Table 5.1.3
Costs of Utilities for Lithium lon Intercalation Process

Stream Utility Type Unit Price, $ kg’ Feed Rate, kg hr! Cost, $ yr'!
212 LP Steam 0.06134 38.706 $ 18.716.993.65
215 Cooling Water 0.00015 10,456,351 $ 12,559.240.92

Total, $ $ 18.716.993.65
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Table 5.1.4 summarizes electricity costs for the lithium ion intercalation block. Here, the
only unit that uses electricity is P-201, which pumps the brine from the pretreatment block to the
intercalation reactors. Electricity prices were obtained from a Team TELEPORT industry
advisor, priced at $0.03 per kWh.

Table 5.1.4
Costs of Electricity for Lithium lon Intercalation Process

Equipment ID Name Power, MW  Electricity Price. $ MI"  Cost, § yr”
P-201 Pressurizer 0.0388 0.008 $ 9,167.52
Total, $ $ 9,167.52
5.2. ELECTRODIALYSIS

Because CAPCOST is unable to predict the costs associated with constructing and
maintaining an electrolysis unit, calculations for the cost of the electrodialysis block were
performed manually. The cost of construction materials for EL-301, summarized in Table 5.2.1,
was estimated by creating correlations between geometries of plates of necessary materials
available online and cost. This was then used to compute the cost for larger plates. The cost of
raw materials needed to build the unit is presented in Table 5.2.1, which totaled approximately

$2.8 million. All electrodes and CEM membranes will be replaced on a yearly basis.
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Table 5.2.1
Costs of Materials for Electrodialysis Unit

Material Unit Price, $ per unit Number of Units Purchaed Materials Cost, $
Graphite Electrodes $ 1.303.26 127 $ 165.514.00
Nickel Electrodes $ 3,833.90 127 $ 486,905.00
Nafion 117 Membrane § 16,770.00 127 $ 2,129,790.00
HPDE Casing $ 36,773.00 1 $ 36,773.00
Total, $ $ 2.818.982.00

Battelle estimates that the equipment cost of a 10 kW fuel cell stack as $1,320 (Battelle,
2016). The fuel cell system used here utilizes 162 10 kW stacks, thus the total purchased
equipment cost of the unit is approximately $213,000. The remainder of the equipment for this
block, including all of the pumps, were priced using CAPCOST. The equipment capital costs for
the electrodialysis process are summarized in Table 5.2.2.

Table 5.2.2
Costs of Equipment for Electrodialysis Process

Equipment ID Name Specifications Material of Construction Purchaced Equipment Cost, $
P-301 Brine Pressurizer 0.49 kW, 1.01 bar Stainless Steel $ 4,940.00
P-302 Water Pressurizer 0.67 kW, 1.01 bar Stainless Steel $ 4,940.00
P-303 Recycle Pressurizer 0.2 kW, 1.6 bar Stamless Steel $ 4,940.00
P-304 H2 Pressurizer 66.6 kW, 4 bar Stainless Steel $ 17,600.00
P-305 Air Pressurizer 146.65 kW, 4 bar Stainless Steel $ 29,000.00

EL-301 Electrodialysis Unit 127 cells Graphite, Nickel, Nafion 117 $ 2.818.982.00
FC-301 Hydrogen Fuel Cell 162 cells PFSA/P mi’ i:f:::::l Graphite, ¢ 212,889.60
Total, $ $ 3,093.291.60

Lang Factor Total, $ $ 11,228,648.51

77



Table 5.1.3 summarizes the utility costs for the electrolysis block. Cooling water is fed to
the electrodialysis unit to counteract the waste heat generated from water formation. Again, the
cooling water was priced using correlations developed by Ulrich et al. (2006).

Table 5.2.3
Costs of Utilities for Electrodialysis Process

Stream Utility Type Unit Price, $kg' FeedRate. kghr’  Cost, § yr’
315 Cooling Water 0.00015 2,062,800 $ 2.477.652.31
Total, $ $ 2,477.652.31

Table 5.2.4 summarizes electricity costs for the electrodialysis block. The electrodialysis
unit requires the application of voltage and current. The power requirement for the process is
2.54 MV, accounting for approximately 8.75% of the total power produced by the geothermal
plant. Additional power requirements for this block are attributed to the five pumps that are used.

Table 5.2.4
Costs of Electricity for Electrodialysis Process

Equipment ID Name Power, MW Electricity Price, $ MI'* Cost, $yr’!

P-301 Brine Pressurizer 0.0005 0.008 $ 115.89
P-302 Water Pressurizer 0.0007 0.008 $ 158.47
P-303 Recycle Pressurizer 0.0002 0.008 $ 47.30
P-304 H2 Compressor 0.0666 0.008 $ 15,752.23
P-305 Air Compressor 0.1467 0.008 $ 34.,685.66
EL-301 Electrodialysis Unit 2.5800 0.008 $ 610,221.60
Total, $ $  660981.16

Because the fuel cell unit in this block produces electricity, it generates revenue. While

the electricity generated here would not be sold, the fuel cell effectively generates revenue by
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reducing the amount of electricity consumed from the power plant. Because of this, the same unit
price for consumed electricity was used to calculate the revenue. Table 5.2.5 summarizes the
effective revenue from the fuel cell electricity.

Table 5.2.5
Revenue from Electricity for Electrodialysis Process

Equipment ID Name Power, MW  Electricity Price, $ MI"' Revenue, $ yr’'
FC-301 Hydrogen Fuel Cell 1.6128 0.008 $ 38145946
Total, $ $ 381.459.46

5.3. CRYSTALLIZATION

Because pricing information for the rotary drum filter was not readily available from
Komline-Sanderson, the unit was priced manually using sizing correlations from Towler and

Sinnott (2013). The purchased equipment cost of the filtration unit can be estimated with:
C =a+ bS" (E5.3.1)
e

Where a and b are cost coefficients, n is an equipment specific exponent, and S is the size
parameter, equal to the primary size dimension for equipment. In this case, the size parameter is
equal to the filter area (0.87 m?). The remainder of the equipment for this block, including the
dryer unit, crystallizer, holding tanks, condenser, and pumps were priced using CAPCOST. The

equipment capital costs for the crystallization process are summarized in Table 5.3.1.
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Table 5.3.1
Costs of Equipment for Crystallization Process

Equipment ID Name Specifications Material of Construction Purchaced Equipment Cost, $
P-401 Crystallizer Feed Pressurizer 0.5 kW, 2.29 bar Stainless Steel $ 4.,940.00
P-402 Filtrate Pressurizer 0.029 kW, 1.01 bar Stainless Steel $ 4,940.00
V-401 Crystallizer 341 m° Stainless Steel $ 8.660.00
F-401 Rotary Drum Filter 26.4 W, 3 ft diamter, 1 ft width Stainless Steel $ 16,366.00
D-401 Dryer 0.181 1.1.13/5, 1.01 bar Stainless Steel $ 7.,000.00

TK-401 Dry LiOH*H20 Tank 700 m° Stainless Steel $ 156,000.00
E-401 Steam Condenser/Cooler 314 m’ Stainless Steel $ 77,800.00
Total, $ $ 275,706.00

Lang Factor Total, $ $ 1,000,812.78

Table 5.3.2 summarizes the cost of raw materials for the crystallization block, which only
consists of the dry air fed to the dryer. Unlike the ambient air used for the fuel cell unit in the
electrolysis block, which does not have an associated cost, the air used in the dryer unit does
have an associated cost. This is because the air used in the dryer must be dry air, and thus must
be pre-processed before being used in this system. Dry air was priced using correlations
developed by Ulrich et al. (2006), similar to the methods used to price cooling water and low
pressure steam.

Table 5.3.2
Cost of Raw Materials for Crystallization Process

Stream  Raw Material ~ Umit Price, $/kg Feed Rate, kg/hr Cost, $/yr
416 Dry Air 0.05 542.1 $ 203,322.51
Total, $ $ 203,322.51

Table 5.3.3 summarizes the utility costs for the crystallization block. Cooling water is
used in E-401 to condense and cool the steam coming out of the crystallizer. Again, cooling

water was priced using correlations developed by Ulrich et al. (2006).
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Table 5.3.3
Costs of Utilities for Crystallization Process

Stream  Utility Type Unit Price, $kg'' TFeed Rate,kghr’  Cost, $ yr

405 Cooling Water 0.00015 114,784 $ 13786835

Total, $ $ 137,868.35

Table 5.3.4 summarizes the revenue associated with the main lithium hydroxide
monohydrate product from the crystallization block. The market price used in these calculations
was for lithium hydroxide monohydrate at the minimum purity specification to be considered
battery-grade (56.5 wt%).

Table 5.3.4
Revenue from Products for Crystallization Process

Stream Product Unit Price, $kg'  Production Rate, kg hr'  Revenue, $ yr’
417 LiOHsH20 61.5 977 § 473,714,082.00
Total, $ $ 473,714,082.00

Table 5.3.5 summarizes electricity costs for the crystallization block. Electricity costs are
associated with the two centrifugal pumps used to circulate the crystal slurry and the filtrate
recycle, the hydraulic vacuum pump built into the rotary drum filter unit, and the dryer unit. Cost
to heat the dryer air was excluded.

Table 5.3.5
Cost of Electricity for Crystallization Process

Equipment ID Name Power, MW Electricity Price, S MJ"'  Cost, § yr!
P-401 Crystallizer Feed Pressurizer 0.00050 0.008 $ 118.26
P-402 Filtrate Pressurizer 0.00003 0.008 $ 6.86
F-401 Rotary Drum Filter 0.00003 0.008 $ 6.24
D-401 Dryer 0.02500 0.008 $ 5.913.00

Total, § $ 6,044.36
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5.4. REVERSE OSMOSIS WATER TREATMENT

Because  pricing for the FilmTecTM  SW30HR-320 membranes and
8-E-1200-1M-to-8M-R6 pressure vessels was not readily available, pricing for the RO units was
done by using the total unit pricing calculated from a previous project which used the same
equipment at a larger scale. This project involved using reverse osmosis to desalinate sea water
and used 733 RO units (1 RO unit = 1 pressure vessel + 7 membranes) for a total equipment
price of $65 million. In our process, we are only using 27 RO units, thus the total purchased
equipment price for the RO units is around $2.4 million, or $270,000 for each 9 unit series. The
remainder of the equipment for this block, including the holding tanks, pumps, and coolers were
priced using CAPCOST. The equipment capital costs for the reverse osmosis process are
summarized in Table 5.4.1.

Table 5.4.1
Costs of Equipment for Reverse Osmosis Water Treatment Process

Equipment ID Name Specifications Material of Construction Purchaced Equipment Cost, $
P-501 Water Pressurizer 1085 kW, 82 bar Stainless Steel $ 217,000.00
RO-501 RO Pressure Vessel Series 1 9 RO units, 82 bar Stainless Steel, Polyamide Membrane § 266.030.01
RO-502 RO Pressure Vessel Series 2 9 RO units, 82 bar Stainless Steel, Polyamide Membrane g 266.030.01
RO-503 RO Pressure Vessel Series 3 9 RO units, 82 bar Stainless Steel, Polyamide Membrane ¢ 266.030.01
TK-501 Post-Wash Holding Tank 11,400 m® Stainless Steel $ 835.000.00
TK-502 Permeate Tank 113,700 m> Stainless Steel $ 7.104.366.37
E-501 Wash Cooler 1,219 m* Stainless Steel $ 226.,000.00
Total. $ $ 9.180.456.41

Lang Factor Total, $ 3 33.,325,056.77

Table 5.4.2 summarizes the utility costs for the reverse osmosis block. Cooling water is
used in E-501 to cool the dirty wash water coming out of the lithium intercalation reactors.

Again, cooling water was priced using correlations developed by Ulrich et al. (2006).
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Table 5.4.2
Costs of Utilities for Reverse Osmosis Water Treatment Process

Stream  Utility Type  Unit Price. $ kg' Feed Rate, kghr'  Cost, $ yr'

501  Cooling Water 0.00015 1.139.307 $ 1,368.434.47
Total ($) $ 1,368.434.47

Table 5.3.4 summarizes the revenue associated with the permeate product, which is sold
as deionized water, a precursor for potable drinking water. The market price used in these
calculations was derived from Turton et al. (2018).

Table 5.4.3
Revenue from Products for Reverse Osmosis Water Treatment Process

Stream Product Unit Price, $ kg’ Production Rate, kg hr' Revenue, $ yr'
512 DI Water 0.00053 157,503 $ 658,129.44
Total, $ $ 658,129.44

Table 5.4.4 summarizes electricity costs for the reverse osmosis block. Electricity costs
are associated with the large centrifugal pump used to pressurize the dirty wash water going into
the RO units from 0.6 bar to 82 bar.

Table 5.4.4
Cost of Electricity for Reverse Osmosis Water Treatment Process

Equipment ID Name Power, MW Electricity Price, $ Mt Cost, $ yfl
P-501 Water Pressurizer 1.08500 0.008 $ 256,624.20
Total, $ $ 256,624.20
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5.5. MISCELLANEOUS
Land

The price of land was estimated by taking 2% of the total equipment capital cost, yielding
a one-time payment of $2.61 million (Anderson, personal communication, 2023).
Labor

Labor costs were taken from an OPEX cost template provided by industrial partners of
Team TELEPORT. This document details the salaries and positions that the implementation of
the lithium extraction plant would introduce. Each plant employee is expected to work 2,080
hours per year, resulting in a total yearly cost of labor of $5,310,240.
Depreciation

As equipment ages, it begins to lose its value as it undergoes wear and tear from use.
Depreciation charges are a form of tax allowance that accounts for this loss of value in fixed
capital investments including process equipment (Towler & Sinnott, 2013). Depreciation rates
can be calculated in a number of ways, including straight-line and declining-balance methods. A
double declining-balance depreciation calculation was used here to help account for higher cash
flows in the startup and early operation of the lithium extraction plant. Double declining balance

can be modeled using the following equation:
— _ m-1 (E5.3.1)
b = cC1-F d) F,

Where D; is the depreciation charge in year m, C is the depreciable value after 20 years,
and F, represents the fixed annual depreciation charge. In the case of double declining-balance,
F, will be equal to 2/n, or 0.1 based on a plant lifespan of 20 years. It was assumed that all
process equipment will be worth nothing and scrapped at the end of the 20 year cycle, yielding a

C value of $130,709,962.
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Working Capital

Working capital is “the amount of capital required to start up the plant and finance the
first few months of operation before revenues from the process starts” (Turton, 2018). For this
plant, it was estimated to be 20% of the total equipment capital costs, which is $26.1 million.
Taxes

As of 2023, the federal corporate tax rate on profits is 21%. The California state
corporate tax rate for 2023 is 8.84%. This results in a total tax rate of 29.84% on the plant’s
annual profits. Despite revenue of the plant being constant, the yearly amount of owed taxes
increases over time due to the varying levels of depreciation during the lifetime of the plant.
5.6. SUMMARY

Table 5.6.1 summarizes the total fixed costs, operating costs, and revenue for each
process block, as well as miscellaneous sections. If the cost of the calcium citrate feed is
included, our total operating costs exceed our revenue, meaning that the plant will never become
profitable. If this cost is excluded, the operating cost of the lithium intercalation block is reduced
to $70.6 million per year, which reduces the total plant operating cost to $82,694,962. This

operating cost value is used in the following section for the cash flow analysis.
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Table 5.6.1

Economic Summary of Geothermal Lithium Extraction Plant

Section

Fixed Costs. $

Operating Costs, $ yr'

1
Revenue, § yr

Silicate Treatment &
Power Cycle

Lithium Ion Intercalation

Electrodialysis

Crystallization

Reverse Osmosis Water
Treatment

(475.530.00)

(84.679.914.00)

(11.228.648.51)

(1.000.812.78)

(33.325,056.77)

$ (1.674.194.15)

$ (615.857.041.16)

381.459.46

473.714,082.00

658,129.44

Land

Labor

Working Capital

(2,614,199.24)

(26.141,992.41)

$ (3.138,633.46)
$ (347.235.23)
$ (1.625,058.67)
$ .

$ (5,310,240.00)

Total

(159.466,153.71)

$ (627.952,402.68)

474.753.670.89
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5.7. ECONOMIC ANALYSIS

To decide whether the plant is economically viable without the use of citrate, the IRR

must be calculated. First, discrete cash flows, summarized in Table 5.7.1, were calculated for

each year of the 20 year operating life of the plant.

Table 5.7.1
20-year Discrete Cash Flow of Geothermal Lithium Extraction Plant

Year Expenses Depreciation Revenue Profit Taxes Cash Flow

0 $ (159.466,153.71) $ -8 - S (159.466,153.71) $ (159.466,153.71)
1 $  (82,694,962.68) §  (13,070,996.21) § 474,753,670.89 § 378,987,712.01 § (113,089.933.26) § 278,968,774.95
2 $  (82,694.962.68) $ (10,587.506.93) $ 474,753.670.89 $ 381,471.201.29 § (113,831,006.46) $ 278.227,701.75
3 $  (82.694.962.68) $  (7.718292.55) § 474,753,670.89 $ 384340415.66 $ (114,687,180.03) $ 277.371,528.18
4 $  (82.694,962.68) § (5,063.971.74) § 474,753,670.89 § 386,994.736.47 § (115.479,229.36) § 276,579.478.85
5 $  (82,694.962.68) §  (2.990.224.67) $ 474,753.670.89 $ 389,068.483.54 § (116,098,035.49) $ 275.960,672.73
6 $  (82.694.962.68) $  (1,589,127.99) $ 474,753,670.89 $ 390.469.580.22 $ (116,516,122.74) $  275,542,585.48
7 $  (82.694,962.68) § (760,074.99) § 474,753,670.89 $ 391,298,633.22 § (116,763,512.15) § 275.295,196.06
8 $  (82,694,962.68) $ (327.187.36) $ 474,753.670.89 § 391,731,520.85 $ (116.892,685.82) $ 275,166,022.39
9 $  (82,694.962.68) $ (126.759.09) $ 474.753.670.89 § 391931.949.13 § (116952.493.62) $ 275,106,214.60
10 $  (82.,694,962.68) § (44.198.16) § 474,753,670.89 $§ 392,014,510.05 $ (116.,977.129.80) § 275,081,578.41
11 $  (82,694,962.68) $ (13.869.85) $ 474,753.670.89 $ 392,044.838.36 $ (116,986,179.77) $ 275.072,528.45
12 $  (82,694.962.68) $ (3.917.26) $ 474.753.670.89 § 39205479096 $ (116.989.149.62) § 275,069.558.59
13 §  (82,694,962.68) $ (995.71) $ 474.753,670.89 § 392,057.712.50 $ (116,990,021.41) $§ 275,068,686.80
14 $  (82,694,962.68) $ (227.79) $  474,753.670.89 $ 392,058,480.43 $ (116,990,250.56) $ 275,068.457.66
15 $  (82.694.962.68) $ (46.90) $ 474.753.670.89 $ 392,058.661.32 § (116.990,304.54) $ 275.068.403.68
16 §  (82,694,962.68) $ (8.69) $ 474,753.670.89 § 392,058,699.52 § (116,990,315.94) § 275,068,392.28
17 $  (82,694,962.68) $ (1.45) $ 474,753.670.89 $ 392,058,706.77 $ (116.990,318.10) $ 275,068,390.12
18 $  (82.694,962.68) $ (022) $ 474,753.670.89 § 392,058,708.00 S (116,990,318.47) $ 275.068,389.75
19 §  (82,694,962.68) $ (0.03) $ 474,753.670.89 § 392,058,708.19 § (116,990,318.52) § 275,068,389.69
20 $  (82,694.962.68) $ (0.00) $ 474753.670.89 § 392,058.708.21 $ (116990.318.53) $ 275.068,389.68

Figure 5.7.1 shows a plot of the discrete cash flows from Table 5.7.1.
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Figure 5.7.1: 20-year Discrete Cash Flow Diagram
Figure 5.7.2 shows a plot of the cumulative cash flows, which sums the discrete cash
flows for the current and all previous years. The plot shows that the plant is expected to break

even after 1 operating year.
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Figure 5.7.2: 20-year Cumulative Cash Flow Diagram
Finally, using the theory of net present value (NPV) of money, the IRR can be calculated

with:

CF (E5.7.1)

NPV = .
1-n

Where r is the IRR, n is the number of years, and CF is the corresponding discrete cash flow at
year n. In order to calculate the IRR, the NPV of all the discrete cash flows over the 20-year
period must sum to $0. Using Microsoft Excel’s Goal Seek function, the IRR was calculated to
be 175%, which is considered a good investment. However, it is important to recognize that this

analysis excludes the cost of the calcium citrate feed, which in this design would result in the
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operating costs exceeding the operating revenue from the plant. Therefore, in order for this
process to be economically viable, it is important that research is done to either 1) lower the
amount of calcium citrate needed to facilitate the lithium intercalation process, 2) recover the
calcium citrate so that it can be recycled, or 3) find other materials with a lower cost that could

substitute calcium citrate.
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6. ENVIRONMENTAL, SAFETY, AND SOCIAL CONSIDERATIONS
6.0 ENVIRONMENTAL

As the United States modernizes the electric grid, battery storage in the form of
lithium-ion batteries is crucial to making the innovation sustainable. In order to store renewable
energy at sites where wind and solar energy production is high and prepare it for redistribution, it
is necessary to continue accelerating battery storage technology (Polsky & Layke, 2022).
According to the International Energy Agency (IEA), lithium-ion batteries are the preferred
choice for grid-scale storage, and the price of these batteries will be largely influenced by the
cost of lithium production (IEA, 2022). Additionally, for the application of lithium-ion batteries
in the transportation sector through electric vehicles, there are additional environmental benefits.
Electric vehicles, powered by lithium-ion batteries, have zero direct emissions from their
tailpipes and overall have lower carbon emissions in their lifetimes compared to conventionally
powered vehicles (U.S. Department of Energy, Energy Efficiency & Renewable Energy, n.d.).
All of these factors outline the environmental motivation for the novel lithium extraction process
described above.

The environmental impact of the geothermal power plant and the lithium extraction
process is a concern despite the relatively clean process of producing geothermal energy.
Throughout the process, steps with higher levels of environmental concern are scrutinized below
to ensure as minimal negative impact as possible.

Water usage is a high priority of the system since the geothermal power plant will be
situated in the desert in the Salton Sea region of California. The reverse osmosis system included
in the process will help purify water to a level that can be sold as well as recycled back to the

system for use in other process steps, potentially in the electrodialysis block and the wash water
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for the lithium intercalation reactors. Condensed water coming from the power generation step
could also be used for the wash water needed for the reactors or sold off directly as long as the
levels of HCI are appropriate. Since the design is conscious of water usage, it is not expected for
the plant to consume extreme amounts of water from the surrounding area. Typically, the water
usage in geothermal plants does have a negative impact on farmers and other local communities,
but with careful monitoring and design choices, much of this environmental consequence can be
mitigated.

Depleted sodium rich brine will be reinjected into the geothermal well after it moves
through the lithium intercalation reactors. Analysis of aquifers have shown that a minimum of
50% of spent brine is required to be reinjected in order to maintain plant viability and prevent
land subsidence in the area (Sanyal & Enedy, 2011). Since only 30% of the brine will be
vaporized in the power generation process, around 70% of the brine will be reinjected into the

well, preventing any negative environmental impacts from the health of the well.

6.1 SAFETY CONCERNS

Although the geothermal power plants this process is designed to work with are already
established, there are several hazards associated with geothermal energy. One of the most
prominent risks comes with the installation of pipes and pumps used to bring the brine up to the
surface. During installation and drilling, unsupported structures and soil are prone to collapse,
which can cause damage to equipment and fatalities (OSHA, n.d.). Another common hazard is
associated with the hot geothermal brine and production of high pressure steam. Accidental
releases can result in severe burns and even fatalities to unprotected workers.

There are a multitude of chemical hazards specific to this process design. HCI used in

silica pretreatment is highly corrosive and can cause severe chemical burns to an exposed person.
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Additionally, HCl can corrode metal pipes and pump seals, which can result in loss of
containment. LiOH is highly caustic and also causes severe chemical burns to exposed persons.
Additionally, the production of dry LiOH*H,O can pose a dust hazard if the particles are small
enough. Dusts are hazardous as they can cause lung irritation if inhaled. Side products produced
in the electrodialysis reactor are also hazardous, including H,, which is flammable and
potentially explosive. FePO, and calcium citrate are mild irritants and can pose a significant
threat after long-term exposure.

Beyond chemical hazards, there are also block specific hazards, particularly in the
electrodialysis block. Electrical current being passed through the electrodialysis cells present an
electrocution hazard to workers. Short circuits can lead to electrical fires and potentially
explosions. Flash vessels used in the steam generation can become overpressurized and rupture.
Finally, the crystallization reaction that occurs in the crystallization block is extremely
exothermic and, if uncontrolled, can lead to hot spot generation and potentially loss of

containment due to overpressurization.

6.2 SOCIAL IMPACT

The addition of a lithium extraction unit to a geothermal plant has the potential to
generate economic benefits such as job creation and stimulation of related business and support
services. It is estimated that the plant would create approximately 63 jobs. These jobs created by
the lithium extraction plant are not limited to direct personnel working at the field but also
involve service related jobs necessary for site management. The addition of a lithium recovery
process within the scope of a geothermal power plant has potential to increase the attractiveness
of renewable energy as well. With the ongoing transition towards cleaner energy sources and

increasing demand for electric vehicles, this project can contribute to the competitiveness of the
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renewable energy industry as a whole. This can in turn help to promote a low-carbon economy

and reduce dependence on fossil fuels.

93



7. CONCLUSIONS AND RECOMMENDATIONS
7.0 CONCLUSIONS

After assessing the economic, environmental, and social impacts of a retrofitted lithium
extraction plant in the Salton Sea, California, we believe that the technology developed by team
TELEPORT has great promise, but there are currently too many uncertainties to recommend
immediate construction of the facility. Though initial analysis suggests that the plant could be
profitable, we do not believe that construction should begin until further research is performed
on citrate. Future go/no go decisions will hinge upon the development of new methods to replace
or reduce citrate needs to cut down plant material costs. Potential payoffs are high enough to
warrant further research and development of this process.

When calcium citrate is not accounted for in the economic analysis, an IRR of 175% was
found, suggesting that building this plant is a good investment. Projected profits from lithium
hydroxide monohydrate, potable water, and fuel cell electricity are estimated to be $474 million,
$658,000, and $318,000 respectively. Each of these processes contribute to the plant’s profits
with 99.8% stemming from the extraction of lithium from brine. With increasing demand for
energy-dense materials, our plant would help fill in gaps in lithium supply. We recommend that
further research be conducted so that we can better assess the feasibility of implementing a
lithium extraction process in the Salton Sea.

7.1 RESEARCH RECOMMENDATIONS

Further research is required to validate assumptions and provide a more accurate
prediction of how the plant will operate. Firstly, alternatives to calcium citrate must be explored
to reduce costs. The addition of this non-recoverable oxidizing agent in bulk would prove

unprofitable, and a cheaper alternative must be found. Accounting for the use of a different
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oxidizing agent or recovery of calcium citrate between cycles would provide a better economic
analysis of the plant and could impact the go/no go decision. Further research is also required to
determine the influence of temperature and pH on the intercalation step; currently, data is only
provided at 25°C. Cooling the brine to this temperature would be both costly and energy
intensive, and higher temperatures of sorption are desirable. Selectivity of the intercalation
material also must be studied to provide better estimates for lithium production. Current studies
only provide selectivity information based on a brine composed of 50% Na" and 50% Li". This is
not an acceptable substitute for the brine composition, where Na" concentration greatly
outweighs the Li" concentration. It is imperative that these factors be further investigated so that
more realistic models can be produced to estimate Na" to Li" ratios in the intercalation step.
Electrodialysis kinetics and mass transfer should be studied in greater detail to provide better
predictions of how the process may work; membranes must be analyzed over different
concentration and temperature ranges to gauge CEM performance. Further research
recommendations are summarized in the bullet points below:

e Find alternatives to or recycle/reduce citrate

e Study pH and temperature ranges for the lithium intercalation step

e Provide more data regarding mass transfer and kinetics for the lithium intercalation step

e Study selectivity of Li/Na based on more realistic brine concentrations

e Further research electrodialysis kinetics and mass transfer

e Study concentration and temperature data for the electrodialysis step
7.2 PROJECT RECOMMENDATIONS

There are a number of processes that could potentially improve the economics of the

system. Though LiOH<H,O is currently in higher demand than lithium carbonate, Li,CO;, the
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addition of a process unit to convert LiOH into the alternative product may be profitable as
battery technologies change over time. It may also prove to be worthwhile to collect other
products from the brine, such as rubidium or cesium, to sell as coproducts. These materials might
be removed through extraction techniques using 4-tert-butyl-2-(a-methylbenzyl)phenol
(t-BAMBP) as a solvent, which can be readily synthesized with t-butyl phenol (tBP) and styrene
(Zhang et al., 2014). Though these species are present in minute amounts, their high market
prices could make up for relatively small yields. Other products present in high amounts with
lower values could also be extracted, including zinc, manganese, or potassium. To reduce FeCl;
costs and produce an additional product, it may be advantageous to add another electrodialysis
block to process waste brine leaving the secondary reactor as the primary reactor is unloaded.
This electrolysis block would create NaOH rather than LiOH and regenerate the FeCl, for reuse
in the system, which could reduce makeup iron costs. The NaOH solution could then be
processed further or sent back down the geothermal well depending on economic viability.
Another alternative is to integrate more recycle streams into the process; for example, a small
recycle stream from brine leaving the primary reactor can be cycled back upstream. Considering
the significant cooling requirements for the RO inlet, distillation could be studied as an
alternative to separate ions from water, ultimately allowing for the comparison of their

economics.
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Figure A.0: Solubility Curves for Brine Components, generated by Aspen
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Figure A.1: Plot from Carta (2021) used to find Heat Exchanger Correction Factor
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Figure A.2: Breakthrough Curves of Li* in Primary Intercalation Reactor
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Figure A.7: Sample Graphite Cost Correlation for Electrodialysis Materials Cost Estimation

Table A.0
Species and Streams used in the calculation of Molar Concentration for Reverse Osmosis

Component Mass Flowrate, kg hr Molar Mass, g mol™ Molar Flow Rate, mol hr
HCL 22.00 36.46 603.40
H:0" 22475 19 11828.79

Li* 8.74 7 1248.97
Na* 2,258.56 23 98198.35
K- 680.00 39 1743583
Ca** 64.18 40.1 1600.58
Mn2* 1,356.53 54.94 24691.03
Fe** 79.10 55.85 1416.32
Cl- 6.446.71 3545 181853.59
S10: 14.09 60.08 234 45
Cas(CesHsOr)2 1,363.46 4985 273513
Total, mol hr’ 341846.45

Volumetric Flowrate, L hr'’ 315637

Concentration, mol L™ 1.08

106



Table A.1
Pricing Sources of Materials

Material

Unit Price. $ kg'l

Source

Calcium Citrate
Iron (TIT) Chloride

Iron (IIT) Phosphate

Lihtrum Hydroxide
Monohydrate

Deionized Water
Cooling Water
Low Pressure Steam

Dry Air

1.3

0.45

4.00

61.5

0.00053

0.000152

0.0613

0.0476

Made-in-China
Made-in-China

Alibaba

London Metal
Exchange

Turton et al.
Ulrich et al.
Ulrich et al.

Ulrich et al.
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APPENDIX B - SAMPLE CALCULATIONS
B.0 EQUIPMENT SIZING/OPERATING CONDITIONS CALCULATIONS

Hydraulic Power Used by a Pump

m = 964,694 kg hr’! Total mass flowrate of stream 201

p=1210 kg m? Density of stream 201

AP = 1.4 bar Pressure differential across pump P-201

n=0.8 Pump efficiency

m —1 96469450 g g, 10° Pa -1, 1kW  _

P = TAP]] = 1210 L% ( 3.600 s )(1 4 baT')(W)(O. 8) ( 1000 W ) = 38.76 kW
Contact Area between Hot and Cold Streams in a Heat Exchanger

0,=17,660,488 W Total heat duty

T n=Tgpenin=72.95 °C Hot inlet temperature

T =Thpen= 10 °C Cold inlet temperature

T 1= Tsetron= 25 °C Hot outlet temperature

T i e=Tpeon= 25 °C Cold outlet temperature

U,=2750 W m? K Overall heat transfer coefficient

h,= 4000 W m? K" Tube side fouling coefficient

hy,= 4000 W m? K! Shell side fouling coefficient

r,=0.025 m Outer radius of pipe

L=7.32m Pipe Length

_ 1 17 1 -1 _ 1 1 025m 1 -1
Uo,d N (UU + h, T + hdg) - (2750 w 4000 Y .025m ' 4000 Y )
4 4 . m-K .

m m
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= 562.5Wm?K!

(Tin_Tout)_(Taut_Tin) 0 0 0. 40
AT =—t e’ n el (7295°C=25"0)~(25°C=10°C) _ 59 35K

tm T | 7295°C=25'C)
(25°c-10°C)

S — Ttuhe,out_Ttube,in _ 2506_1006 — 0.238

Tshell,in_Ttube,in 72-9506_1006

R _ Tshell,in_Tshell,out _ 72-9506_2506

= = 3.2
Ttube,out_Ttube,in 2506_1006
F(S,R)— 0.92
- Q _ 17660488 W _ 5
Ao T U AT, FSR) T (5625 mvsz Y2835 K)(092) 1203.6 m
Holding Tank/Silo Sizing
V=26,744,385 L Maximum volume of collected wash water
Vi = 2 m* Total tank volume
_ _ 1m’ _ 3
Vtank =15V =1 5(6' 744, 385 L)( 1000L) = 10,117 m
Flash Vessel/Crystallizer Sizing
t=0.125 hr Hold up time
m= 1,252,580 kg hr’! Mass flow rate of stream 103
p=912 kg m? Density of stream 103
p;=961 kg m™ Density of stream 105
p,=182kgm? Density of stream 104
m,= 1,102,071 kg hr"! Mass flow rate of stream 105
m,= 142,847 kg hr'! Mass flow rate of stream 104
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m

V=2 ><T”=342m3

_osf2v 3242w’y
Dtank = = ™ =4.17m

F = = =

m, [Py (1,102,071kghr ) [ (82kgm ) _ 1.0635
v ul P, (142,847 kg hr ) (961 kgm ) .

K =c¢e€

~1877 — 0.814InF, — 0.187(InF )" — 0.0145(InF, )’ 0.00102(InF )"

=.1454m/s

p—p —3_ -3 _
L= Ka [ = (. 1454)\/(%“‘9’” 82kom ) — 3 761 mhr |
Py (182kgm )

m 142,847 kg hr_ " 2
A = UM ( = ghr ) = = 2.08m
pyXH (182kgm )(3,761mhr )
2
44 4(2.08
D = [ = A28 = 1.63m

Diffusion Parameters used in the Modeling of the Lithium Intercalation Reactors

1y =0.01 ms’

d; =0.002 m
p;=1,080 kg m™
1y =0.0019 Pa s

Re =7

D, =7m?s’!

dyore = 500 Nm
T'=353K

My, =6.941 g mol’

D, =1.03*10° m* s

Superficial velocity of brine moving through primary reactor
Radius of iron (IIT) phosphate particles

Density of brine moving through primary reactor

Dynamic viscosity of brine moving through primary reactor
Reynold’s number of brine moving through primary reactor
Axial dispersion coefficient

Pore diameter of iron (IIT) phosphate particles

Reactor operating temperature

Molar mass of Li"

Knudsen diffusivity of Li"
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Do =1.03%10°m? s Diffusivity of Li" in water

Dyprep =2 m*s™ Pore diffusivity of Li
$=0.5 Porosity of iron (IIT) phosphate particles
t=4 Tortuosity of iron (III) phosphate particles

Effective diffusivity of Li" in iron (IIT) phosphate particles

m. kg -
uOdspf (0.01 S )(0.002 m) (1,080 —

Re = = (0.0019 Pa 5) —=12.77

D =ud(0.11Re”" + 0.2) " = (0.012)(0.002m)(0.11(12.77)"" + 0.2)"

= 3.49 * 10" m’g!

_ " -8 T .05 _ " 3531< 0.5
D, =485*10 (d )(7—)" =485 10°(500 num) (22— )

mol

= 1.73 %10 *m?s!

1 1 -1 1 1 -1 -9
= + = — + - =1.03*10 m?s’!
pore. L (Dk,L D201 ) (3.49*10‘5’% 1.73*10‘4l)
_® 05 * 9& * g1
eff.L Tt DporeL 4 (1 03 10 ) = 1.29 10

Redox Equilibrium Parameters used in the Modeling of the Lithium Intercalation Reactors

E°.,= 0410V Standard reduction potential of Fe*"PO, to LiFe*'PO,
o = 00244V Standard reduction potential of Fe*" to Fe*" in the presence of
o ' citrate ions
E.,= 7V Standard cell potential
[Fe’'] _
[Fe'h] Molar ratio of Fe** to Fe*" ions in solution
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R =8.314 J mol' K" Ideal gas constant

T'=353K Reactor operating temperature

n=1 Molar ratio of electrons transferred in redox reaction

F=96,485 C mol Faraday’s constant

E. =7V Nernst cell potential

AG =?J mol! Gibbs free energy change of the redox reaction

K1 =? Equilibrium constant for Li" capture in iron (III) phosphate

S§=10.0082 Capture selectivity of Na' relative to Li"

Kyn=7 Equilibrium constant for Na* capture in iron (IIT) phosphate
" u=E  —E =0410V — 0.244V = 0.166V

_po_ RT,[F] 3 (8.314-1-)(353 k) 1

et = E oy T F ln(_[pe“]) = 0.166V 56485 In(55) = 0.306 V

— — _¢ __ 1
AG = nFEce” =— (1)(96, 485 mol)(O. 306V) =— 29,502 J mol

P a6 —(-29,502—1) — 23 210
eqr = P ) = exP((8_314mle)(353 K)) -
K =-—-g =-22%_23210) = 192

eq N 1-S “eq,L  1-0.0082

Lithium Intercalation Outlet Temperature Prediction (Primary Capture)

m;, = 964,696 kg hr'! Inlet mass flow rate of brine to primary reactor

#i;, = 1,100,000 kmol day”'  Inlet mole flow rate of brine to primary reactor per cycle
M= 175.5 kg hr! Captured lithium in the primary reactor

Fim = 601.7 kmol day™ Captured lithium in primary reactor per cycle in moles
Hiygeqy = 1011 kg hr! Captured sodium in the primary reactor

112



Fineim = 1055 kmol day™
Mow = 963,510 kg hr!

Fiow = 1,098,343 kmol day™

C, prine = 60.72 kJ kmol ' K!
8 — -1

AfH LiFepo, =-1616 kJ mol
0 _ 1

AfH Feo, =-1279 kJ mol

0 _ 1
AfH it -279 kJ mol

0

_ -1
AfH NaFepo, =-1572 kJ mol

AH® . =240 kJ mol”
f Na

Captured sodium in primary reactor per cycle in moles

Outlet mass flow rate of brine from primary reactor (to well)

Outlet mole flow rate of brine from primary reactor per cycle

Heat capacity of brine estimated within Aspen v11 (constant)

Heat of formation of the capture of lithium

Heat of formation of intercalation material

Heat of formation of aqueous lithium ion

Heat of formation of the capture of sodium

Heat of formation of aqueous sodium ion

AH' = Y v AH - Y vaH

" prod Lo rxt A

O = -1616 — (- 279 — 1279) = — 58kJ mol’

r Li,cap
AH = — 1572 — (- 240 — 1279) = — 53 kJ mol"

r Na,cap

Qin - Qout

. . 6 . ]
in p,brine(Tin - Tref) o nouth,brine(Tout - Tref) t nLi,caLpARH Li,cap T nNa,capARH Na,cap

1,100,000 * 60.72 * (80 — 25) + 602 * 1000 (58) + 1055 * 1000 * (53)

T

= 81.5 °C

out

= 1,098,343 * 60.72 * (Tout — 25)
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Lithium Intercalation Reactor Sizing

V= 022m’s! Total volumetric flowrate of brine to primary reactor
uy =0.0l ms Superficial velocity of brine moving through primary reactor
d =4in=0.1016 m Tube diameter
Mobes = 7 Number of tubes for primary reactor
L=12m Length of primary reactor
e =0.6 Void fraction of primary reactor bed
d, =0.002 m Radius of iron (III) phosphate particles
Re =12.77 Reynold’s number of brine moving through primary reactor
AP = ? bar Pressure differential across primary reactor
Ve=2m’ Total volume of primary reactor
p, = 3,056 kg m™ Density of iron (IIT) phosphate
m, = ? tonnes Total mass of iron (III) phosphate in primary reactor
4. 4(0.2275)
Meubes nuotdzz - n(0.01"™) (0.1016 m)° = 2715

s 1.75
3(1_S)dt) ( 1 2d

3(1-e)d,

AP = L(-5+ > —)(1 +

_ 2(0.002 m) 1.75 1-0.6 1bar

= (12 )( 6 )(1 + 3(1—-0.6) (0. 1016m)) ( 73(1-20(.250(%.21736@ + 1507 12.77 ETX T RiGv 10° Pa )

= (0.0015 bar

VR no.. ( d ) = (2,715)(12 m)(— (0.01 —) (0.1016 m) ) = 264.17 m’

_ _ kg 3., 1tonne
m =p (1 - gV, = (3056 5 m )(—1000k ) = 322.9 tonnes
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Electrodialysis Unit Sizing

7ir = 24,063 mol hr’!
n=>2

F =96,485 C mol’
I=7A

i =1,700 A mol?

A =7m?

A. =6m’
n.=?

C, =?m"
Ay =24 cm?
Ay = 4 cm
Aindustry =?7m
a,=?m’
V,=7?m’

Total molar flowrate of lithium in stream 214

Molar ratio of electrons transferred in electrolysis reaction
Faraday’s constant

Total current required for electrolysis reaction

Current density

Total electrode area

Total area of a single electrode in a cell

Number of cells

Cell pitch

Total area of an electrode

Center to center distance between electrodes of same charge in
a lab scale cell

Center to center distance between electrodes of same charge in
a industrial scale cell

Electrode area per unit volume of cell

Total volume of electrodialysis unit

. _ mol 1 hr C _ 6
niF = (2)(24,063-5—)(5z0=) (96,485—=) = 1.29 * 10" A
w16
L _ 12 1OAA — 761 m?
i 1,700-4
_ AT _ 761m’ _
=A T e T 127 cells
A A 2 2
% = - 2 - 24cm2 = U 2 _)Aindustry:2m
lab Aindustry (4 cm) industry
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industry

a,=2(05m")=1m"

1hr

3,600 s — 761 m3

1,700Cs 'm *1m
2(96,485 Cmol )

24,063 mol hr " x

Rotary Drum Filtration Unit Sizing

m,=02715kg s’
V.=4.41*%10"* m?® s
mp=02718 kg s"!

p=1,149.24 kg m*
¢ =?kgm?

Mypia = 0.2713 kg s™!
a, =6 mkg"
1=0.2882*%10"°Pas

AP =101,325 Pa

s=0.2
f=0.3725
n=025s"
A=7?

m

c=(%*)(1—(

F m
m, D

Mass flowrate of LiOH*H,O in stream 409
Volumetric flowrate of stream 409

Total mass flowrate of stream 414

Density of stream 410

Mass of LiOH*H,O deposited on filter cloth per unit volume of
filtrate

Mass flowrate of LiIOH*H,O in stream 414
Specific cake resistance

Viscosity of water at 100°C

Pressure difference across filter cloth
Compressibility coefficient

Submerged fraction of filter drum
Rotational frequency of filter drum

Area of filter cloth required to achieve desired recovery of solid

-1

)
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kg kg
=——/)Q - (%~ D —————) = 616.53 kgm™
441¥10 " 0.2715 "~ (441710 7)(1,149.24%
m
au (1.95%10"° %)(0.2822*10_3 Pas) 05

A=m

)" = (0.2713 L4

solid( 2cAP" " fn 2(616.53“9)(101,325 Pa) **(0.3725)(0.25)
m

= 0.591 m* = 6.356 ft* — 9.4 ft* (nearest filter size)

Dryer Unit Sizing

Oy =22.74 kW Heat duty of dryer
H,=151.02 kJ kg Enthalpy of air at 150°C
my, = 0.2715 kg s™! Mass flowrate of air required
Quy  2274kW_,3600s\ _ )
M= = eiog () = 542.07 kg hr!

kg

Lithium Intercalation Wash Water Outlet Temperature Prediction

mg;= 639,369 kg Mass of brine in primary reactors

my,= 196,614 kg Mass of brine in secondary reactors

my = 6,724,152 kg Mass of wash water in secondary reactors

Cp=4,184 T kg' °C"! Heat capacity of water

T, = 80°C Initial temperature of streams in primary reactors and wash
water

Ty, =50°C Initial temperature of streams in secondary reactors

T-=7 Final temperature of wash stream exiting reactors

leCp(TF - TRl) + mRzCP(TF — TRZ) + mWCp(TF — TRl) =0
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(639,369 kg) (4, 184 — )(T — 80°C) + (196,614 kg)(4,184 75-)(T, - 50°C)

°C) = 0

Using Microsoft Excel Goal Seek — 7 = 79.2°C

Reverse Osmosis Unit Sizing

r=0.5 Total permeate recovery rate for RO system

i=2 Van’t Hoft index

C=1.08 mol L"! Molar concentration of solute in stream 505

R =8.314 J mol' K Ideal gas constant

T=298K Operating temperature of RO units

I1="7 bar Maximum operating pressure of RO units

Or =3,787,640 L day Total volumetric flowrate of permeate (stream 512)

0, =23,000 L day' Single element exiting volumetric flowrate

=0.08 Single element recovery rate

N; =7 Total number of RO elements

P, =17 Number of RO elements per pressure vessel

N, =? Total number of pressure vessels
= (1+r)iCRT = (1 + 0.5)(2)(L.08 22)(8.31 1°°°3L L000L ¢ 110“5 )
= 80.5 bar
N G _ 37076405, = 179 elements

- a-rye T (1-0.08)(23,000) L o
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B.1 ECONOMIC ANALYSIS CALCULATIONS

Cooling Water Pricing using CEPCI and Fuel Cost Correlation

m = 1,508,655 kg hr! Total mass flowrate of cooling water used in the entire process
p =995.65 kg m” Density of water at 30°C
V=9 m ¢! Total volumetric flowrate of cooling water used in the entire
' process
4=9 Utility cost coefficient for cooling water as describe by Ulrich
’ et al. (20006)
_ Utility cost coefficient for cooling water as describe by Ulrich
b=10.003
et al. (2006)
CEPCI =800 Chemical Engineering Plant Cost Index for 2022
S; =16.05$ GJ" Specific price of natural gas in Southern California (EIA, 2023)
Cy =7 Specific price of cooling water on a volume basis
c, =7 Specific price of cooling water on a mass basis
_m 150865540 qp. s
V= = me . Geny) = 0421 ms

a = 0.00007 + (2.5%10 )V ' =0.00007 + (2.5 * 10 )(0.4212) = 0.000129

€, = a(CEPCI) + b(S) = (0.000129)(800) + (0.003)(6. 05;‘;;]) = 0.1516 $ m™

Low Pressure Steam Pricing using CEPCI and Fuel Cost Correlation

m = 38,706 kg hr’! Total mass flowrate of LP steam used in the entire process

P =5 bar Minimum steam pressure for steam price correlation
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Utility cost coefficient for steam as describe by Ulrich et al.

=9
a= (2006)
b=9 Utility cost coefficient for steam as describe by Ulrich et al.
(2006)
CEPCI =800 Chemical Engineering Plant Cost Index for 2022
Sy =16.05$ GJ'! Specific price of natural gas in Southern California (EIA, 2023)
c, =? Specific price of steam on a mass basis

a = (23*10)m ™ = (23*107)(38,706 £) = 2.71*10°°

b = 0.0034 * P**° = 0.0034 * (5 bar)*”® = 0.00368

¢, = a(CEPCI) + b(S) = (2.71 * 10°°)(800) + (0.00368)(16.05) = 0.0613 $ kg’

Dry Air Pricing using CEPCI and Fuel Cost Correlation

m=542.1 kg hr'! Total mass flowrate of dry air used in the entire process

M =0.02896 kg mol Molar mass of air

P,=101,325 Pa Pressure at standard conditions

T'=298K Temperature at standard conditions

R =8.314 J mol'K"! Ideal gas constant

V=7?Nm’s"' Total volumetric flowrate of dry air used in the entire process
P =2 bar Minimum air pressure for dry air price correlation

Utility cost coefficient for dry air as describe by Ulrich et al.

(2006)
_ Utility cost coefficient for dry air as describe by Ulrich et al.
b=7?
(2006)
CEPCI =800 Chemical Engineering Plant Cost Index for 2022
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S; =16.05$ GJ' Specific price of natural gas in Southern California (EIA, 2023)

Cy, =? Specific price of dry air on a normal volume basis
C, =? Specific price of dry air on a mass basis
542.1 %9 (8314 —2-)(298 k)
RT r 1 h mo -
V=GP = o) (e s) . = 0.127 Nm’s’
. 0.02896 -2 3600 s (101325 Pa)
; —03

a = (45%*10 YV ZIn(P) = (4.5 * 10 )(0.127 X2) In(2bar) = 5.79 * 10"’

b=(9*10 Din(P) = (9 * 10 )in(5 bar) = 0.000623
€, = a(CEPCI) + b(S)) = (5.79 * 10 ")(800) + (0.000623)(16.05-

= 0.0563 $ Nm”

N m3

7
s — -1
) = 0.0476 5 ke

_ e s
€, = C,or = (0.0563—=)(

Rotary Drum Filtration Unit Cost Estimation using Sizing Correlations

— 73.000 Pricing coefficient for rotary drum filter from Towler and
a==r Sinnott (2013)
b= 93.000 Pricing coefficient for rotary drum filter from Towler and
’ Sinnott (2013)
n= 03 Pricing exponent for rotary drum filter from Towler and
' Sinnott (2013)
S =0.867 mol* Filter area

C =a+ bS"= (- 73,000) + (93,000)(0.876)"" = $16,366.19
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Cost of Feedstocks

m = 11,200 kg hr'! Combined mass flowrate of streams 205 and 209
S, =0.45$ kg Specific price of iron (III) chloride

t=7,884 hr yr' Operating hours per year

C=?2$yr! Yearly cost of feed

¢ =mst = (11,200 49 (0.45 %)(7, 884-1) = 39,735,360.00 $ yr'

Cost of Utilities
m=1,393,871 kg hr' Mass flowrate of stream 111
Sy =0.000152 $ kg Specific price of cooling water
t=7,884 hr yr Operating hours per year
C=?8yr' Yearly cost of utility stream

C=mSt = (1,393,871 +2)(0.000152 T’;)(Z 884%) = 1,674,194.00 $ yr'

Cost of Electricity
P=0.0388 MW Power consumed by pump P-201
Sy =0.00833 § MJ! Specific price of electricity
t=7,884 hr yr' Operating hours per year
C=?2%yr' Yearly cost of electricity

— _ MJ $ /3600 s hry .
€ =PSt = (0.0388 =1)(0.00833 ) (F7;)(7,884-7) = 9,167.52 $yr'
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Revenue from Products

m =977 kg hr! Mass flowrate of stream 414

S, =61.5$ kg Specific price of lithium hydroxide monohydrate
t=7,884 hr yr' Operating hours per year

R=?2$yr' Yearly revenue of product

R=mSt = (977 £2)(61.5 %)(7, 884-0) = 473,714,082.00 $ yr'

Revenue from Electricity

P=1.6128 MW Power produced by pump FC-301
Sp =0.00833 § MJ! Specific price of electricity
t=7,884 hr yr Operating hours per year
R=?8yr! Yearly revenue of electricity

3600 s
1 hr

R=PSt = (1.6128 21(0.00833 Mi])( )(7,884-5) = 381,459.46 $ yr'
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APPENDIX C - SUPPLEMENTARY FILES

File Name Type Deseription
heatexchanger design.xlsx MS Excel Heat exchanger sizing
RO Concentration.xlsx MS Excel RO mlet concentration
. Electrodialysis cost
Electrodialysis Cost.xlsx MS Excel A
correlations
: General i lyis
Econ Analysis.xlsx MS Excel =hel a&e;::;logzjvana T
CAPCOST xls MS Excel Equipment pricing

pump_power.m

LNreactorVI1l.m

LNreactorVI2.m

filter.m

Capstone Brine Simulation.bkp

Silicate & Power Cycle.nkp

Leryst.bkp

MATLAB Script

MATLAB Script

MATLAB Script

MATLAB Secript

ASPEN Sunnulation

ASPEN Sunnulation

ASPEN Suomulation

Pump sizing
Primary lithium reactor
modeling

Secondary lithium reactor
modeling

Rotary drum filter sizing

Electrolyte brine simualtion
Flash vaporization
simulation

LiOH crystallization
simulation
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INTRODUCTION

Fifty miles off the coast of Louisiana lies the Mississippi Canyon, a fiercely contested
region where offshore oil rigs competed in the search of “black gold” during the mid-2000s.
Among the oil hunters were British Petroleum (BP) and Transocean, who shared several oil rigs
including Deepwater Horizon, a craft distinguished for its pioneering behavior and veteran crew.
On April 20, 2010, Deepwater Horizon exploded, killing eleven crew members. In addition to
the loss of human life, the sinking of Deepwater Horizon is recognized by the EPA to have
caused the greatest marine oil spill in US history with an estimated 4 million barrels of oil
released (NOAA, 2021).

The tragedy of Deepwater Horizon serves as a reminder to engineering students of the
importance of process safety, specifically regarding the necessity of inherently safer design.
While most discussion is bogged down by the technical details and poor safety culture of the
tragedy, analysis shies away from examining the morality of the actions, particularly from the
lens of care ethics, performed by BP and Transocean leading up to the incident. This may be the
case because many process safety courses teach Risk Based Process Safety (RBPS)
methodology, which touches on but does not sufficiently explore concepts of care ethics. In
failing to judge the morality of actions performed by BP and Transocean executives, students fail
to understand the magnitude and influences of these elements that can lead to cases such as
Deepwater Horizon.

I believe that examining the Deepwater Horizon tragedy through the lens of care ethics
will provide a foundation to judge the morality of BP and Transocean’s actions. In care ethics,
emphasis is placed upon the interconnectivity of people, exploring the practices of empathy in

relationships. Using incident reports and interviews provided by BP, the Chemical Safety Board,



and news outlets, I will demonstrate that BP and Transocean’s executives were unsatisfactory in
regard to their moral judgement; specifically, I will show management lacked understanding of
care through responsibility, competence, and responsiveness in practice. Moreover, it will
become evident that BP and Transocean did not consider aspects of care and power, specifically

through the existence of asymmetrical relationships between managers and crew on the rig.

BACKGROUND

Deepwater Horizon was operated by BP and Transocean. Transocean supplied the crew
responsible for running the craft whereas BP owned the underwater oil well. A total of 126
workers operated the oil rig. On April 20%, 2010, BP ordered Transocean to perform a drilling
test that yielded results that were difficult to interpret. Thinking there was an error in the system,
BP ordered workers to continue testing, inadvertently causing a hydrocarbon “kick” that spewed
highly flammable materials onto the oil rig (Barstow et al., 2010). These hydrocarbons
eventually found an ignition source, resulting in an explosion that killed 11 workers. This
overflow of hydrocarbons onto the rig should have been stopped by the drill’s blowout preventer,
a piece of equipment attached to a pipe leading to well; the device would seal and eventually cut

off the pipe connected to the rig to prevent backflow of oil.

Fig. 1. (A) Deepwater Horizon Rig (B) Blowout Preventer



LITERATURE REVIEW

Many scholars have written about the events leading to the tragedy of Deepwater
Horizon, focusing on the technical failures caused by poor maintenance of the craft and lack of
safety culture. These styles of analyses take the approach of the RBPS Methodology; while it
may be useful to view cases in this regard, it only briefly glosses over the responsibilities of
managers and fails to consider morality in actions.

In An essential stupidity-based review of the Deepwater Horizon disaster, Young and
Sheppard evaluate the Deepwater Horizon tragedy from a framework proclaiming that the rig’s
management was “stupid” through their inaptitude. The authors discuss the design choices BP
and Transocean managers made when establishing the drilling site, arguing that cheaper piping
designs were utilized to save time and money. With less-than-optimal sealants and piping
fixtures connected to the well, this allowed for the backflow of hydrocarbons to accumulate in
the system and go past the blow out preventer. While the authors argue BP & Transocean
executives were “stupid” in their design choices, they do not offer insight into the morality of
their actions (Sheppard & Young, 2023).

Solomon builds upon the previous ideas that Deepwater Horizon faced numerous
technical challenges from poor design choices in Developing a Robust Safety Culture, arguing
that poor safety culture at the organizational level and lack of training programs were the
rationale behind the technical downfalls; the author points at “work-around solutions” and
normalization of deviance from standard operating procedures as the main causes of the
catastrophe. While the presence of BP and Transocean executives is acknowledged, Solomon
fails to place emphasis on judging the morality of the actions of BP and Transocean executives in

his analysis (Solomon, 2015).



While it is important to address the technical details and poor safety culture that led to the
disaster, there is great value in understanding how the tragedy may have been prevented if BP
and Transocean managers had followed steps required to provide adequate care to its employees.
This paper will address the downfalls of the Deepwater Horizon tragedy using a care ethics

framework to develop judgement of the actions of the rig’s parent organizations’ executives.

CONCEPTUAL FRAMEWORK

My analysis of the tragedy of Deepwater Horizon draws on care ethics, which allows for
the moral judgement of BP and Transocean managements’ actions. Rather than focusing on the
ethics of the action or its respective consequences, virtue ethics judges the character of the moral
actor; developed by Carol Gilligan and Nel Noddings in the 1980s, care ethics serves as an
extension of virtue ethics, focusing on how “we maintain, continue, and repair our world so we
can live in it as well as possible” (Tronto, 1988).

Care can be administered from multiple perspectives. First, one can view care as a social
responsibility where one owes a duty to people in their lives. Secondly, care can be considered as
an action that investigates how one maintains, continues, and repairs their environment. Lastly,

care can be exhibited as an attitude. In practice, care can be exhibited in the following manners:

Table 1.
Criterion for Care in Practice
Attentiveness Being aware of the needs of others
Responsibility Taking responsibility for the needs of others
Competence Providing good and successful care
Responsiveness Receiving care well




It is imperative that one follows these four criteria to exhibit good care. Lack of any one
of these criteria would suggest an inadequacy in care. In addition to these guidelines, it is
important to note that relationships may be asymmetrical depending on the power dynamics
between parties. As such, care ethics emphasizes the importance of protecting the party in less
power and ensures appropriate measures of care are given. For this paper, I will discuss actions
made by BP and Transocean management leading up the Deepwater Horizon tragedy, dividing
analyses into the four criteria; moreover, I will investigate to how care can extend into

asymmetrical power dynamics and how this perpetuated into the tragedy of Deepwater Horizon.

ANALYSIS

British Petroleum and Transocean are deficient in responsibility, competence, and
responsiveness, though they do exhibit attentiveness. Through the analysis of the events leading
up to the disaster of Deepwater Horizon, these care deficiencies become evident. Lacking any
one of these aspects of care would suggest insufficient managerial and executive presence at both
parent companies. As such, decisions made by an inadequate team would lead to poor moral
judgement reflected in actions. The following paragraphs discuss the aspects of care necessary in
practice.
Attentiveness

Through Deepwater Horizon’s time searching for oil, the rig had undergone significant
wear and tear that BP and Transocean were aware of. Deepwater Horizon was widely recognized
as a veteran oil rig with an experienced crew. After ten years at sea, the rig’s equipment was
faulty and unreliable, necessitating the need to update outdated and damaged equipment. In a

September 2009 audit performed by BP to evaluate Transocean’s craft, it discovered that:



[There were] significant overdue planned maintenance routines in excess of thirty days;
these totaled 390 routines which corresponded to 3545-man hours. Many of the jobs were

high priority designation. (BP, 2010)

With the tragedy occurring in April of 2010, BP was aware of the current conditions of
Deepwater Horizon. Considering the magnitude of the numbers, this must indicate that
management allowed the poor conditions of the craft to compound over time. While some issues
were addressed at sea, the craft still posed a danger to those inhabiting it. In a United States

Coast Guard Report explaining the events after the initial audit, BP discovered:

When the same auditors conducted an update status report on March 29, 2010, they found
numerous items still awaiting resolution approximately six months after the initial
findings. Most were originally given advised completion dates of no more than two

months. (United States Coast Guard, 2011)

With 22 days before the tragedy took place, BP still acknowledged the issues present on
its oil rig; despite BP recommending fixing the ship in a timely manner, deadlines were once
again not met. Nonetheless, the rig continued operating up until the 20 of April. Over a period
of several months of auditing, it is evident that managers at BP and Transocean were attentive to

the care the craft needed.
Responsibility

Despite the audit performed in 2009, BP and Transocean failed to take responsibility for
the upkeep of the rig. It was BP’s responsibility to ensure that the craft was well-equipped for
deep sea mining operations. A well-equipped oil rig would have strong regulation, regular

inspections and maintenance, redundant and functional safety systems, funding, a strong safety



culture, and sufficient staffing. Deepwater Horizon was known by many in the oil industry to be
the “industry model of safety,” eventually leading to management to become lax in their policies;
however, this would cause Deepwater Horizon to be inadequately prepared to take on the
challenges of finding oil. This relaxation of safe practices led BP to reduce inspection quality
and frequency, indicating that BP did not take responsibility for the Deepwater rig’s safety. An

Associated Press interview found the following:

25 percent of monthly inspections were not performed ... According to the documents,
inspectors spent two hours or less each time they visited the massive rig. (Associated

Press, 2010)

Note that BP made the conscious effort to lessen the amount and length of inspections
required; the report emphasizes the size of the rig yet the short amount of time for a group to
inspect it, hinting that the quality of inspections may have decreased. This suggests that BP and
Transocean elected to lessen their responsibilities related to Deepwater Horizon. While this was
true for general inspections, this was also the case for specific pieces of equipment such as the

blow out preventer that is linked to the technical downfall of Deepwater Horizon.

Upon review of certification documentation, it was noted that the date of last
manufacturer’s certification was 13 December 2000... This is beyond the 5 yearly
inspection, overhaul, and re-certification requirement. Rather than follow the ...
recommended procedure (API RP) 53, which called for inspection and certification every
three to five years, Transocean had decided to use what it called a condition-based
maintenance program, which did not require inspections on any particular schedule. (U.S.

Chemical Safety and Hazard Investigation Board, 2016b)



Consider the fact how BP and Transocean decided to modify the inspection procedure for
the blow out preventer; it is important to note that the protocol had been modified to a
“condition-based”” maintenance program that lacked a set schedule. While some may interpret
this as a modification in procedure that was done to improve on old methodologies, I argue that
this cannot be the case; a report summarizes the blow out preventer’s manufacturers response to

the modifications to their maintenance guidelines:

Although Transocean claimed that its program was better than API RP 53 ... a true
comparison between the two programs is not possible. Notably, there is no evidence that
Transocean consulted with Cameron before deciding to deviate from Cameron’s
established maintenance program. (U.S. Chemical Safety and Hazard Investigation

Board, 2016b)

Therefore, this would suggest that BP and Transocean were cutting corners to make
maintenance convenient for them, reducing their responsibility to uphold a safe culture and work
environment for those on board the craft. Considering the rig’s reputation for safety, it can also
be reasoned that BP and Transocean were lulled into a false sense of safety security. Based on
relaxation of strict inspections on the aging oil rig, it can be concluded that executives of BP and
Transocean exhibited a lack of responsibility in their duty to perform care for the inhabitants of

Deepwater Horizon.

Competence

While BP and Transocean had protocols in place to train operators on their oil rigs in case
of emergencies, these policies were inadequate in the case of Deepwater Horizon. External
federal studies suggest that procedures around closing the oil well and abandoning the blow out

preventer were poorly documented. The Chemical Safety Board discovered that:



BP’s development of the Macondo Temporary Abandonment (TA) plan occurred without
a formal process, creating conditions for a TA design that lacked assessment of decisions,
including review of internal policies and standards to provide quality control... On April
16, 2010, BP sent a final written Forward Plan to the Transocean well operations crew for
the TA plan without mention of the negative pressure test. (U.S. Chemical Safety and

Hazard Investigation Board, 2016a)

The CSB reveals that BP’s risk management division was inadequate in preparing
documentation; this was worsened by the fact that it did not include any mention of the negative
pressure test, which is related to the blow out preventer’s failure. With a document created
“without a formal process,” this suggests that BP did not take time or care to organize the plan
appropriately. This disorganized attempt to create an emergency plan did not adequately prepare
rig employees, which likely contributed to the severity of the incident. It can be reasoned that
BP’s scattered and unstructured attempt to create a TA plan was indicative of a poor process
safety culture in the company as a whole. The inability of BP management to write effective
procedures for emergency response indicates that competent care was not provided to oil rig

operators.

Writing procedure is different than the execution of procedure. BP and Transocean were
also lacking in regard to the actual training programs implemented on board the ship. In a
different CSB report, the safety board concludes the following about the training programs set in

place:

Traditional training typically consists of teaching crews to manage conditions based on
plans. As such, post-incident investigations often focus on the need to improve those

skills ... and steps are taken to revise procedures and manuals so that individuals will be
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prepared for those specific unanticipated conditions. (U.S. Chemical Safety and Hazard

Investigation Board, 2016b)

Note how the CSB observed that current training programs teach crew members based on
plans; however, the events at Deepwater Horizon were unique, leading to operators on the rig to
be unable to discern which plan to follow; new plans for BP and Transocean were expected to
account for the unanticipated conditions, through the promotion of unique and innovative
solutions, in which traditional procedures cannot be easily followed. Though BP and Transocean
did provide some level of training to oil rig operators, they failed to account for emergency
preparedness as part of their curriculum. In the end, these trainings did not help employees
prevent or lessen the impacts of the oil spill. This major oversight in training suggests that BP
and Transocean were not providing competent care to its employees through both protocol
writing and training.

Responsiveness

Though BP and Transocean did take some measures to provide care towards operators
aboard Deepwater Horizon, the crew did not respond appropriately to the care they received. A
CNN article provides statistics from an anonymous survey from a BP/Transocean study that had

taken place nearly a month before the explosion:

Only 46.3 percent of participants felt that, if their actions led to a potentially risky
situation (e.g., forgetting to do something, damaging equipment, dropping an object from

height), they could report it without any fear of reprisal. (Chernoff, 2010)

The report points out that nearly half of those on the ship were afraid to report their

actions, promoting a poor safety culture aboard the craft. It is additionally interesting to note
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when this survey was taken; recall from the previous discussion that a BP audit showed that the
craft was experiencing severe maintenance deficiencies in September 2009. Even after a few
repairs that took place over the six-month period, the operators still felt that the care they
received was inadequate. They feared that giving additional reports that the ship was in poor
condition could jeopardize their career. In this relationship between employer and employee, it is
clear that oil rig operators feared retribution from the more powerful parties, including BP and
Transocean. This asymmetrical power dynamic and fear of retaliation from the more powerful
party suggests that the workers were wary of accepting the care and guidance of BP and
Transocean; however, this alarming culture aboard the craft hints at tensions between the

employers and employees.

On the day of the explosion, the Deepwater Horizon crew was hesitant to follow through
with guidance provided by BP on how to interpret a testing result and perform the next necessary
procedure; reports eventually show that it was BP’s guidance that ultimately caused the rig to
flood with hydrocarbons. In a Reuters article interviewing a Deepwater Horizon drill operator,

the witness explains:

There was a slight argument that took place and a difference of opinions... The company
man (BP Manager) [said]: Well, this is how it's going to be... And [the] rig workers

reluctantly agreed. (Baltimore, 2010)

The interview with the witness shows that there was a struggle between the managers
providing care and the operators who were receiving it. This quote particularly illustrates the
asymmetrical power dynamics between managers and operators on the drill rig; particularly,
there is no room for strong objectivity, causing managers to be less apt to listen to the concerns

of those working on the rig. This eventually caused workers to reluctantly agree to the manager’s
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orders. Though the workers received their care through training from BP, it was BP officials who
ultimately rejected the training provided by their own company. The anecdote highlights an
additional case of poor dynamics between those receiving care and those with the perception of
giving it. With conflicts aboard Deepwater Horizon between employers and employees, it can be

reasoned that there was inadequate responsiveness.

CONCLUSION

Moral judgements were made regarding the actions of BP and Transocean leading to the
tragedy of Deepwater Horizon. Using the lens of care ethics, it is shown both companies lacked
certain aspects of care within their upper management; while both BP and Transocean were able
to express attentiveness to their workers, they failed to meet responsibility, competency, and
responsiveness criteria required to perform good care. It was concluded that executives and
managers at these corporations acted immorally by providing inadequate care to their Deepwater

Horizon employees.

While most process safety courses emphasize inherently safer design in equipment and a
strong safety culture, considering the roles and influences of managers and executives has its
values. Process and personal safety start with strong leadership in a corporation and changes in
policy trickle down using a top-down approach. Through the judgement of the moral actions of
managers and executives, large chemical producers can run more efficiently, effectively, and
most importantly, safely. Moreover, employees will be able to understand the expectations they

can hold of their management.

Word Count: 3316
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Introduction

The race towards a carbon neutral world goes on, with federal and state governments
writing legislation to crack down on fossil fuel dependence — especially through the automobile
industry. Change can be expected as early as 2035 with the Governor of California, Gavin
Newsom, signing a 2020 executive order banning petroleum-based vehicle sales in his state
within 15 years (State of California, 2020). While weaning off non-sustainable energy sources,
the demand for high-energy density materials, such as lithium, is on the rise to power our next
generation of transport: electric vehicles.

Up to 90% of the United States’ lithium is imported from countries such as Argentina and
Chile, where environmentally detrimental and water intensive processes are utilized to extract
lithium from rocks in the ground (Office of Energy Efficiency & Renewable Energy, 2022a). To
reduce foreign dependence, the United States has made the effort to source lithium domestically,
emphasizing environmentally conscious practices. Eyes have turned towards the Salton Sea
located in California, an underground body of water known for its high concentrations in salts
and minerals — with lithium being one of them in abundance. The area can produce 600,000 tons
of lithium per year, towering over the global yearly production of 400,000 tons (Office of Energy
Efficiency & Renewable Energy, 2022b). With high saturation of many other salts at high
temperature and pressure, the Salton Sea is an especially challenging area to work with using
current lithium extraction process designs. I will propose the design of a lithium extraction
process operable within the harsh conditions of the Salton Sea — a process that will ultimately
keep the United States on track to becoming carbon neutral and effectively allowing for

widespread electric vehicle production.



This project’s technical aspect is only a facet to the challenge; social factors also
influence the fate of the implementation of lithium extraction processes located within the Salton
Sea. For example, the residents of the area as well as public perception of the geographical
region play critical and decision-making roles (Scheyder, 2022). A lack of understanding of these
social factors may hinder the implementation of domestic lithium extraction processes —
derailing the United States from its goal of carbon neutrality, domestic sourcing of high-energy
density materials, and reduced dependence on non-sustainable fuel sources.

To help the United States reach its carbon neutrality goals and develop lithium extraction
infrastructure, the technical and social aspects of the challenge must be addressed
simultaneously. Using chemical process modeling and simulation, I will address the problem by
proposing the design of a novel large-scale and environmentally conscious lithium extraction
process able to produce 2,500 tons of lithium hydroxide a year in the Salton Sea. I will also use
actor-network theory to analyze how human and non-human forces caused an energy subsidiary
of Berkshire Hathaway to fail upon scaling up from a pilot plant within the Salton Sea region.

Technical Project Proposal

With technological advancements in electric vehicles and batteries, global demand for
high-energy density materials, such as lithium, has increased significantly. It is estimated that
rising demand will push production of lithium from 447 thousand tons of lithium carbonate
equivalent in 2018 to over 2 million tons by 2050 (Stringfellow & Dobson, 2021).

Currently, the United States relies on lithium imported from Chile and Argentina, where
an energy intensive and environmentally damaging process known as evaporative extraction is
utilized (Warren, 2021). Geothermal brines from the Salton Sea in California contain a

significant amount of lithium along with trace quantities of other valuable elements, such as


https://www.zotero.org/google-docs/?mR5pgy
https://www.zotero.org/google-docs/?aYh5Jb

rubidium and cesium. Directly adsorbing lithium from Salton Sea brines offers an attractive,
environmentally conscious alternative to meet increasing lithium demands. With eleven
geothermal wells drawing from the Salton Sea in California, lithium extraction holds the
potential to produce $5 billion annually (Jones et al., 2022).

For this project, we propose a plant design to extract lithium and other valuable metals
from an existing 6,000 gal/min well located in the Salton Sea (Ventura et al., 2020). A single
well has the potential to produce 2,500 tons of lithium per year. The plant can be separated into
three distinct sections: pre-treatment, lithium extraction, and alternative products capture.
Pretreatment of the feed involves the removal of silicates from brine by introducing calcium
hydroxide to precipitate iron silicates, which are then physically filtered from the solution
(Koenig, personal communication, 2022). Once silicates are removed, the stream is passed

through a boiler, where the hot brine is used to produce high pressure vapor for geothermal

power plants.
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After passing through the power plant, cooled brine is processed using a series of packed
bed reactors containing iron (III) phosphate, which selectively adsorbs lithium through a
reduction-oxidation (redox) reaction (Geise, personal communication, 2022). The spent brine is
then sent away for further product extraction. After reaching sorption capacity, iron (III) chloride
is then fed to the reactor, which reacts with the lithium iron (IT) phosphate to regenerate iron (II1)
phosphate and lithium chloride. The packed bed reactors are operated such that half are in
adsorption mode and half are in regeneration mode to ensure the process is continuous.

Lithium rich brine is then sent to an electrolysis unit, which selectively isolates lithium
ions from chloride and iron ions via a redox reaction. Chloride ions from brine (Cl') are oxidized
at the anode to form chlorine gas (Cl,), while water is reduced at the cathode to form hydroxide
ions (OH)). Lithium ions pass from the anode to the cathode to form lithium hydroxide
monohydrate (LiOH-H,O), which is sent to a crystallization unit for further purification. Oxygen
(O,) and hydrogen (H,) gas are produced as side products as well as iron (III) chloride, which can

be reused in the reactor.
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Figure 2. Processed Flow Diagram of Lithium Extraction Process



Additional product capture involves the extraction of alkali metals from spent brines.
While only present in small concentrations, rubidium (32 ppm) and cesium (6 ppm) have high
market values (Warren, 2021). Rubidium and cesium can be selectively separated from other
minerals via an ion exchange process using zeolite-based sorbents (Neupane & Wendt, 2017). A
similar operation structure to the lithium extraction process could be implemented to extract
rubidium and cesium products.

For proprietary adsorption and electrolysis unit operations, experimental design data will
be sourced from professors Gaurav Giri, Gary Koenig, and Geoff Geise. Additional information
regarding other components of the process, such as other alkali metals capture, will be acquired
through peer reviewed journals. Data will be consolidated into a thermodynamic model using
Aspen Plus design software with the Electrolyte-Nonrandom Two-Liquid equations activity
model (ELECNRTL) which has shown to be successful in simulating high temperature and
pressure brines in previous literature (Foley et al., 2019). Over the course of two semesters in
CHE 4474 and CHE 4476, this project will be completed as a team of five members. Work will
be divided equally where each member will focus on a specific unit operation’s design and
economic analysis; a project management tool, such as a Gantt chart, will be used to assess group
progress.

STS Project Proposal

In January 2021, a $14.9 million dollar grant was awarded to Berkshire Hathaway to
design and implement a process in the Salton Sea to produce lithium hydroxide — a critical
material to produce high energy density batteries (The White House, 2022). The project was
separated into two major sections. First, Berkshire had planned to use their proprietary Direct

Lithium Capture (DLC) technology in the collection of lithium from Salton Sea brines. Second,



after capturing the lithium, a series of crystallizers would be utilized to create the final product,
lithium hydroxide, for electric vehicle batteries. The company faced serious issues within the
implementation of the first phase of the project, encountering equipment failure from conditions
presented by the Salton Sea: corrosive and superheated brine. Within the second phase of the
project, Berkshire experienced challenges within the design of a process to create the lithium
hydroxide, noticing the complexities and increased costs brought from the crystallizers
(Scheyder, 2022). In March of 2022, Berkshire Hathaway contacted the U.S. Department of
Energy (DOE) asking to change conditions of the grant — requesting to utilize a different form of
lithium extraction and to process it into a different final product, lithium carbonate. Weeks later,
the Department of Energy rescinded their multi-million dollar grant from Berkshire for inability
to stay within grant specifications (Scheyder, 2022).

While Berkshire’s failure is often attributed to poor design of their DLC technology and
inability to achieve greater financial backing, this neglects the influences brought on by
conceptual and social actors such as public environmental perception of the geographical region
(Clarke, 2015). For example, the region is often perceived by many as an area that should be
protected after the California state government watched it decline for 15 years without any
action. Our analysis only scratches the surface if we only consider challenges brought on by
technical actors; it is thus imperative that we consider the multi-faceted nature of this problem,
with both human and non-human actors. With this understanding, we can grasp why certain
lithium capture technologies are either adopted or dismissed.

I argue that poor design and lack of financial backing in addition to the influences
brought from the Salton Sea residents, public environmental perception of the geographical

region, and pressure brought on by the Biden Administration led to the failure of Berkshire



Hathaway’s DLC technology in the Salton Sea. Years of false promises and exploitation from
corporations, public perception of preserving the regions’ environment, and the sense of rash
urgency brought on by President Biden’s administration serve as social and conceptual actors
which have stalled the creation of lithium infrastructure within the Salton Sea region.
Actor-Network theory provides a framework that identifies a network builder who recruits both
human and non-human actors to accomplish a goal (Callon, 1987). Through translation, actors
are assembled to serve the interests of the network with the end goal being network stabilization.
With the application of Actor Network Theory, I will describe the dissolution of Berkshire
Hathaway’s DLC technology network to understand how human and non-human actors must be
considered when proposing and implementing a lithium extraction project within the Salton Sea
region. I will utilize evidence from Department of Energy reports and grants, press releases and
public reports from Berkshire Hathaway, and released emails between the two entities to guide
my research.
Conclusion

The technical deliverable will discuss the design, modeling, and simulation of a 2,500 ton
per year lithium extraction process able to be carried out domestically and environmentally
consciously in the Salton Sea, California. The STS research portion will delve into understanding
why a subsidiary of Berkshire Hathaway failed to have their project upscaled from the pilot plant
phase within the Salton Sea. Actor network theory will be used to indicate human and
non-human actors and the roles they play in whether a lithium extraction process is implemented
within the region. Both these findings will provide guidance from a technical and social lens for

the adoption of domestic lithium extraction infrastructure; with an enriched understanding of the



problem’s multifaceted nature, practical solutions in regard to increased domestic production of

lithium to promote carbon neutrality are possible.
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