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2. Summary

The purpose of this project was to design a continuous manufacturing process to produce
adalimumab. Adalimumab is a monoclonal antibody (mAb) therapeutic that targets and blocks
Tumor Necrosis Factor Alpha (TNF-a), a protein which leads to inflammation in the body.
Patients with autoimmune diseases produce too much TNF-a and may take adalimumab to treat
the inflammation (Lee et al., 2019). Currently in the U.S., adalimumab is solely produced by
AbbVie under the brand name of Humira®. It is consistently the top grossing drug with $20.4
billion in 2020 sales (Mikulic, 2021). However, its patent is expiring in 2023, so other companies
can begin producing Humira biosimilars such as the one being described in this report (Vaidya,
2021).

The manufacturing process described in this report makes use of continuous and
single-use technologies. Continuous processing is advantageous because it increases plant
capacity and lowers operating costs as storage needs are decreased and titers can be increased.
Additionally, it requires less labor, reducing the chance for human error. (Yang et al., 2019).
Likewise, implementing single-use technologies reduces labor requirements by decreasing the
need for cleaning and sterilization of stainless steel equipment. Furthermore, avoiding the clean
and sterilize-in-place procedures saves time and money. Single-use technologies also reduce the
risk of cross contamination, which is vital in the biopharmaceutical industry (AIChE, 2019).
While there are environmental concerns with the non-reusable plastic required for single-use
processes, it requires less water and caustic chemicals that would be used for cleaning and
sterilization (Flanagan et al., 2011).

The proposed process will produce 60 kg of adalimumab per year in six campaigns, each

lasting 30 days. This will provide enough doses for approximately 58,000 patients, assuming that



all patients are taking a standard dose of Humira every two weeks. The designed process will
only run for 7 months of a year, allowing the space to be used for other products throughout the
other part of the year. The final product will be sold for 30% less than AbbVie’s Humira with an

estimated revenue of $3.3 billion per year.



3. Introduction

3.1 Background and Motivation

Despite being used by less than 2% of Americans, biologics account for approximately
40% of pharmaceutical expenditures in the United States (Sarpatwari et al., 2019, p. 92). One
reason for the expensive nature of these drugs is the current patent system. Currently, when a
company discovers a new drug, they are able to patent their discovery for up to 20 years (Raj et
al., 2015). This prevents any other company from producing or selling a drug that serves the
same function as the original discovery. This lack of competition allows for the original company
to sell their drug at an expensive, uncontested price, which is justified by the company as the cost
of developing a novel medicine. Because of this system, a select few companies are able to
dominate the pharmaceutical industry. However, once these patents expire, other companies can
introduce biosimilar drugs that serve as an approximation to the structure of the reference
compound while demonstrating no clinically significant differences in quality, safety, and
efficacy (Jacobs et al., 2016). Biosimilars have a great potential to lower the cost of these
expensive therapeutics by introducing competition. For example, in the European Union,
biosimilars have been found to cost 30% less than the brand name drug (Blackstone & Fuhr,
2013). In fact, this time period of patents expiring and biosimilars being developed is known as
the “patent cliff” and often results in a drastic drop in revenue for the original company (Raj et
al., 2015).

Due to mAb therapeutics being relatively new to the industry, many are still under patent
with only 11 therapeutics having been approved biosimilar by the U.S. Food and Drug
Administration (FDA) (Biosimilar, 2021). However, there are over 100 approved mAb

therapeutics, meaning that many biosimilars will soon be entering the market. Adalimumab is of



particular interest as it is extremely expensive for patients. For example, it is consistently the top
grossing drug despite only being the 152™ most prescribed (The top 300 drugs, 2021; Rowland,
2020). Proper treatment requires patients to receive a dose every two weeks and could cost up to
$72,000 per year, making it unaffordable for many patients (Coghlan et al., 2021, p.1576;
Mikulic, 2021).

Adalimumab was first approved by the FDA in 2002 to treat rheumatoid arthritis and has
since been approved to treat other diseases such as juvenile idiopathic arthritis, psoriatic arthritis,
ankylosing spondylitis, Crohn’s disease, ulcerative colitis, plaque psoriasis, hidradenitis
suppurativa, and uveitis (Humira, 2002). AbbVie’s patent will expire in 2023, allowing for
biosimilars to enter the market (Vaidya, 2021). Currently, there are 6 adalimumab biosimilars
approved with 3 more under review (Market, 2021). Therefore, this project aims to design a
process to produce an adalimumab biosimilar in order to compete with AbbVie and these other
companies to help make the medicine more affordable and accessible for patients. The proposed
process will be continuous and implement single-use technologies whenever possible in order to
reduce human labor needs and lower operating costs.

3.2 Pharmacology

TNF-a is a naturally occurring cytokine that is an essential component of inflammatory
and immune responses. In patients with such autoimmune or inflammatory diseases as
rheumatoid arthritis, TNF-a plays a role in signaling the immune system to attack healthy cells,
leading to painful inflammation in the joints of the body. Adalimumab is a fully human IgG1
monoclonal antibody that binds specifically to and inhibits the function of TNF-a. This binding

prevents the interaction between TNF-a and the p55 and p75 cell surface receptors, thereby



blocking its cytokinetic effects and reducing the inflammatory response (Magnenat et al., 2016).
Figure 3.2.1 provides a visual representation of the mechanism of action for adalimumab.
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Figure 3.2.1. Mechanism of Action for Adalimumab (Adalimumab Overview, 2022)

The companies that have received FDA approval for adalimumab biosimilars have done
so by demonstrating the physicochemical and pharmacological similarities between their product
and the reference product (Hyland et al., 2016; Magnenat et al., 2016; Schreiber et al., 2020). By
establishing these similarities, the biosimilar product is ensured to have the same effect as the
reference product. A few important characteristics in these studies are the molecular weight,
approximately 150 kDa, and the isoelectric point, in the range of 8.0-9.3 (Schreiber et al., 2020).
3.3 Treatment and Dosage

The designed product will be a 40 mg dose of adalimumab, the standard Humira dosage
that an adult patient would take every other week. The drug will be administered to the patient
through subcutaneous injection by a prefilled syringe or pen (Humira, 2002). The active and
inactive ingredients for a standard 40 mg dose of adalimumab are shown in Table 3.1 (HUMIRA
(adalimumab), 2002). The final product will be in a lyophilized (freeze-dried) state, and

pharmacists and hospitals will be responsible for reconstituting the standard 40 mg dose with 0.8



mL of water for injection (WFI). A reasonable target purity for mAbs is 99% (Mendiratta et al,
2014). The adalimumab solution is preservative free, should be refrigerated between 2 °C and 8

°C, and should be shielded from light (Humira, 2002).

Table 3.3.1
Adalimumab Formulation

Ingredients Mass (mg)
Adalimumab 40
Sodium Chloride 4.93
Monobasic Sodium Phosphate Dihydrate 0.69
Dibasic Sodium Phosphate Dihydrate 1.22
Sodium Citrate 0.24
Citric Acid Monohydrate 1.04
Mannitol 9.6
Polysorbate 80 0.8

Sodium Hydroxide Added to adjust pH to 5.2

3.4 Plant Capacity

In 2019, 553,816 people were estimated to be using Humira in the United States
(Adalimumab, 2021). However, with less costly biosimilars, it is predicted that more people will
begin buying and taking adalimumab. Historically, there has only been a 2-4% increase in
demand for medicine with the addition of biosimilars (IQVIA Institute, 2020). With a growing
trust in biosimilars, our team is predicting the addition of Humira biosimilars will increase
demand by 4%. Therefore, a projected 576,000 people will be taking Humira or a biosimilar.

There is wide variation in how much of the market a biosimilar will take up. In Europe,
where biosimilars have become well-established, they make up about 46% of the market for

monoclonal antibodies (Chen et al., 2021). Additionally, in the United States, oncology



biosimilars within one year of release have been able to take up almost half of the market.
Therefore, we believe that it is a reasonable estimate for all adalimumab biosimilars to take up
around 40% of the market once they are launched.

Currently, there are nine companies which have reached settlements with AbbVie to
make adalimumab biosimilars in the United States once the Humira patent expires (Joachin,
2020). In Europe, the top 3 adalimumab products control 94% of the market, including AbbVie
(Chen et al., 2021). There were only 5 adalimumab biosimilars released in Europe, meaning
approximately 40% of the biosimilars hold a significant market share (Adalimumab biosimilars,
2020). We will use a similar success ratio and assume four of the nine American biosimilars take
up a significant portion of this market. Our product will then aim to take up 10% of the total
576,000 people taking adalimumab. Additionally, with the assumption that most patients are
taking a dosage of 40 mg every other week, the mass that we want to generate every year can be
calculated to be 60 kg. Assuming 6 campaigns lasting 30 days can occur per year, this process
will produce 10 kg per campaign. Therefore, this process will only be run for 7 months of the
year. While this is a starting point for our process, it is likely that as more biosimilars become
available, more patients will begin taking adalimumab and we will sell more doses. By only
running for 7 months, our plant has the capacity to produce more adalimumab in the future by

adding more campaign



4. Discussion

4.1 Upstream Process

Figure 4.1.1 summarizes the upstream processing of adalimumab. The proposed process

implements single-use technologies and is operated at 33 °C. The final product will be a solution

of adalimumab, cell debris, and leftover substrate that will be purified in the downstream process

detailed in section 4.2. This process produces 12.8 kg of adalimumab per campaign.
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Figure 4.1.1. Overall Upstream Process Flow Diagram

4.1.1 Cell Line Acquisition and Media Selection
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Chinese Hamster Ovary (CHO) cells are the industry standard for the production of

biotherapeutics due to their ability to fold, modify, and excrete proteins. With particular genetic

modifications, they can be selectively tailored to produce protein and antibodies that can

subsequently be used to treat a wide variety of diseases. Six companies have developed unique

parent cell lines through genetic modifications to produce antibodies that show physiological and

pharmacological biosimilarity to AbbVie’s adalimumab (Hyland et al., 2016). Since these

biosimilars have received the required regulatory approval from the FDA, our design will be

functional for a master cell bank from any one of these biosimilars. The cell bank will be

distributed and stored in 4.5 mL vials, each at a concentration of 50x10° cells/mL. These high

density vials allow for a significant reduction in scale-up time and labor than traditional lower
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density vials while still meeting GMP requirements (Cytiva, 2020f). The cells will be stored at
-86 degrees Celsius in a VIP ECO Model MDF-DU702VH-PA Freezer (PHCBI, 2021). Before
cells can be grown in the inoculum train, they must be thawed. This will be done with the
Thermo Fisher Precision GP 02 water bath, which has 2L of water and has a temperature range
of room temperature to 100 degrees C (Thermo Fisher Scientific, 2022).
4.1.2 Inoculum Train

In order to prepare the initial cell bank for operation in a perfusion bioreactor, the system
must be scaled to the required working volume. To model this process, Type I fermentation and
Monod kinetics were assumed. In Type I fermentation, it is assumed that the protein production
rate is directly related to and dependent on cell growth (Prpich, 2021c). The Monod equation
(Equation 4.1.1) shows the relationship between the specific growth rate, y, of a microorganism
and the concentration of substrate present, S. U, is the maximum value of the specific growth
rate reached in the exponential phase, and K is the monod saturation constant which describes
the concentration at which the specific growth rate has reached half of its maximum value, or

one half of u,,,.

i

="k s
Equation 4.1.1. The Monod Equation for Cell Specific Growth Rate

The kinetic values used were determined in a study involving recombinant CHO cells
producing infliximab (Lopez-Meza, 2016). Infliximab, like adalimumab, is an IgG monoclonal
antibody. Since it is only 1 kDa less in molecular weight than adalimumab, the kinetic
parameters found in this study can be used for this process and are shown in Table 4.1.1. These
parameters were found using glucose as a substrate, and therefore glucose was used as the

primary substrate in subsequent calculations.
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Table 4.1.1
Kinetic Constants Used for Fermentation Calculations

M max I(s YX/S YP/ S

0.04 h'! 0.664 g/L 1.436 g/g 0.25 glg

To begin the inoculum train, one high density cell vial will be thawed in 1 L of culture
media to a temperature of 33°C and placed into the ReadyToProcess WAVE 25 Rocker Reactor
produced by Cytiva (Cytiva, 2022g). This reactor is single-use and is able to operate in a media
addition mode with working volumes up to 25 L. It will be equipped with a compatible 20 L
single-use cellbag. Two will be purchased to ensure that there is a backup reactor available if
needed. Media will be added to the reactor in a fed-batch operation until the system reaches a
total volume of 20 L. Fed-batch was found to be advantageous to batch for this initial scale-up
step because of its tendency to yield higher titer and reduce overall manufacturing costs (Xu et
al., 2020). The volume, cell, substrate, and product balances are shown in Equations 4.1.2-5
where V is volume, X is concentration of CHO cells, S is concentration of glucose, P is the

concentration of adalimumab, and F is the flow rate of cell media into the wave reactor.

av
dt =F

Equation 4.1.2. Change in Volume in Fed-Batch Reactor
dX F
o = (X

Equation 4.1.3. Change in Cell Concentration in Fed-Batch Reactor

I N
=1 (5,-$)

dt YX/S

Equation 4.1.4. Change in Substrate Concentration in Fed-Batch Reactor
AP _ wx _F g
dt YX /p %4
Equation 4.1.5. Change in Product Concentration in Fed-Batch Reactor

Equations 4.1.2-5 were solved in MATLAB for different inlet flow rates. The inlet flow
rate determines the duration of the fed-batch operation. Figure 4.1.2 shows the final cell

concentration that is achieved as a function of fed-batch duration. As shown in the figure,
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operating for greater than 190 hours does not significantly increase the cell concentration.
Therefore, 0.1 L/h was chosen to be the optimal feed flow rate and results in a final cell,
substrate, and product concentrations of 8.50, 0.10, and 1.48 g/L respectively. In the future, the
low substrate concentration should be studied to ensure that the CHO cells do not starve. Cell
starvation is a concern because the cells could use adalimumab as a nutrient source or they could

die, reducing cell and product concentration.
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Figure 4.1.2. Cell Concentration Achieved at Various Fed-Batch Operation Times

The solution will then undergo three subsequent batch processes at 50, 200, and 500 L.
These batch processes will be performed in Cytiva’s Xcellerex XDR single-use bioreactors with
the 50 L batch process being performed in a 50 L reactor and the 200 and 500 L batch process
being performed in a 500 L reactor. Two 50 L and three 500 L reactors will be purchased. This
will allow for the inoculum train to begin while another campaign is in perfusion mode, and it
will ensure that there is a backup reactor available if needed. Batch processes were chosen as it

allows for a higher growth rate than fed-batch (Prpich, 2021b).
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For each step, cell media will be added until the desired final volume is reached.
Additionally, solid glucose will be added to bring the glucose concentration to 6 g/L, the initial
concentration of the media. The process will then be allowed to run until the glucose
concentration drops to 2 g/L. Concentrations below 2 g/L. were shown by Lopez-Meza to cause a
significant decrease in cell growth and maximum cell density. After the 500 L batch process is
completed, the reactor will be set to perfusion mode. Equations 4.1.6-8 show the cell, substrate,
and product balances for the batch processes where the variables are the same as in the fed-batch

process above.

dx
o = WX

Equation 4.1.6. Change in Cell Concentration in Batch Reactor

ds
dt YX/S
Equation 4.1.7. Change in Substrate Concentration in Batch Reactor

P X
dt Yx I
Equation 4.1.8. Change in Product Concentration in Batch Reactor

The equations shown above were modeled in Excel. From the data, after approximately
286 hours, the cell, substrate, and product concentrations in the bioreactor at the start of
perfusion operation will be 8.96, 2.00, and 1.56 g/L. Table 4.1.2 summarizes the batch processes
explained above. Figure 4.1.3 shows the cell, substrate, and product concentrations as a function

of time for the entire inoculum train.
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Overview of Batch Process in Inoculum Train

Table 4.1.2

Batch Volume of Mass of Time of Material Starting Final
Volume (L) Media Glucose Batch (h) Concentratio | Concentratio
Added (L) Added (g) n (g/L) n (g/L)
50 30 298.1 29 Cell 3.40 9.14
Product 0.59 1.59
200 150 1100 36.7 Cell 2.29 8.03
Product 0.40 1.40
500 300 2600 30 Cell 3.21 8.96
Product 0.56 1.56
10
9
_ 8
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Figure 4.1.3. Inoculum Train Cell, Substrate, and Product Concentration as a Function of Time

4.1.3 Perfusion Bioreactor

Perfusion operation was chosen over batch and fed-batch operation as cells can be
maintained in the exponential growth phase for longer and therefore higher cell densities can be
reached (Cytiva, 2020f). The perfusion bioreactor that was selected was a 500 L Cytiva's
Xcellerex XDR single-use stirred tank bioreactor. As previously mentioned, three of these

bioreactors will be purchased so that the batch scale up and perfusion can occur simultaneously

15



while a third is available as a backup in case there is issue with either of the other bioreactors.
This bioreactor was selected due to the multiple features. The XDR bioreactor is single-use,
utilizing disposable bags and impellers which can be utilized for each campaign and then
disposed of after. This will ensure that the bioreactor is sterile at the beginning of each campaign,
as well as minimizing the time and labor required for cleaning and sterilization between
campaigns. This bioreactor is commonly used in industry as it is reliable and utilizes a
configurable design in order to optimize and process. The dimensions of the bioreactor are

summarized in Figure 4.1.4.

D=75cm

"

Ht=112.5cm

Di=26 cm

[

Figure 4.1.4. Perfusion Bioreactor Dimensions

Perfusion campaigns will be run for 30 days where product will be continuously collected
from the reactor. This length will allow for cells to be continuously grown while the potential for
contamination is minimized.

The design of aerobic bioreactors involves many factors which must be carefully
considered and controlled throughout the perfusion campaign. Any of such reactors requires the
optimization of mixing and agitation, aeration, and geometry to satisfy the demand for oxygen
transfer to the cells. A mathematical model of the reactor conditions indicates that the oxygen

uptake rate (OUR) should be equal to the oxygen transfer rate (OTR). This relationship is
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defined in equation 4.1.9, where the first bracketed term in this equation represents the oxygen

transfer rate and the second bracketed term represents the oxygen uptake rate.

ac, . .
s —[kLa(COZ—COZ)]—[Y uxl

X/02

Equation 4.1.9. Change in oxygen concentration over time

Co, " is the saturation constant, Yy,q, is the oxygen yield coefficient, Cy, is the
concentration of oxygen, and X is the concentration of cells. The term k;a symbolizes the oxygen
transfer coefficient and is of vital importance to bioreactor design. Since the change in C,, must
remain constant throughout operation, we can simplify equation 4.1.9 into equation 4.1.10,
where Qq, is the specific oxygen demand, or p divided by Yy,,. The value of Qg, and C, were
calculated through data found in literature on the estimation of oxygen uptake in mammalian cell
culture (Goudar, Piret, & Konstantinov; 2011).

QOZX
target kLa =—

CoaCoz

Equation 4.1.10. Definition of the target kLa

This equation also results in C,, becoming the critical dissolved oxygen level, or C..
This simplification allows for the calculation of the k; a required to support the maximum rate of
oxygen uptake, thus designating the target we must achieve with the mixing, agitation, and
aeration calculations. The constant parameters used and the results of these calculations are

summarized in table 4.1.3.
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Table 4.1.3
Calculation of Target k; a for Perfusion Bioreactor Design

Parameter Value (units)
X 8.956 g/L
Cor’ 7.2 mg/L
Coit 1.432 mg/L
Qo2 0.0865 mmol O,/ (g X x h)
Target k;a 43h!

With target k; a defined, we proceed to mixing, agitation, and aeration calculations. The
dimensions of the selected bioreactor, at a 500 L working volume, give a tank diameter, D,, and
liquid height, H;, of 0.750 meters. The diameter of the impeller, D;, is 0.263 meters, and the
cross-sectional area of the tank is calculated to be 0.442 m?. For agitation and aeration, we
selected an impeller speed, N, of 200 RPM and a Q, of 0.002 vvm. Q, is the aeration rate, a value
typically reported in vvm as it is a measure of air flow with respect to reactor volume. There are
a number of models that describe k; a in terms of Q,, V, D,, and the superficial velocity, v,. In our
calculations, we use the model given by equation 4.1.11 (Prpich, 2021d).

0.541 2L

P
0.0333 b,
K a = _(i) oV
L D v g

t
Equation 4.1.11. Predictive Model for k; a

The remaining unknown in this model is P,, or the total power input required for the
system. The power number and aeration number, N, and N,, respectively, are necessary to
calculate P,. The manufacturer of our bioreactor system provides N; as 1.15, which then results

in a value of 52.8 W for P, based on equation 4.1.12, where p is the fluid density.
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P =NpN'D’
Equation 4.1.12. Power Consumption

The aeration number is calculated using Q,, N, and D;, and then immediately used the
relevant correlations to determine a value of 0.99 for P,/P. This immediately results in the
calculation of P, to a value of 49.8 W, which is the total power input required for the perfusion
system. Inputting this value into the k; a model, we calculate k;a as 4.7 h!, which is within the
general requirement for the k; a to be within 10% of the target value.

With our bioreactor design specifications complete, we must check certain parameters
against general rules of thumb for bioreactor design. The comparison of our design calculations
versus each of these rules is given in table 4.1.4. Note that v, represents the superficial velocity.

Since all of our specifications satisfy these rules, we are able to move on and solve the material

balances.
Table 4.1.4
General Rules of Thumb for Bioreactor Design
Rule Requirement Design Value Agreement
. . 0
Avoid Slugging v = Se < 125m/h 0.14 m/h Yes
Avoid Flooding DiSN2 1.6 - 10_5 < 0.0128 Yes
Qg < 0.6|—/= N
. units = m’/s
Number of Impellers H,-D, H —2D, 1.9>21=>0.9 Yes
5 ="%="7p
Sufficient Shear T[NDi > 2.5m/s 2.749 m/s Yes
P 3
Energy Input Tq < 15,000 W/m3 99.6 W/m Yes

When these reactor conditions are taken into account, it becomes possible to solve the

material balances surrounding the reactor. The reactor functions at steady state as fresh media
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enters the reactor and cells and spent media leave to go through TFF. Cells do not pass through

the TFF membrane and are either purged from the reactor to maintain an equilibrium amount of

cells in the reactor, or recycled back into the reactor. The TFF permeate consists of a small

amount of cell debris along with the mAb product to be further processed in the following steps.

When evaluating the kinetics of this continuous bioreactor with recycle, it is important to

keep in mind the dilution rate, or D, which is defined as the flow into the reactor divided by the

volume of the reactor.

Equation 4.1.13. Dilution rate

The dilution rate has a large effect on the amount of cells produced along with the

consumption of substrate. Assuming that the amount of cells produced (defined by DX) is

proportional to the amount of product produced, the goal is to maximize productivity. This can

be achieved by creating a model with the Monod equations for a continuous bioreactor with
recycle (Prpich, 2021a).

umllXS
(K +5)(1—a(b—1))

D =

Equation 4.1.14. Definition of the dilution rate as dependent on substrate consumption and kinetic variables

DK (1-a(b-1))
= —D(1-a(b-1))

Equation 4.1.15 Kinetic equation to describe the substrate in the bioreactor based on D, recycle ratio, and
concentration factor

X =YX/S(SO— S)

Equation 4.1.16. Cell growth, defined by substrate consumption and the yield of cells per amount of substrate

consumed
Xr Fr
b = < a -

Equation 4.1.17. Definitions of the concentration factor (b) and recycle ratio (a)
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Using equations 4.1.14 to 4.1.17 and the known variables in our system, we utilized
MATLAB to create a model of our system which can be seen in Figure 4.1.5. In this figure, it can
be seen that the DX curve reaches a maximum at D, = 0.042 h"' and that it crosses the x-axis at
D\ashout = 0.055 h™'. When determining what dilution rate to run at, it is important to not run
above D, in order to avoid washout, which occurs at D, Therefore, we chose to run our

process at D = 0.04 h™! as this is where there is maximum productivity.
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Figure 4.1.5. Substrate consumption, cell production, and productivity for our continuous bioreactor with recycle

At this set dilution rate, set product outlet concentrations and flow rates, and set glucose
concentration for the feedstock, we were able to calculate the purge flow rate and inlet flow rate

with monod kinetics and material balances as discussed in the following section. The feed flow
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rate was determined to be 0.35 L/min at 6 g/L of substrate concentration for the duration of the
30 day campaign.

4.1.4 Tangential Flow Filtration and Recycle

r 3
Purge
Recycle Fp=0.16 L/min
“ - Sp=193g/L
Fr=0.195 L/min Xp=138gL
. Sp=193 gL Pp=136 oL
Cell Media Xp=138¢glL
FO=0.35 L/min Pr=156 L
S0=6gL
To TFF Product
QQ F; = 0.55 L/min F=0.19 L/min
S;=1.93 gL S$=1.93gL
X;=896¢gL Tangential Flow  X=0.03 gL
Py =1.559 g/L Filtration P=1557gL

Perfusion Bioreactor
500 L

Figure 4.1.6. Stream flow rates around perfusion system and TFF

Tangential Flow Filtration (TFF) is designed to separate the mAbs and other small debris
from the larger cells. A continuous, laminar flow comes off the perfusion reactor and flows
tangentially against the TFF filter, where pressure is controlled to determine the flow rates of the
separated product (Liu et al., 2010). The concentration of antibodies entering and leaving TFF
will remain the same, aside from the loss of 0.1% of antibodies due to the rejection coefficient.

The process involves 35% of the 550 mL/min flow passing through TFF into the product
stream, leaving the remaining 65% to be recycled or purged. The purpose of a recycle stream is
to maintain a constant concentration of cells in the perfusion reactor. To determine the exact flow
rate of the recycle stream, a cell balance was performed with equations 4.1.18 and 4.1.19.

Accumulation of Cells = 0 = Cells Growth - Cells Leaving Reactor + Cells Recycled

Equation 4.1.18. General Cell Balance on Perfusion Reactor
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0= XV — FX + FX,
Equation 4.1.19. Cell Balance on Perfusion Reactor
Because of the assumption that the perfusion reactor is perfectly stirred, the concentration
of cells in the reactor is the same as those leaving the reactor. The concentration of cells in the
recycle stream is the same as that of the purge stream and is described by equation 4.1.20.

0.999%F X
X =X =—1
R “p F +F,

Equation 4.1.20. Concentration of Cells in the Recycle and Purge Stream

While the flow rates of the purge and recycle stream are unknown variables in these
equations, their sum is known to be 65% of the flow entering TFF. This results in a concentration
of 13.8 g/L of cells being recycled. To fulfill the cell balance, a recycle flow rate of 195 mL/min
was needed, resulting in the remaining 160 mL/min being purged.

Sartocon® Slice Disposable Hydrosart® Cassettes from Sartorius will be used as the
tangential flow filters for this process. They are single use and have the recommended pore size
of 20 um for TFF (Liu et al., 2010). The specification sheet states that these filters have over a

99% percent retention of cells which are recycled to the reactor. The 0.1 m? filters were selected

L

2
hr*m

to accommodate the recommended 2100 flow velocity (Sartocon®, 2022). The

permeability factor was calculated to be 3.89x10” using equation 4.1.21, where ¥ is flow
velocity (m/s) and AP is the maximum transmembrane pressure. Equation 4.1.21 was then used
again to calculate the actual transmembrane pressure using the flow velocity specific to this
process. The actual transmembrane pressure is 0.082 bar.

v

permeability factor = —

Equation 4.1.21. Permeability Factor for Tangential Flow Filtration
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4.2 Downstream Process

Figure 4.2.1 summarizes the downstream processing of adalimumab. The proposed downstream process has an overall

adalimumab recovery of 78.7%. All process steps following the first ultrafiltration stage will be performed at room temperature, 20

°C, by cooling the solution in a heat exchanger before Protein A chromatography.

Upstream
Bleed
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Figure 4.2.1. Overall Downstream Process Flow Diagram
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4.2.1 Depth Filtration

After TFF, depth filtration will be implemented to remove any large impurities such as
lysed cell debris. For this stage, a Millistak+® Pod Disposable Depth A1HC Filter will be used
(Merck KGaA, 2021a). This filter system was chosen due to being single-use, being available in
many different sizes, and having small hold up volumes. Additionally, the ATHC filter media is
specifically advantageous as it consists of different filter media to ensure that filters downstream
are protected from large debris. Typically, these filters are operated at 100 to 600 LMH.
Therefore, since the flow rate is 191.90 mL/min, the 270 cm? membrane area was chosen as this
results in operating at 426 LMH. Since only one filter system is being used, a 99% recovery will
be assumed (Yigzaw et al., 2008). Therefore, the concentration will drop from 1.56 g/L to 1.54
g/L in this stage. It will also be assumed that the filter is operated at the system’s maximum
operating pressure of 2.07 bar. These filters will be replaced at the end of each campaign.
4.2.2 Ultrafiltration

In order to minimize the buffer and WFI requirements in downstream processing, the
solution exiting depth filtration will be concentrated before Protein A chromatography. To
concentrate the solution, ultrafiltration will be used. Ultrafiltration is a common separation
technique that uses permeable membrane filters that separates components according to
molecular size. In ultrafiltration, a dilute solution will flow over the membrane with some
passing through the membrane and being lost in the permeate while the molecule of interest is
retained. As no new solution is being fed, there is a reduction in volume, and thus the retentate
becomes concentrated.

In general, a membrane should be chosen that has a nominal molecular weight cutoff

(NMWC) that is 3 to 5 times smaller than the target molecule (Cytiva, 2021). As adalimumab is
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approximately 150 kDa, all ultrafiltration and diafiltration membranes chosen for this process
have a NMWC of 30 kDa to ensure almost complete separation (Pedersen et al., 2021).
Therefore, it will be assumed that the chosen membranes will have a rejection coefficient of
0.999 for adalimumab. Constant flux across the filter membrane, no cake formation on the
surface of the membrane, and no concentration polarization will also be assumed due to
operating at low flow rates (Carta, 2021).

This stage was designed in order to ensure that a final concentration of 50 mg/mL is
achieved at the end of the downstream process. This is the concentration of the standard dose of
Humira, and therefore it was assumed that this was the highest concentration that could be
achieved without the risk of aggregate formation. Implementing this constraint, the solution must
exit this stage at a flow rate of 27.78 mL/min and a concentration of 10.59 mg/mL. Therefore,
with the incoming stream at a concentration of 1.54 mg/mL and a rejection coefficient of 0.999,
the concentration of adalimumab being lost in waste is 0.01 mg/mL at a flow rate of 164.12

mL/min, resulting in 99.4% recovery of adalimumab.

Waste

Qp=164.12 mL/min

Cp=0.01 mg/mL
F-202
Q= 191.90 mL/min [
Ce=1.54 mg/mL Qg= 27.78 mL/min
Depth Cg=10.59 mg/mL

» Heat Exchanger

—

Figure 4.2.2. Block Flow Diagram with Balanced Streams for Ultrafiltration before Downstream
Processing
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The AKTA Flux 6 tangential flow filtration system produced by Cytiva will be used.
Although not single-use, this system was chosen for its ability to operate at flow rates between
20 and 1000 mL/min (Cytiva, 2022a). The system will be fitted with Cytiva’s compatible Start
AXH ultrafiltration hollow fiber cartridges. These cartridges are made to operate at small scales
and minimize concentration polarization due to sweeping action created by a recirculation pump
(Cytiva, 2022g). The UFP-30-C-2U cartridge was chosen and consists of 12 tubes with diameters
of 0.05 cm. The membranes are 30 cm long, resulting in a total surface area of 50 cm?. Using the
equations below where Q, is flow rate per tube, d, is tube diameter, L is tube length, v kinematic
viscosity, and p is density, the pressure drop was found to be approximately 0.393 bar. The
kinematic viscosity and density were approximated using the properties of water at 33°C. 0.393
bar is below the cartridge's maximum operating pressure of 3.4 bar, making these cartridges
suitable for this diafiltration stage. This system will be cleaned in between each campaign with a
sodium hydroxide solution.

4Q

Ttdtv

t

Re =

Equation 4.2.1. Reynolds Number Equation for Flow Through a Tube
16
f =%
Equation 4.2.2. Friction Factor for Laminar Flow Through a Tube

2
Ap 32 fPQ
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t

Equation 4.2.3. Pressure Drop for Flow Through a Tube

4.2.3 Protein A Chromatography

The initial capture step beyond simple filtration in many biopharmaceutical downstream
processes is chromatography, where a clarified cell culture supernatant is passed over a column
that selectively binds the desired product. The platform chromatographic technique in mAb

production processes is protein A chromatography, a type of affinity chromatography that
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employs Staphylococcal protein A ligands in the resin that are able to bind to the Fc region of
IgG antibodies of subclasses 1, 2, and 4 with high selectivity (Kanje et al., 2020). When
introduced to the column under specific pH and flow velocity conditions, the product in the
supernatant stream begins to bind to the column until it has reached the dynamic binding
capacity (DBC). The buffers used in our chromatography design are listed in Table 4.2.1. Salt

and buffer selection are made with respect to the study from Cytiva (2020c).

Table 4.2.1
Salts and Buffers for Protein A Chromatography

Phase Flow Components

Load mADb solution from Depth Filtration

Wash 20 mM sodium phosphate, 0.5 M NaCl, pH 7.0

Elute 50 mM sodium acetate, pH 3.5

Clean 1 M NaOH
Regenerate 100 mM phosphoric acid, pH 2
Equilibrate 20 mM sodium phosphate, 0.5 M NaCl, pH 7.0

For this process, we selected the MabSelect Sure™ LX protein A resin by Cytiva due to

the resin’s high dynamic binding capacity specifically at higher residence times and higher titers,

such as those used in this process (Cytiva, 2020e). The dynamic binding capacity for the resin is

plotted in Figure 4.2.3 versus residence time.
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Figure 4.2.3. DBC,,, of MabSelect SuRe (and LX) versus Residence Time (Cytiva, 2020c)

With reference to a study from Cytiva (2020c), a residence time of 6 minutes was chosen
for optimal production, corresponding to a dynamic binding capacity of 60 mg/mL. This process
will use Cytiva’s HiScale 50/20 columns, which have an inner diameter of 5.0 cm and a
maximum bed height of 20.0 cm (Cytiva, 2022¢). The 5.0 cm diameter corresponds to a
cross-sectional area of 19.635 cm? for the column. Using this area with the volumetric flow rate
of 27.78 mL/min of supernatant entering the column, the required linear flow velocity is 84.88
cm/hr, which is well within the upper limit for this resin (Cytiva, 2020c). With the linear flow
velocity and the residence time of 6 minutes specified, the required bed height is 8.5 cm,
resulting in a total column volume of 166.68 cm?®. It should be noted that the bed heights of the
HiScale columns used are adjustable to accommodate for different process requirements. The
column volume then allows for the calculation of the load volume, given by Equation 4.2.4,

resulting in a value of 944.25 mL.

Vv C
D C B — load F
10% Vcolumn
Equation 4.2.4. Relationship between dynamic binding capacity, feed concentration, column volume, and load
volume

Finally, the pressure drop across the column was determined using the Carman-Kozeny

equation (Equation 4.2.5), where d, 1s the average particle diameter, 85 um, L is the column
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length, and ¢ is the extraparticle porosity, assumed to be 0.3. The resulting pressure drop from
this calculation is 0.765 bar, which is below the maximum allowable pressure drop of 1.38 bar
(GE Healthcare, 2020b).

2
AP = % % Lun
dps

Equation 4.2.5. Carman-Kozeny Equation for Chromatography Column Pressure Drop

In order to ensure continuous downstream processing, the protein A unit operation
requires careful scheduling. Our proposed schedule for three columns in a continuous cycle is
outlined in Table 4.2.2. Here, CVs refers to column volumes, a standard unit of measurement in
chromatographic processes. In order to operate continuously, at least one column will need to be
loading and one will need to be eluting at all times. With the proposed schedule for a single
column, operation of three columns staggered to begin loading immediately after the preceding
column finishes loading would achieve continuity in both loading and product streams. In
addition, there will be a fourth column on hold in case of issues with the three in operation. This
operation will occur with an inlet concentration of 10.59 mg/mL and flow rate of 27.78 mL/min,
and an outlet concentration of 30.18 mg/mL and flow rate of 9.26 mL/min, which corresponds to

a recovery of 95% of mAb.
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Table 4.2.2

Scheduling for Protein A Chromatography

Col
umn

Col
umn
2

Col
umn
3

30CV 3CV 10 CV 3CV 3CV 3CV
27 9.26 9.26 9.26
27 mL/min mL/min 9.26 mL/min mL/min mL/min mL/min
Regenerat | Equilibra
Load Wash Elute Clean e te

10 CV 3cv 3CV 3cv 30CV 3CV 10 CV
9.26 9.26 9.26 9.26 27

mL/min | mL/min mL/min mL/min 27 mL/min mL/min 9.26 mL/min
Elute Clean [Regenerate [ Equilibrate Load Wash Elute
3CV 10 CV 3CV 3CV 3CV 30 CV

27 9.26 9.26
mL/min 9.26 mL/min mL/min [ mL/min  [9.26 mL/min 27 mL/min
Regenerat
Wash Elute Clean e Equilibrate Load

This schedule allows 180 minutes for loading, 18 minutes for washing, 180 minutes for

elution, 54 minutes for cleaning, 54 minutes for regeneration, and 54 minutes for equilibration

for a single column per cycle. This corresponds to a total cycle time of 540 minutes, thus

mandating 80 cycles over a 30 day campaign. The selected resin has been demonstrated to

maintain performance through 100 cycles of operation, so the columns need not be replaced

during the campaign (GE Healthcare, 2011). Columns will be disposed of following each

campaign according to the methods described in section 4.6.2.

4.2.4 Viral Inactivation

Following protein A chromatography, a viral clearance step will be performed. FDA

regulations require that there be less than 1 virus per million doses and that there are three

separate methods for viral clearance (van Reis and Zydney, 2007). One such method for viral

inactivation (VI) is holding the product at a low pH (3.5-3.7) for 30 minutes to one hour (Martins
et al., 2020). Because the solution coming off of Protein A Chromatography is already at a pH of

3.5, performing VI immediately afterwards does not require additional buffers to be added. VI



after Protein A Chromatography is designed to clear endogenous viruses that may have been
present in the fermenter. There are a few options for how to hold a solution for an hour at a low
pH, but using a plug flow reactor (PFR) is optimal because it is continuous and has a narrower
residence-time distribution (RTD) than an continuously stirred tank reactor (Fogler, 2006). A

narrower RTD leads to less deviation from the targeted residence time of one hour.

T
0 r-::z
E(n = s
i (==
213 2

Equation 4.2.6. RTD for laminar plug flow reactor (Fogler, 2006).

Equation 4.2.6 shows that the RTD for any time less than half of that of the residence
time is 0. Therefore, the minimum amount of time spent in the reactor is half of the residence
time as shown in Equation 4.2.7. Since it is required for the solution to be held for at least 30
minutes, a residence time of 60 minutes was chosen for our process to guarantee the solution

spends 30 minutes in the PFR.

max avg 0

po Lo L (nRz): vo_ ot
u 20\ nr? 2v 2
Equation 4.2.7. Minimum time spent in laminar PFR (Fogler, 2006).

In addition to having to ensure a minimum inactivation time, holding mAbs at a low pH
for too long can also cause undesired aggregation. High temperatures and high ionic strengths
caused by the presence of salts may additionally increase the probability of aggregation. By
conducting VI at room temperature in a sodium acetate buffer without the presence of salts, the
maximum hold time for the VI plug flow reactor is 168 hours (Joshi et al., 2014). This results in

a negligible amount of mAb aggregation, and full recovery can be assumed for our process.
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With a flow rate of 9.26 mL/min and a desired residence time of one hour, the PFR was
designed with a volume of 555.6 mL, a length of 7.07 m, and a diameter of 1 cm. This PFR will

be coiled to conserve space in the plant.

[ L=7.07 m [
| |

t/ Viral Inactivation PFR

- D=1cm
Vinp = 9.26 mL.'mink V = 5556 mL

A
v=012 mfs

Figure 4.2.4. Viral Inactivation PFR design
Pressure drop in this pipe is important in determining the required pump power for
operation. This was found through a calculation of the Reynolds number, which was found to be
1197, or within the laminar regime. Pressure drop could then be calculated based on the
dimensions of the pipe using Equation 4.2.8. This was found to be 0.00272 bar of pressure loss

across the length of pipe.

Ap = 64 *L*L*vz

Re D 2

Equation 4.2.8. Pressure drop across a circular pipe in laminar flow

4.2.5 Diafiltration for Anion Exchange Chromatography

After VI and before entering anion exchange chromatography (AEX), the buffer in which
adalimumab is suspended needs to be replaced. As mentioned above, if the antibody is in a
solution of low pH for too long undesirable aggregation or product damage could occur (Joshi et
al., 2014). Therefore, this process step will replace the low pH buffer with 25 mM sodium
phosphate buffer with a pH of 7.5. A common technique for buffer replacement is diafiltration.

This separation technique is similar to ultrafiltration in the fact that it uses permeable membrane
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filters that separates components according to molecular size. However, there is no reduction in
volume as a new solution is being fed as the original solution is being lost. For continuous
diafiltration, 99.9% buffer exchange can be achieved with 7 diavolumes (Pall Laboratories,
2021). Therefore, since the stream exiting viral inactivation is flowing at a rate of 9.26 mL/min,
64.82 mL/min of 25 mM sodium phosphate buffer with a pH of 7.5 will be fed to the system.
Assuming a rejection coefficient of 0.999, approximately 0.1% of adalimumab will flow through
the membrane and be lost in the waste stream. The stream exiting VI will be at a concentration of
30.18 mg/mL, so the solution entering AEX will be at a concentration of 29.97 mg/mL at a flow

rate of 9.26 mL/min as shown in Figure 4.2.5.

AEX

Qg=9.26 mL/min
Cy=29.97 mg/mL
Q;=9.26 mL/min
C= 30.18 mg/mL Qp= 64.82 mL/min
Cp= 0.03 mg/mL

v

Viral Inactivation

» Waste

A4

Buffer

Qp= 64.82 mL/min F-203
Co= 0 mg/mL

Figure 4.2.5. Block Flow Diagram with Balanced Streams for Diafiltration for Anion Exchange
Chromatography

A similar diafiltration step will be performed before cation exchange chromatography
(CEX) later on in the process. For both these stages, the AKTA Flux S tangential flow filtration
system produced by Cytiva will be used. Like the ultrafiltration stage, this system is not
single-use but was chosen for its ability to operate at low flow rates of 1 to 50 mL/min (Cytiva,
2022a). The system will be fitted with Cytiva’s compatible Start AXH ultrafiltration hollow
fiber cartridges. The filters chosen have a NMWCO of 30 kDA and consist of 12 tubes that are

30 ¢cm in length with a 0.05 cm diameter for a total membrane area of 50 cm?. The pressure drop
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was found to be approximately 0.03 bar as calculated with Equations 4.2.1, 4.2.2, and 4.2.3. This
is below the cartridge's maximum operating pressure of 3.4 bar, making these cartridges suitable
for this diafiltration stage. This system will be cleaned in between each campaign with a sodium
hydroxide solution.
4.2.6 Anion Exchange Chromatography

In AEX, a form of ion-exchange chromatography, the positively charged resin binds to
negatively charged impurities, such as DNA or residual host cell proteins. In addition, this resin
binds to virus fragments that remain in the solution, which makes AEX count towards one of the
three required viral clearance methods (van Reis and Zydney, 2007). The charge of the mAb will
be positive so that it flows past the resin to be collected. This charge is affected by the pH of the
solution as well as a quality known as the isoelectric point (pl). At pH values below a protein’s
pl, the protein will be positively charged, and at pH values above a protein’s pl, the protein will
be negatively charged. We will operate at a pH of approximately 7.5 because our mAb has a pl in
the range of 8.0 to 9.3, ensuring our mAb has a positive charge (Schreiber et al., 2020). In
addition, the pl values of the impurities that are being captured at this stage have pl values
between 2-5, leading to negative charges that attract to the resin. This pH will have been
achieved through the previous diafiltration step which ensures that the mAb is in a 25 mM
sodium phosphate buffer with a pH of 7.5. The buffers that will be used in this process are listed

in Table 4.2.3.
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Table 4.2.3.
Salts and Buffers for Anion Exchange Chromatography

Phase

Flow Components

Load

25 mM sodium phosphate, pH 7.5 with mAb

Wash

25 mM sodium phosphate, pH 7.5

Strip

50 mM sodium phosphate, 1.0 M NaCl, pH 7.5

Clean

1.0 M NaOH

Regenerate

25 mM sodium phosphate, 2M NaCl pH 7.5

Equilibrate

25 mM sodium phosphate, pH 7.5

This AEX column will operate using the Capto Q Resin by Cytiva because it is designed

for modern, large-scale manufacturers and utilizes a high dynamic binding capacity. This resin is

made up of a rigid, high-flow agarose matrix modified with dextran surface extenders and a

strong quaternary ammonium (Q) anion exchanger. The Capto Q Resin has an average particle

size of around 90 micrometers, can withstand operating pressures of up to 3.31 bar, and functions

in solutions with pH values of 2-12 (Cytiva, 2022c). Using a residence time of 2 minutes from

Cytiva’s data and Figure 4.2.6, the DBC was calculated to be approximately 135 mg/mL.
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Figure 4.2.6. DBC,,, for Cytiva’s Capto Q IEX Resin vs. Q Sepharose FF (Cytiva, 2020b)
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We selected the HiScale 26/20 column by Cytiva with a 2.6 cm diameter as it is the same
brand as used in Protein A but with a smaller diameter to account for the lower flow rate. Using
the cross-sectional area of this column with the volumetric flow rate of feed entering the column,
9.26 mL/min, the required linear flow velocity is calculated to be 104.6 cm/hr, which is well
within the upper limit for this resin (Cytiva, 2022c). With the linear flow velocity and residence
time specified, the required bed height was determined to be 3.6 cm, which is achievable with
the HiScale columns. This bed height gives a total column volume of 18.59 c¢m®. Finally, we can
determine the pressure drop across the column to be 0.344 bar using the Carman-Kozeny
equation (Equation 4.2.5), which is below the maximum allowable pressure drop (Cytiva,
2022d). The load volume was calculated using equation 4.2.4 to be 83.93 mL.

To ensure that this operation is continuous, two columns will run simultaneously with
inlet and outlet concentrations of 29.97 and 29.67 mg/mL, respectively. This corresponds to a
recovery of 99% for AEX (GE Healthcare, 2020a). One column will continuously load and
collect while the other is washing, cleaning, and renewing for another cycle. There will also be a

third column on hold in case of issues with the other three columns. This schedule can be seen in

Table 4.2.4 below.
Table 4.2.4
Scheduling for Anion Exchange Chromatography
25CV 5CV 5CV 5CV 5CV 5CV
Column 1
Load/Collect Wash Strip Clean [Regenerate [ Equilibrate
5CV 5CV 5CV 5CV 5CV 25CV
Column 2
Wash Strip Clean [Regenerate |Equilibrate Load/Collect

This schedule corresponds to 129 minutes of loading and collecting, 25.8 minutes of
washing, 25.8 minutes of stripping, 25.8 minutes of cleaning, 25.8 minutes of regeneration, and

25.8 minutes of equilibration per column in one cycle. This corresponds to a total cycle time of
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258 minutes, thus mandating approximately 170 cycles over a 30 day campaign. The selected
resin is assumed to be stable for more cycles than are required, so the columns will not need to
be replaced until after the campaign. Columns will be disposed of following each campaign
according to the methods described in section 4.6.2.
4.2.7 Diafiltration for Cation Exchange Chromatography

Before CEX, the elution buffer left over from AEX must be replaced with the buffer
required for CEX. As mentioned previously, a continuous diafiltration step will be employed. A
99.9% buffer replacement is possible in this process by adding seven times the volume of
solution therefore 64.82 mL/min of 50 mM sodium acetate and sodium chloride buffer with a pH
5.0 will be added to the 9.26 mL/min stream leaving AEX. As with the diafiltration stage before
AEX, a rejection coefficient of 0.999 is assumed. Therefore, approximately 0.1% of adalimumab
will flow through the membrane and be lost in the waste stream. The stream entering filtration
will have a concentration of 29.67 mg/mL and the stream leaving to CEX will have a

concentration of 29.46 mg/mL as shown in Figure 4.2.7.

CEX

Qg=9.26 mL/min
Cg= 29.46 mg/mL
Q= 9.26 mL/min

C= 29.67 mg/mL Qp= 64.82 mL/min
AEX > Cp= 0.0295 mg/mL

» Waste
Buffer

F-204

Qp= 64.82 mL/min
Co= 0 mg/mL

Figure 4.2.7. Block Flow Diagram with Balanced Streams for Diafiltration for Cation Exchange
Chromatography
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The module selected to perform this continuous diafiltration is the AKTA Flux S which
would be equipped with Start AXH hollow fiber filter cartridges. The filters chosen have a
NMWCO of 30 kDA and consist of 12 tubes that are 30 cm in length with a 0.05 cm diameter for
a total membrane area of 50 cm?. When operated, this filter will have a pressure drop of 0.025
bar as calculated with Equations 4.2.1, 4.2.2, and 4.2.3. This is well below the maximum

operating pressure drop of 3.4 bar. This system will be cleaned in between each campaign with a

sodium hydroxide solution.
4.2.8 Cation Exchange Chromatography

CEX is another form of ion-exchange chromatography which, as opposed to AEX, uses a
negatively charged resin to bind to a positively charged antibody while allowing negatively
charged contaminants, such as charge variants and aggregates, to pass through the column. CEX
is used in this process as a polishing step to ensure that there are very few contaminants
remaining. To ensure that the antibody is positively charged, the pH of the buffer solution that is
being added in the previous diafiltration step will be 50 mM sodium acetate with 50 mM NaCl at

a pH of 5.0. The buffers used in CEX are listed below in Table 4.2.5.

Table 4.2.5.
Salts and Buffers for Cation Exchange Chromatography

Phase Flow Components

Load 50 mM sodium acetate + 50 mM NaCl, pH 5.0 with mAb

Wash 50 mM sodium acetate + 50 mM NaCl, pH 5.0

Elute Gradient of 50 mM sodium acetate + 240 mM NacCl, pH 5.0

Strip 50 mM sodium acetate + 500 mM NaCl, pH 5.0

Clean 1 M NaOH
Regenerate 50 mM sodium acetate + 2 mM NaCl, pH 5.0
Equilibrate 50 mM sodium acetate + 50 mM NaCl, pH 5.0
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This CEX column will operate using the Capto S impAct resin from Cytiva because it is
specifically designed for polishing of monoclonal antibodies such as in this step. This resin
provides efficient purification of aggregates even at high load concentrations, and is adjustable to
multiple flow rates and bed heights, allowing us to customize our columns to our specific needs.
The Capto S impAct resin has approximately a 50 micrometer average particle diameter (Cytiva,
2020a). Using a residence time of approximately 5.4 minutes from Cytiva and Figure 4.2.8, the

dynamic binding capacity was estimated to be about 90 mg/mL.

—#— Capto 5 ImpAct

100 1 —&— Eshmuno CFX
0o
4— Capto SP impRes
\ _/___4 & Poros X5
B0 4 =

_____——?;';r' = —=— Fractogel EMD 50, (M)
___-—-'_ — — —4— Nuwvia HR-5

[P breakthrough (mg/ml)

DBC 1C

B

Residence time (min)

Figure 4.2.8. DBC,,, of Capto S impAct versus Residence Time (GE Healthcare, 2015)

We again selected the HiScale 26/20 column by Cytiva with a 2.6 cm diameter for this
process. Using the column’s cross sectional area with the volumetric flow rate of supernatant
entering the column, 9.26 mL/min, the required linear flow velocity is 104.6 cm/hr, which is well
within the upper limit for this resin (Cytiva, 2020a). With the linear flow velocity and the
residence time specified, the required bed height was determined to be 9 cm, which is achievable
with the HiScale columns. This bed height gives a total column volume of 47.79 cm®. Finally, we
can determine the pressure drop across the column using the Carman-Kozeny equation (Equation
4.2.5) and find a pressure drop of 2.76 bar, which is below the maximum allowable pressure drop

(Cytiva, 2022d). The load volume was calculated using Equation 4.2.4 to be 146 mL.
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To ensure that this operation is continuous, three columns will run simultaneously with
inlet and outlet concentrations of 29.46 and 26.52 mg/mL, respectively. This corresponds to a
recovery of 95% for CEX (GE Healthcare, 2020a). One column will continuously load, another
will continuously elute and collect, while the last other is washing, cleaning, and renewing for
another cycle. There will also be a fourth column on hold in case of issues with the other three

columns. This schedule can be seen in Table 4.2.6 below.

Table 4.2.6.
Scheduling for Cation Exchange Chromatography
25CV 5CV 25CV 5CV |[5CV | 5CV |5CV
Column —
1 Load Wash Elute Strip [ Clean Sl EQuilio
erate | rate

25 5CV [5CV | 5CV | 5CV 25CV 5CV 25CV
Column| CV
2 o
Strip | Clean ol | Eauilib Load Wash Elute
Elute erate | rate
5CV 25CV 5CV |[5CV |5CV |5CVY 25CV
Column —
3 Wash Elute Strip | Clean BEs Equilib Load
erate | rate

This schedule corresponds to 129 minutes of loading, 25.8 minutes of washing, 129
minutes of elution, 25.8 minutes of stripping, 25.8 minutes of cleaning, 25.8 minutes of
regeneration, and 25.8 minutes of equilibration per column for one cycle. This corresponds to a
total cycle time of 258 minutes, thus mandating approximately 170 cycles over a 30 day
campaign. The selected resin has been demonstrated to maintain performance through 300 cycles
of operation, so the columns need not be replaced during the campaign (Cytiva, 2020a). Columns
will be disposed of following each campaign according to the methods described in section 4.6.2.
4.2.9 Viral Filtration

Viral filtration (VF) is the last of the three viral clearance methods required, and it is

designed to clear adventitious viruses that may have been introduced in the downstream process.
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Because adventitious viruses are less frequent, only a 6 log reduction value (LRV) is required
(Liu et al., 2010). VF is a form of size based filtration that allows smaller proteins and bufters to
pass while viruses cannot pass the pores of the filters.

Planoval5N filters from Asahi Kasei were selected as they provide a 6.9 LRV to meet
regulatory requirements and as they have an experimentally determined monoclonal antibody
recovery rate greater than 95%. These filters have 15 nm pores and a surface area of 100 cm?. In
order to handle the flow rate of 9.26 mL/min, two of the Planoval5N filters will be run in
parallel (Planova™ 15N, n.d.). The flow rate will remain constant, and the concentration will
drop from 26.5 mg/mL to 25.19 mg/mL assuming 95% recovery to be conservative. The

mz*s
kg

permeability factor was calculated to be 1.02x107"° using equation 4.2.9 and data from a

sales representative (Nixon, 2022). This permeability factor and equation 4.2.9 was then used to
find the actual transmembrane pressure which is 0.76 bar. This filter will be housed in the

Planova Single-Use Virus Filtration Controller (Planova™ Single-Use, (n.d.)).

. _ v
permeability factor = — -

Equation 4.2.9. Permeability Factor

4.2.10 Final Ultrafiltration and Diafiltration

Before formulation and fill, the mAb solution must be concentrated, and the buffer must
be exchanged. By concentrating the solution, the final product can be dispensed into smaller
vials and less liquid will have to be removed during lyophilization. This will reduce storage
requirements and save energy during lyophilization. Additionally, the buffer exchange is
necessary in order to get adalimumab into WFI for final processing. To accomplish this,

ultrafiltration and diafiltration are employed.
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As mentioned previously, this project aims to implement single-use technologies
wherever possible. Therefore, final ultrafiltration and diafiltration will differ from the previous
filtration stages by implementing the AKTA Readyflux system produced by Cytiva. This system
is advantageous compared to the AKTA Flux 6 and S systems because it is a single-use
tangential flow filtration system that includes sensors pressure, conductivity, temperature, flow,
and pH (Cytiva, 2022b). However, the feed to the system must be between 200 mL/min and
18000 mL/min, which is much greater than the flow rate of the stream exiting viral filtration.
Therefore, the continuous 9.26 mL/min stream coming from the viral filtration will be captured
and stored over six days before being processed, meaning the remaining processing steps will be
run five times over each campaign. This design strategy is advantageous because it allows the
implementation of single-use filtration systems and reduces the amount of times lyophilization
will be performed, thus reducing the chance of human error. The AKTA Readyflux system will
be fitted with a 30 kDA molecular weight cutoff, ReadytoProcess single-use hollow fiber filter
cartridge from Cytiva (Cytiva, 2022¢). These filters consist of 425 tubes that are 30 cm in length
with a diameter of 0.05 c¢m, resulting in a total membrane surface area of 2000 cm?®. The filter
will be replaced at the end of each 30 day campaign.

At a flow rate of 9.26 mL/min, 80 L of solution will accumulate over the course of six
days. This will then be processed at 400.2 mL/min over the course of 200 minutes. As with
diafiltration, it is assumed that the rejection coefficient is 0.999 for adalimumab. Therefore, the
ultrafiltration step will concentrate the antibody solution from 25.19 mg/mL to 50.35 mg/mL as
shown in Figure 4.2.9. Because this is near the standard 50 mg/mL dose of Humira®, this was
assumed to be a stable concentration that would not form aggregates. As a result of this

concentration, the stream sent to diafiltration will be 200 mL/min, while 200.2 mL/min of waste
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will be produced. Lastly, the pressure drop across this membrane was found to be 0.03 bar using
Equations 4.2.1, 4.2.2, and 4.2.3, which is below the maximum operating pressure drop of 3.4

bar.

Waste

Qp= 200.2 mL/min
Ce=0.05035 mg/mL

F 3

F-206
Q= 400.2 mL/min LY .
Ce=25.19 mg/mL Qg= 200 mL/min

Storage Cg=50.35 mg/mL

—

Figure 4.2.9. Block Flow Diagram with Balanced Streams for Final Ultrafiltration

» Final Diafiltration

After this concentration step, the buffer solution will be replaced using continuous
diafiltration. In order to replace 99.9% of the original buffer solution, 1400 mL/min of WFI will
be added to the 200 mL/min stream coming from the ultrafiltration while it is continuously
filtered. With a 0.999 rejection coefficient, the resulting streams are 200 mL/min of solution
containing 50 mg/mL of adalimumab heading to formulation and fill as well as a 1400 mL/min
stream containing 0.05 mg/mL of adalimumab that is headed to waste as shown in Figure 4.2.10.
The pressure drop across this membrane was found to be 0.015 bar using Equations 4.2.1, 4.2.2,

and 4.2.3, which is below the maximum operating pressure drop of 3.4 bar.
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Formulation and Fill

Qp= 200 mL/min

Cg= 50 mg/mL
Qg= 200 mL/min

Ci=50.35 mg/mL Qp= 1400 mL/min
" Cy= 0.05 mg/mL

Final Ultrafiltration

» Waste

Y

WFI F-207

Qp= 1400 mL/min
Cp= 0 mg/mL

Figure 4.2.10. Block Flow Diagram with Balanced Streams for Final Diafiltration

4.2.11 Formulation and Filling

The final formulation will be the standard Humira® dosage that an adult patient would
take every other week as shown in Table 4.2.7. The additional ingredients shown in the table will
be added to the stream exiting diafiltration to adjust pH before human injection and for product
stability. 0.8 mL of the final solution will be dispensed into 2 mL vials and partially stoppered
using the SA25 Aseptic Filling Workcell produced by Cytiva (Cytiva, 2022f). With 200 mL/min
of solution exiting diafiltration for 200 minutes, 50000 vials will be filled after each of the five
final ultrafiltration and diafiltration batches, resulting in 250000 vials or doses being filled per

campaign.
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Table 4.2.7
Adalimumab Formulation

Ingredients Mass (mg) in a Standard Dose Mass (mg) Required per
Campaign
Adalimumab 40 400
Sodium Chloride 4.93 49.3
Monobasic Sodium Phosphate Dihydrate 0.69 6.9
Dibasic Sodium Phosphate Dihydrate 1.22 12.2
Sodium Citrate 0.24 24
Citric Acid Monohydrate 1.04 10.4
Mannitol 9.6 96
Polysorbate 80 0.8 8
Sodium Hydroxide Added to adjust pH to 5.2 -

4.2.12 Lyophilization

The final step before shipping the product to pharmacies and hospitals will be
lyophilization. This step removes water from the final solution through freeze drying in order to
keep the drug stable longer and to prevent degradation. Aqueous antibodies being stored at 4 °C
will stay stable for one month while lyophilized antibodies at -20 °C can stay stable for 3-5 years
(Johnson, 2021). On top of that, lyophilized drugs can be shipped at room temperature for less
than 5 days (Shipping, n.d.).

The concentration of adalimumab before beginning lyophilization is 50 mg/mL, and
roughly 0.8 mL of water will be removed per dose. The Q144XSS from Millrock Technology
will be used to lyophilize the product. It has 144 ft* of space and can accommodate the 50,000
2mL vials that need to be lyophilized for each run (QUANTA, n.d.). West Pharmaceutical
Services will be used to source 250,000 rubber stoppers and 2 mL vials for each campaign

(13mm NovaPure®, 2022; Daikyo, 2022). Like final ultrafiltration and diafiltration,
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lyophilization will take place once every six days for a total of five times per campaign. By only
running lyophilization five times, employees will not have to continuously load and unload the
lyophilizer, reducing the chance for error. Lyophilization will typically take 24-48 hours
depending on the amount of water present and the contents of the solution (Williams, 2016).
4.3 Ancillary Equipment
4.3.1 Tank Design

Tanks will be used throughout the process to mix and hold solutions that will be added,
such as the fermentation media and chromatography buffers. The holding tanks were designed to
be filled to approximately 75% capacity and then drained to approximately 25% capacity. Once
the holding tanks reach 25% capacity, they will be refilled to 75%. A CSTR will be used to make
the media and buffer and refill the holding tanks. Media and buffer make-up will occur five times
a campaign or every six days. This design is advantageous because human labor will only be
required five times, and a batch will be well defined if a contamination were to be discovered. A
holding tank will also be needed before final ultrafiltration and diafiltration as these final stages
will also only be run five times per campaign. Tanks will also be available for waste storage. All

tanks will be stainless steel with single-use bags and mixers. Table 4.3.1 details all the required

tanks.
Table 4.3.1
Tank Specifications for Holding, Mixing, and Waste Storage
Tank Name | Volume (L) Contents Purpose
TH-101 6000 Media Holding Media for the bioreactor
TM-101 4000 Media Mixing Media for the bioreactor
TH-201 160 50 mM sodium Acetate Holding bufter for Protein A elution
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TM-201 100 50 mM sodium Acetate Mixing buffer for Protein A elution
20 mM sodium phosphate, 0.5 Holding buffer for Protein A washing and
TH-202 100 M sodium chloride equilibration
20 mM sodium phosphate, 0.5 Mixing buffer for Protein A washing and
TM-202 75 M sodium chloride equilibration
Holding buffer for cleaning Protein A, AEX, and
TH-203 100 1 M sodium hydroxide CEX
TM-203 75 1 M sodium hydroxide Mixing buffer for cleaning Protein A, AEX, and CEX
TH-204 50 100 mM phosphoric acid Holding buffer for regenerating Protein A
TM-204 30 100 mM phosphoric acid Mixing buffer for regenerating Protein A
Holding buffer for diafiltration before AEX, AEX
TH-205 1200 25 mM sodium phosphate washing, and AEX equilibration
Mixing buffer for diafiltration before AEX, AEX
TM-205 800 25 mM sodium phosphate washing, and AEX equilibration
50 mM sodium phosphate, 1 M
TH-206 30 sodium chloride Holding buffer for stripping AEX
50 mM sodium phosphate, 1 M
TM-206 20 sodium chloride Mixing buffer for stripping AEX
25 mM sodium phosphate, 2 M
TH-207 30 sodium chloride Holding buffer for regenerating AEX
25 mM sodium phosphate, 2 M
T™-207 20 sodium chloride Mixing buffer for regenerating AEX
50 mM sodium acetate, 50 mM | Holding buffer for diafiltration before CEX, washing
TH-208 1200 sodium chloride CEX, and equilibrating CEX
50 mM sodium acetate, 50 mM | Mixing buffer for diafiltration before CEX, washing
TM-208 800 sodium chloride CEX, and equilibrating CEX
50 mM sodium acetate, 240 mM
TH-209 160 sodium chloride Holding buffer for eluting CEX
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50 mM sodium acetate, 240 mM
TM-209 100 sodium chloride Mixing buffer for eluting CEX
50 mM sodium acetate, 500 mM
TH-210 30 sodium chloride Holding bufter for stripping CEX
50 mM sodium acetate, 500 mM
TM-210 20 sodium chloride Mixing buffer for stripping CEX
50 mM sodium acetate, 2 M
TH-211 30 sodium chloride Holding buffer for regenerating CEX
50 mM sodium acetate, 2 M
TM-211 20 sodium chloride Mixing buffer for regenerating CEX
Adalimumab from Viral Holding product stream to establish a higher flow rate
TH-212 100 Filtration before sending it through final ultra filtration
Waste from fermenter and
TW-101 5000 tangential flow filtration Waste storage
Waste from downstream
TW-201 6000 processes Waste storage
Waste from downstream
TW-202 6000 processes Waste storage

4.3.2 Pump Design

All flow rates will be controlled by pumps in the filtration and chromatography systems

described above or by additional peristaltic pumps. Peristaltic pumps are often used for high

purity applications such as pharmaceuticals as the material never comes into contact with the

pump. Additionally, these pumps are able to operate at small flow rates such as the ones used in

this process and are gentler on solutions (Dale, 2013). In total, a minimum of 27 pumps will be

required with every pump having a spare. Therefore, 54 Masterflex L/S peristaltic pumps from

Fisher Scientific will be purchased. These pumps can operate at flow rates of 0.36 to 3400
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mL/min (Fisher Scientific, 2022b) It is assumed that the WFI system will supply WFI to the
mixing tanks with the use of valves instead of pumps.

The power requirement for all pumps was calculated using Equation 4.3.1 where P is the
power in Watts, V is the volumetric flow rate in m®/s, AP is the differential pressure in Pa, and n
is the pump efficiency. It was assumed that all pumps have an efficiency of 70% with an
electrical driver efficiency of 90%. For all streams without pressure differentials created by unit
operations, it was estimated that 1.013 bar of differential pressure will be used to move from one
unit operation to the next as the actual pressure could not be calculated with unknown pipe
lengths. Additionally, it was assumed that there is a loss of 0.51 bar in pipes, heat exchangers,
and all other unit operations due to frictional losses. Table 4.3.2 details all the pumps for all

process streams, requiring a peristaltic pump. As seen in the table, the minimum total power

requirement was found to be 185 W with 6.94 kWhr being required per campaign.

P=* AP)/n
Equation 4.3.1. Pump Power Requirement

Table 4.3.2
Power Requirements for Pumps
90%
Minimum Electrical
Flow Power |70% Shaft| Driver Power Per
Rate | Pressure | Required |Efficiency | Efficiency |Duration | Campaign
From To (mL/min)| (bar) W) W) W) (hr) (Whr)
Media and Buffer Make-Up

TM-101 TH-101 3000.0 1.01 7.62 10.88 12.09 83.00 1007.00
20 L Reactor,

R-101 16.7 1.01 0.04 0.06 0.07 190.00 12.80
50 L Reactor,

R-102 2000.0 1.01 5.08 7.25 8.06 0.25 2.01
500 L Reactor,

R-103 2000.0 1.01 5.08 7.25 8.06 1.25 10.10
500 L Reactor,

TH-101 R-103 2000.0 1.01 5.08 7.25 8.06 2.50 20.10
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500 L Reactor,
TH-101 R-103 353.0 1.01 0.90 1.28 1.42 720.00 1024.00
TM-201 TH-201 3000.0 1.01 7.62 10.88 12.09 2.22 26.90
TM-202 TH-202 3000.0 1.01 7.62 10.88 12.09 1.39 16.80
TM-203 TH-203 3000.0 1.01 7.62 10.88 12.09 1.53 18.50
TM-204 TH-204 3000.0 1.01 7.62 10.88 12.09 0.69 8.39
TM-205 TH-205 3000.0 1.01 7.62 10.88 12.09 16.7 201.00
TM-206 TH-206 3000.0 1.01 7.62 10.88 12.09 0.42 5.04
TM-207 TH-207 3000.0 1.01 7.62 10.88 12.09 0.42 5.04
TM-208 TH-208 3000.0 1.01 7.62 10.88 12.09 16.70 201.00
TM-209 TH-209 3000.0 1.01 7.62 10.88 12.09 2.22 26.90
TM-210 TH-210 3000.0 1.01 7.62 10.88 12.09 0.42 5.04
TM-211 TH-211 3000.0 1.01 7.62 10.88 12.09 0.03 0.35
Upstream Process Streams
20 L Reactor, | 50 L Reactor,
R-101 R-102 1000.0 1.01 2.54 3.63 4.03 0.333 1.34
50 L Reactor, [500 L Reactor,
R-102 R-103 1000.0 1.01 2.54 3.63 4.03 0.83 3.40
Air Filter, |500 L Reactor,
F-102 R-103 1000.0 0.01 0.87 1.25 1.39 720.00 998.00
500 L Reactor,
R-103 TFF, F-101 548.0 0.41 0.84 1.20 1.34 720.00 962.00
Waste,
TFEF, F-101 TW-101 161.0 1.01 0.41 0.58 0.65 720.00 466.00
Recycle,
TFF, F-101 R-103 196.0 1.01 0.50 0.71 0.79 720.00 568.00
TFF, F-101 | Depth, F-201 192.0 2.07 0.83 1.18 1.31 720.00 943.00
Downstream Process Streams
UF, F-202 HE-201 191.9 0.500 0.323 0.461 0.513 720 369.2
Protein A,
C-201 VI, V-201 9.3 0.003 0.008 0.011 0.013 720 9.05
VE, F-205 TH-212 9.3 1.010 0.024 0.034 0.037 720 26.9
Total
Power
(KWhr)
Total Power (W) = 185 = 6.94
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4.3.3 Heat Exchanger Design

Between the upstream and downstream operations, a heat exchanger will be used to

adjust the temperature of the stream. The upstream process operates at 33°C, a temperature that

was chosen due the availability of published CHO kinetic data. However, operating at higher
temperatures increases aggregation and degradation of monoclonal antibodies in low pH
conditions such as the conditions used during Protein A chromatography (Joshi et al., 2014).

Therefore, the monoclonal antibody solution coming out of the fermentation process must be

cooled to room temperature before Protein A chromatography. In order to perform this operation,

a steel counter current double pipe heat exchanger will be used after the depth filtration step with

the warm stream containing the mAbs in the inside pipe and cooling material in the outer pipe.

The cooling stream was chosen to be a mixture of 50% ethylene glycol and water, as at

low temperatures close to 0°C, water may begin to freeze and form crystals. However, ethylene

glycol has a lower freezing point, ensuring that our cooling stream remains in the liquid phase.
addition, the temperature of the cooling stream was set to enter the heat exchanger at 5°C and

leave at 7°C. This allowed us to calculate the AT, as 19.998, as can be seen in equation 4.3.2.

(TH,out_TC,in) - (TH,in_Tc,out)

AT =

Im T Tem
(7 "=—")
H,in c,out

Equation 4.3.2. ATlm for a counter current double-pipe heat exchanger

We also could find the amount of heat required to leave the warm stream using the
material balances and flow rate of 27.78 mL/min coming out of the depth filtration system
(equation 4.3.3). This gave a Q 0f 24.9 J.

Q=m xCprT

Equation 4.3.3. Heat transfer required to change the temperature of a stream

In
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In addition, as we determined the heat exchanger was made out of steel, we were able to
estimate the overall heat transfer coefficient, Uo, as 285 W/m?K. This allowed us to calculate the

overall heat transfer area of our heat exchanger using equation 4.3.4.

_ _Q
A_UOAT

Equation 4.3.4. Heat transfer area required

From these equations, the area required was calculated to be 0.0044 m?, or 44 cm?. From
a reapplication of equation 4.3.3 on the cooling stream, the mass of the cooling stream was found
to be 0.0038 m/s or 214 mL/min.
4.4 Water for Injection (WFI) System Design

All water used for the make-up of buffers, filtration, cleaning, and sterilization will be
WFT as required by regulations. WFI is sterile, nonpyrogenic, distilled water with a pH of 5.0 to
7.0 and is used for products that require intravenous administration (Sterile, n.d.). According to
USP standards, WFI must have less than 0.5 ppm organic carbon, less than 10 CFU/100 mL of
bacteria, and 0.25 IU/mL endotoxin. WFI has been traditionally produced through distillation,
but reverse osmosis (RO) has also been used to purify water more recently and is able to do so at
a cheaper price according to Table 4.4.1 (Water, 2021). RO works by flowing pretreated water
“tangentially across the membrane, producing transmembrane pressure that effectively rejects a
water stream containing heavier ions and allows water containing fewer ions to pass through”
(Wrampe, 2019). The purity of the water produced is determined by the concentration of the
water entering the RO system. Reverse osmosis systems typically reject 85% to 98% of the total
solids and have an 80% recovery rate of water (Reverse Osmosis, 2014; Wrampe, 2019). Because
RO is operated at ambient temperature and pressure, it is important to run the product water

through ultrafiltration so that there is no microbial contamination.
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Table 4.4.1
Cost Comparison of Water for Injection Systems (Water, 2021)

Typical Comparison of Energy Costs (Distillation vs. Membrane) per 1,000 gallons steam and power
4 Cell Multiple Effect Distillation $57.56

6 Cell Multiple Effect Distillation $43.26

Vapor Compression Distillation $24.84 - $28.00

Membrane WFI $0.50 - $4.60

Note: Assumptions: steam: $20.60/1000#; power: $0.07/kw-hr

As mentioned previously, this process implements single-use technologies as much as
possible to reduce WFI requirements. Therefore, the only modules that will require cleaning and
sterilization in between campaigns is the first ultrafiltration, viral inactivation, and diafiltration
for AEX and CEX stages. To estimate the volume of WFI needed for cleaning and sterilization, it
will be assumed that the cleaning and sterilization cycle for each component will last 90 minutes.
It will also be assumed that each filtration module will be operated at its maximum flow rate
while the viral inactivation stage will be operated at the minimum flow rate required to achieve
turbulent flow. Therefore, the total volume of WFI required per campaign was found to be
approximately 25000 L as shown in Table 4.4.2. This is equivalent to producing 578 mL/min.

All WFI will be made on site.

Table 4.4.2
WFI Requirements per Campaign

Module Volume of Required WFI (L)
Fermentation 15620
Protein A, C-201 880
AEX DF, F-203 2800
AEX, C-202 400
CEX DF, F-204 2800
CEX, C-203 800
Final DF, F-207 1400
Cleaning 248
Total 24948
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To produce WFI for this process, the Medica® Pro-RE System by Evoqua will be used as
it can produce over 1 L/min of purified water, more than exceeding our design requirements. It
has a tank capacity of 50 L, and it is able to pump flow rates up to 4 L/min when needed for
higher cleaning flow rates. It also meets USP standards by producing WFI with less than 0.03
ppm organic carbon (Medica® systems, 2017)

4.5 Air Filtration System Design

To ensure product sterility, the air supplied to the bioreactor must be purified before
entering the system. For this design, the flow rate of air required to meet the oxygen demand of
the cells was found to be of 0.002 vvm or 1000 mL/min. Therefore, the Opticap XL50 Capsule
Filters with Millipore Express® SPG Hydrophobic Membrane will be used. These filters are
optimal for single-use air filtration and can operate at low flow rates. They have a total filtration
area of 19.6 cm? with an operating pressure of 0.014 bar at a flow rate of 1000 mL/min (Merck
KGaA, 2021b).

4.6 Disposal
4.6.1 Liquid Waste

Liquid waste is generated in the purge stream from TFF in the perfusion process, each of
the three chromatography steps, both diafiltrations between chromatography steps, and the final
ultrafiltration and diafiltration. Waste from the bioreactor and the purge stream from TFF will be
separated from the waste generated in downstream processes due to the presence of living CHO
cells. The total amount of waste generated in a 30 day campaign from the upstream processes is
listed in Table 5.3.1 and downstream waste is listed in Table 5.3.2. Waste tanks were designed to

be filled up to 75% of its total capacity to prevent overfilling. Our selected waste disposal service
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company, Eldredge Inc. in West Chester, PA, will be contracted to remove waste at the end of
each campaign in a large tanker.
4.6.2 Solid Waste

Solid waste generated in our process includes all single use equipment, such as depth
filters, TFF filters, bioreactor bags and impellers, and chromatography columns. It also includes
cell bank storage vials and chromatography resins. This plant will generate approximately 175.6
kg of solid waste of this form per campaign, which will be identified as biohazardous material
and placed into 55 gallon drums. Our selected waste disposal company, Eldredge Inc., will then
retrieve these drums at the end of each campaign to be disposed of via incineration in an effort to

lower environmental impact.

56



5. Final Design

5.1 Upstream Process
5.1.1 Cell Line Acquisition and Media Selection

This design is functional for any master cell bank that produces an adalimumab
biosimilar. The cell bank will be distributed and stored in 4.5 mL vials, each at a concentration of
50x10° cells/mL. The cells will be stored at -87 °C in a VIP Series Model MDF-U76VC-PA
freezer, which will be stored within the same facility as the production process.

5.1.2 Inoculum Train

The scale-up will begin with one high density cell vial being thawed in a Thermo Fisher
Precision GP 02 water bath and placed into 1 L of media at 33 °C. This is allowed to grow in the
ReadyToProcess WAVE 25 Rocker Reactor. Initially, this will have a cell density of 0.56 g/L and
a glucose concentration of 6 g/L. Culture media will be added to the Wave bioreactor at 0.1 L/h
for 190 hours, until it reaches 20 L. This final product will have a cell density of 8.5 g/LL and a
glucose concentration of 0.1 g/L, as well as a mAb concentration of 1.48 g/L.

Next, the contents of the 20L bag and 30 L of culture media with 9.94 g/L of glucose will
be placed into a 50 L Xcellerex single use bioreactor for an additional batch stage. At the
beginning of this batch stage, the bioreactor will have a cell, glucose, and mAb concentration of
3.4, 6.0, and 0.59 respectively. This batch is allowed to grow until glucose concentration reaches
2 g/L at 33 °C, which will take 29 hours. At the end of this batch stage, the concentration of cells
and mAb will be 9.14 and 1.59 g/L respectively.

The next batch step will be run in a S00L Xcellerex single use bioreactor. First, the
contents of the previous bioreactor will be placed into the bioreactor as well as 150L of culture

media containing 7.33 g/L of glucose. This 200 L batch stage will have beginning cell, glucose,
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and mAb concentrations of 2.26, 6, and 0.40 g/L respectively. This is allowed to grow until the
concentration of glucose reaches 2 g/L, which will take 36.7 hours. The final concentration of
cells and mAb in this 200 L batch will be 8.03 and 1.4 g/L respectively. Then, in the same
bioreactor, 300 L of culture media containing 8.67 g/L will be added. The bioreactor will now
have new concentrations of 3.2 g/L of cells and 0.56 g/ of mAbs. This batch stage is grown
until the glucose reaches a concentration of 2 g/L, this stage will take 30 hours. The final
concentrations of cells and mAbs will be 8.96 g/L and 1.6 g/L respectively.
5.1.3 Perfusion Bioreactor

The perfusion bioreactor selected for this design is a 500 L Xcellerex XDR single-use
stirred tank bioreactor from Cytiva. An extra bioreactor of this type will be available in the event
of complications with the primary vessel. The perfusion bioreactor will be operated for a
campaign lasting 30 days, after which the single-use components—disposable bags and
impellers—will be discarded.

This bioreactor has a tank diameter and liquid height of 0.750 meters, with approximately
0.375 meters of headspace. The vessel will contain a single impeller with a diameter of 0.263
meters, and the cross-sectional area of the tank is 0.442 m”. The impeller will mix the system at
200 RPM and 0.002 vvm of air will aerate the system. These conditions will produce a k;a of 4.7
h! that will support the oxygen uptake from cell growth. The total power required to operate the
perfusion system is 49.8 W.
5.1.4 Tangential Flow Filtration and Recycle

550 mL/min of the reactor effluent will be sent to tangential flow filtration, where 35% of
this flow will pass through the filter as filtrate. Sartocon® Slice Disposable Hydrosart®

Cassettes from Sartorius will be used as the tangential flow filters for this process. These filters
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have a surface area of 0.1 m?, a pore size of 0.2 um, and a CHO cell retention greater than 99%.
The concentration of adalimumab will stay the same, aside from a 0.1% loss of antibodies in the
filter. Out of the remaining 356 mL/min that does not leave as filtrate, 195 mL/min is recycled to
the perfusion reactor and 161 mL/min is purged. The cell concentration of both of these streams
is 13.6 g/L, and the antibody concentration remains at 1.56 g/L. The transmembrane pressure
across tangential flow filtration is 0.082 bar.
5.2 Downstream
5.2.1 Depth Filtration

After TFF, depth filtration will be implemented to remove any large impurities such as
lysed cell debris. For this stage, a single use Millistak+® Pod Disposable Depth ATHC Filter
will be used. A stream flowing at 191.90 mL/min will go through the depth filtration. The filter
is assumed to have a 99% recovery, causing the concentration of mAbs to go from 1.56 g/L to
1.54 g/L after filtration. This filter will be operated at the maximum operating pressure of 2.07
bar. The filter will be replaced after every campaign.
5.2.2 Ultrafiltration

After the depth filtration, the stream will be taken through an ultrafiltration step to
concentrate the mAb solution. The AKTA Flux 6 tangential flow filtration system, fitted with
filters that have a nominal molecular weight cut off 30 kDa, will be used for this filtration. The
stream going into ultrafiltration will be flowing at 191.90 mL/min and have a mAb concentration
of 1.54 g/L. Two streams will leave this ultrafiltration stage, the waste stream and the bleed
stream. The waste stream will be 164.12 mL/min and have a mAb concentration of 0.01 g/L, and
be collected for disposal. The bleed stream will be 27.78 mL/min and have a mAb concentration

of 10.59 g/L. The bleed stream is sent to the Protein A chromatography unit. This filter will have
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a pressure drop of 0.393 bar across the filter. Due to this filter not being single use, it will be
cleaned with a sodium hydroxide solution between each campaign.
5.2.3 Protein A Chromatography

Protein A chromatography will be conducted using an AKTA pcc chromatography
system from Cytiva; also from Cytiva, MabSelect Sure™ LX protein A resin will be used within
HiScale 50/20 columns. The inner diameter of the columns is 5.0 centimeters, the bed height of
the resin is 8.5 centimeters, and the operating pressure is set to 0.765 bar. The residence time is
set to 6 minutes, which gives a dynamic binding capacity of 60 mg/mL. The column will be
operated in bind and elute mode. The load and wash step flow rates are 27.78 mL/min and the
elution, clean, regeneration, and equilibration step flow rates are 9.26 mL/min. The load product
concentration is 10.59 mg/mL, and the eluent stream product concentration is 30.18 mg/mL. The
product recovery in the protein A step is 95%. 30 CVs of supernatant from depth filtration are
loaded onto the column in the loading step. 3 CVs of 20 mM sodium phosphate and 0.5 M NaCl
at pH 7.0 compose the wash step. 10 CVs of 50 mM sodium acetate at pH 3.5 compose the
elution step. 3 CVs of 1 M NaOH, 100 mM phosphoric acid at pH 2, and the same buffer as the
wash step compose the cleaning, regeneration, and equilibration steps, respectively. At the
designated flow rates, the total times for each step are 180 minutes for loading, 18 minutes for
washing, 180 minutes for elution, 54 minutes for cleaning, 54 minutes for regeneration, and 54
minutes for equilibration for a single column per cycle. Three columns will be operated within
the system simultaneously and staggered to maintain constant loading and a constant product

stream.
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5.2.4 Viral Inactivation

Following Protein A Chromatography, the product stream will be held at a pH of 3.5 to
inactivate any endogenous viruses. The solution coming off of Protein A Chromatography is
already at a pH of 3.5 so performing viral inactivation immediately afterwards does not require
additional buffers. A custom spiraled stainless steel plug flow reactor will be used to ensure a
nominal residence time of 60 minutes and a minimum residence time of 30 minutes. To
accommodate the 9.26 mL/min flow rate entering viral inactivation, the plug flow reactor was
designed with a volume of 555.6 mL, a length of 7.07 m, and a diameter of 1 cm. This plug flow
reactor will be coiled to conserve space in the plant.

5.2.5 Diafiltration for Anion Exchange Chromatography

The 30.18 mg/mL solution leaving VI will enter diafiltration at a rate of 9.26 mL/min and
drop to a concentration of 29.97 mg/mL. The remaining adalimumab will be lost in a waste
stream at a concentration of 0.03 mg/mL. 64.82 mL/min of 25 mM sodium phosphate buffer with
a pH of 7 will be added, resulting in a total of 2800 L of buffer needed per campaign.

The AKTA Flux S system will be used and equipped with Start AXH hollow fiber filter
cartridges. The filters chosen have a NMWCO of 30 kDA and consist of 12 tubes that are 30 cm
in length with a 0.05 cm diameter for a total membrane area of 50 cm?. This filter will have a
pressure drop of 0.03 bar. This system will be cleaned in between each campaign with a sodium
hydroxide solution.

5.2.6 Anion Exchange Chromatography

The Anion exchange process will use two HiScale 26/20 columns by Cytiva and an extra

packed column will be held in addition to the two in use in case of failure. The columns will run

at a pressure of 0.345 bar, a 2.6 cm diameter, and a packing height of 3.6 cm. These will be
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operated with the Capto Q resin with a residence time of 2 minutes, and will operate at a linear
velocity of 104.6 cm/hr.

The load, wash, and equilibration stages will utilize 25 mM sodium phosphate at a pH of
7.5. These steps require CVs of 25, 5, and 5, respectively. The strip phase will use 50 mM
sodium phosphate and 1.0 M sodium phosphate, also at a pH of 7.5. The clean phase will utilize
1.0 M NaOH. The regeneration stage will utilize 35 mM sodium phosphate with 2M NaCl at a
pH of 7.5. The strip, clean, and regeneration stages will all require 5 CVs. This corresponds to
129 minutes of loading and collecting, 25.6 minutes of washing, 25.6 minutes of stripping, 25.6
minutes of cleaning, 25.6 minutes of regeneration, and 25.6 minutes of equilibration per column
in one cycle.

5.2.7 Diafiltration for Cation Exchange Chromatography

The 29.67 mg/mL solution leaving AEX will enter diafiltration at a rate of 9.26 mL/min
and drop to a concentration of 29.46 mg/mL. The remaining adalimumab will be lost in a waste
stream at a concentration of 0.03 mg/mL. 64.82 mL/min of 50 mM sodium acetate and sodium
chloride buffer with a pH 5.0 will be added, resulting in a total of 2800 L of buffer needed per
campaign.

The AKTA Flux S system will be used and equipped with Start AXH hollow fiber filter
cartridges. The filters chosen have a NMWCO of 30 kDA and consist of 12 tubes that are 30 cm
in length with a 0.05 cm diameter for a total membrane area of 50 cm?. This filter will have a
pressure drop of 0.025 bar. This system will be cleaned in between each campaign with a sodium

hydroxide solution.
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5.2.8 Cation Exchange Chromatography

For CEX, the HiScale 26/20 column by Cytiva with a 2.6 cm diameter will be used. The
column will be packed to 9 cm with Capto S impAct resin, resulting in a total column volume of
47.79 cm’®. This resin has approximately a 50 micrometer average particle diameter and a
dynamic binding capacity of 90 mg/mL, assuming a 5.4 minute residence time. The load volume
of this column is 146 mL, and the pressure drop will be 2.76 bar.

To ensure that this operation is continuous, three columns will run simultaneously with
inlet and outlet concentrations of 29.46 and 26.52 mg/mL. One column will continuously load,
another will continuously elute and collect, while the last other is washing, cleaning, and
renewing for another cycle. There will also be a fourth column on hold in case of issues with the
other three columns. 9.26 mL/min of solution will be loaded onto the column at a linear velocity
of 104.6 cm/hr for 129 minutes. The column will then be washed with a 50 mM sodium acetate
and sodium chloride solution for 25.8 minutes, eluted with a gradient of 50 mM sodium acetate
and 240 mM sodium chloride solution for 129 minutes, stripped with a 50 mM sodium acetate
and sodium chloride solution for 25.8 minutes, cleaned with a 1M sodium hydroxide solution for
25.8 minutes, regenerated with 50 mM sodium acetate and 2 mM sodium chloride for 25.8
minutes, and equilibrated with 50 mM sodium acetate and sodium chloride buffer for 25.8
minutes.

5.2.9 Viral Filtration

9.26 mL/min of solution at a concentration of 26.50 mg/mL will undergo viral filtration
and drop to a concentration of 25.19 mg/mL. Two Planoval5N filters from Asahi Kasei with 15
nm pores and a surface area of 100 cm? will be used in parallel. The transmembrane pressure will

be 0.76 bar. This filter will be housed in the Planova Single-Use Virus Filtration Controller.
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5.2.10 Final Ultrafiltration and Diafiltration

The 25.19 mg/mL solution exiting viral filtration at a rate of 9.26 mL/min will be
captured and stored over six days before final processing, resulting in a total accumulation of 80
L of solution. This will enter ultrafiltration at 400.2 mL/min over the course of 200 minutes. The
ultrafiltration step will concentrate the antibody solution from 25.19 mg/mL to 50.35 mg/mL.
200 mL/min of solution will be sent to diafiltration while 200.2 mL/min of waste will be
produced at a concentration of 0.05 mg/mL. The concentration of the 200 mL/min stream
entering diafiltration will then decrease from 50.35 mg/mL to 50 mg/mL. 1400 mL/min of WFI
will be fed to the system resulting in a waste stream concentration of 0.05 mg/mL of
adalimumab. This stage will require a total of 1400 L of WFI per campaign.

For both of these stages, the AKTA Readyflux system will be used and fitted with
ReadytoProcess single-use hollow fiber filter cartridges by Cytiva. These filters have a molecular
weight cutoff of 30 kDa and consist of 425 tubes that are 30 cm in length with a diameter of 0.05
cm, resulting in a total membrane surface area of 2000 cm?. The filter will be replaced at the end
of each 30 day campaign. The pressure drop across the ultrafiltration and diafiltration
membranes will be 0.03 and 0.015 bar, respectively.

5.2.11 Formulation and Filling

The final formulation of a single dose of Humira contains 40 mg of adalimumab, 4.93 mg
of sodium chloride, 0.69 mg of monobasic sodium phosphate dihydrate, 1.22 mg of dibasic
sodium phosphate dihydrate, 0.24 mg sodium citrate, 1.04 mg citric acid monohydrate, 9.6 mg of
mannitol, 0.8 mg of polysorbate 80, and sodium hydroxide to adjust the pH to 5.2 in 0.8 mL of
WFI. 2 mL vials will be filled and partially stoppered using the SA25 Aseptic Filling Workcell

produced by Cytiva with 0.8 mL of the final solution exiting diafiltration (Cytiva, 2022f). Ata
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flow rate of 200 mL/min for 200 minutes, 50,000 vials will be filled after each of the five final
ultrafiltration and diafiltration batches, resulting in 250,000 vials or doses being filled per
campaign.
5.2.12 Lyophilization

The 50,000 2 mL vials produced every six days in formulation and filling will be
lyophilized in the Q144XSS from Millrock Technology with 144 ft>. West Pharmaceutical
Services will be used to source 250,000 rubber stoppers and 2 mL vials for each campaign. The
concentration of adalimumab before beginning lyophilization is 50 mg/mL, and roughly 0.8 mL
of water will be removed per dose. The product will be lyophilized for 48 hours to remove all
water.
5.3 Disposal
5.3.1 Liquid Waste

Tables 5.3.1 and 5.3.2 provide the total amount of liquid waste produced per campaign at
each unit operation. Unit operations that do not produce liquid waste are omitted from this table.
All waste is treated as outlined in section 4.6.1. Waste will be picked up by a chemical treatment

company once per week, but the plant will have the capacity to store two weeks worth of waste.

Table 5.3.1
Total Liquid Waste of Upstream Unit Operations per Campaign
Unit Operation Total Waste to TW-101 (L per Campaign)
Fermentation 500
Tangential Flow Filtration 6940
Total 7440
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Table 5.3.2

Total Liquid Waste of Downstream Unit Operations per Campaign

Unit Operation Total Waste to TW-201 (L per Campaign)
Ultrafiltration 7090
Protein A Chromatography 1680
Diafiltration before AEX 2800
Anion Exchange Chromatography 400
Diafiltration before CEX 2800
Cation Exchange Chromatography 800
Final Ultrafiltration 200
Final Diafiltration 1400
Total Waste 17200

5.3.2 Solid Waste

Table 5.3.3 provides the total amount of solid waste produced per campaign. Burns et al.

(2021) provide estimations for the masses of vials, bags, TFF filters, depth filters, viral filters,

and peristaltic tubing. Waste is reported by individual type or material. All solid waste is

disposed of according to the methods described in section 4.6.2.

Table 5.3.3
Total Solid Waste Produced per Campaign

Type of Waste Mass/Unit Units/Campaign Total Mass/Campaign (g)
Cell Bank Vials 100 g 1 10.0
20 L Bags 2.5kg 1 2500.0
50 L Bags 6.25 kg 1 6250.0
200 L Bags 25.0 kg 1 25000.0
500 L Bags 62.5 kg 1 62500.0
TFF Filters 0.25 kg 1 250.0
Depth Filters 0.5 kg 1 500.0
First UF Filters 73 ¢ 1 7.3
Prepacked Protein A Columns 0.3 kg 4 1200.0
Prepacked AEX Columns 0.11 kg 3 330.0
Prepacked CEX Columns 0.14 kg 4 560.0
DF Filters 73 ¢ 2 14.6
Viral Filters 0.29 kg 1 290.0
Final UF Filters 0.3 kg 1 300.0
Final DF Filters 0.3 kg 1 300.0
Peristaltic Tubing 25.2 g/ft 3000 ft 75600.0
Total Waste (g) 175611.9
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5.4 Material & Energy Balances

5.4.1 Upstream Material & Energy Balances

Table 5.4.1
Mass Balances for Upstream Batch Processes
Description Material Initial Mass (g) Final Mass (g)
20 L Wave Reactor Adalimumab 0 29.50
Cells 0.563 170.00
Glucose 6.000 1.94
50 L Reactor Adalimumab 29.500 79.50
Cells 170.000 457.00
Glucose 300.000 100.00
200 L Reactor Adalimumab 79.500 280.00
Cells 457.000 1610.00
Glucose 1200.000 400.00
500 L Reactor Adalimumab 280.000 780.00
Cells 1610.000 4480.00
Glucose 3000.000 1000.00
Table 5.4.2
Mass Balance for Upstream Continuous Processes
Description From To Flow Rate | Flow Rate Units Material Conc(;lllir)ation
Adalimumab 0
TH-101 R-103 350 mL/min Cells 0
Glucose 6
F-102 R-103 0.002 vvm Air n/a
Perfusion Reactor Adalimumab 156
F-101 R-103 196 mL/min Cells 13.6
Glucose 1.93
Adalimumab 1.56
R-103 F-101 548 mL/min Cells 8.96
Glucose 1.93
Adalimumab 1.56
R-103 F-101 548 mL/min Cells 8.96
Glucose 1.93
. Adalimumab 1.56
Tanﬁ;:;‘iloilow F-101 | TW-101 161 mL/min Cells 13.6
Glucose 1.93
Adalimumab 1.56
F-101 F-201 192 mL/min Cell Debris 0.256
Glucose 1.93
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5.4.2 Downstream Material Balances

Table 5.4.3
Mass Balance for Downstream Continuous Processes
Flow Rat
Description From To ow f‘ N Material Concentration | Units
(mL/min)
Adalimumab 1.56 g/L
F-101 F-201 192
Depth Filtration Cell Debris 0.256 g/L
F-201 F-202 192 Adalimumab 1.54 g/L
F-201 F-202 192 Adalimumab 1.54 g/L
Ultrafiltration F-202 TW-201 164 Adalimumab 0.011 g/L
F-202 HE-201 27.8 Adalimumab 10.6 g/L
F-202 HE-201 27.8 Adalimumab 10.6 g/L
Heat Exchanger HE-201 C-201 27.8 Adalimumab 10.6 g/L
HE-201 C-201 27.8 Adalimumab 10.6 g/L
Protein A TH-201 C-201 9.26 Sodium Acetate 50 mM
C-201 V-201 9.26 Adalimumab 30.2 g/L
C-201 V-201 9.26 Adalimumab 30.2 g/L
Viral Inactivation
V-201 F-203 9.26 Adalimumab 30.2 g/L
V-201 F-203 9.26 Adalimumab 30.2 g/L
TH-205 F-203 64.82 Sodium Phosphate 25 mM
Diafiltration for AEX -
F-203 TW-201 64.82 Adalimumab 0.030 g/L
F-203 C-202 9.26 Adalimumab 30.0 g/L
AEX F-203 C-202 9.26 Adalimumab 30.0 g/L
C-202 F-204 9.26 Adalimumab 29.7 g/L
C-202 F-204 9.26 Adalimumab 29.7 g/L
Sodium Acetate 50 mM
TH-208 F-204 64.82
Diafiltration for CEX Sodium Chloride 50 mM
F-204 TW-201 64.82 Adalimumab 0.029 g/L
F-204 C-203 9.26 Adalimumab 29.5 g/L
F-204 C-203 9.26 Adalimumab 29.5 g/L
Sodium Acetate 50 mM
CEX TH-209 C-203 9.26 - -
Sodium Chloride 240 mM
C-203 F-205 9.26 Adalimumab 26.5 g/L
) ) ) C-203 F-205 9.26 Adalimumab 26.5 g/L
Viral Filtration -
F-205 TH-212 9.26 Adalimumab 25.19 g/L
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Table 5.4.4

Mass Balance for Downstream Semi-Continuous Processes

Flow R
Description From To ow ?te Material Concentration | Units
(mL/min)
TH-212 F-206 400 Adalimumab 25.19 g/L
Final Ultrafiltration | F-206 TW-201 200 Adalimumab 0.050 g/L
F-206 F-207 200 Adalimumab 50.4 g/L
F-206 F-207 200 Adalimumab 50.4 g/L
F-207 1400 Water n/a n/a
Final Diafiltration
F-207 TW-201 1400 Adalimumab 0.05 g/L
F-207 | Formulation and Fill 200 Adalimumab 50 g/L
Formulation and Fill | FF-201 | Formulation and Fill 200 Adalimumab 50 g/L
5.5 Equipment Tables and Specifications
5.5.1 Upstream Equipment Table
Table 5.5.1
Upstream Equipment Table
. Unit ) Pressure . Temperature
Unit Number Model Quantity Drop (bar) Size ©C)
WCB VIP ECO Model
FR-101 MDF-DU702VH-PA 730 L -86
Storage
Freezer
WCB 'l."h.ermo Fisher
. WB-101 | Precision GP 02 water 2 2L 25-33
Thawing
bath
R-101 WAVE 25 Rocker ) 2L 13
Reactor
Fermentation ™" 7102 | Xcellerex XDR 50 2 S0L 33
R-103 Xcellerex XDR 500 3 500L 33
Hydrosart®
TFF F-101 Microfiltration 0.02 m? 33
Cassettes

69




5.5.2 Downstream Equipment Table

Downstream Equipment Table

Table 5.5.2

Unit

Unit Number

Model

Quantity

Pressure
Drop (bar)

Size

Depth Flltration

F-201

Millistak+® Pod
Disposable Depth AITHC
Filter

2.07

A =270 cm?

Ultrafiltration

F-202

AKTA Flux 6

Start AXM UFP-30-C-2U
cartridge

0.393

A =50 cm?

Protein A Chromatography

C-201

AKTA pce

HiScale 50/20 Prepacked
Columns

0.77

D=5cm,h=8.5
cm

Viral Inactivation

V-201

Custom Plug Flow Reactor

0.003

D=1cm,L=
7.07 m

Diafiltration

F-203

AKTA Flux S tangential
flow filtration system

Start AXH UFP-30-C-2U
cartridge

0.03

A =50cm’

Anion Exchange
Chromatography

C-202

AKTA pcc

HiScale 26/20 Prepacked
Columns

0.34

D=26cm, h=
3.6cm

Diafiltration

F-204

AKTA Flux S tangential
flow filtration system

Start AXH UFP-30-C-2U
cartridge

0.025

A =50cm?

Cation Exchange
Chromatography

C-203

AKTA pcc

HiScale 26/20 Prepacked
Columns

2.76

D=26cm h=9
cm

Viral Filtration

F-205

Planova Single-Use Virus
Filtration Controller

Planova 15N

0.76

A =100 cm?

Final Ultrafiltration

F-206

AKTA ReadyFlux
Tangential Flow Filtration
System

RTPUFP-30-C-5S

0.03

A =2000 cm?

Final Diafiltration

F-207

AKTA ReadyFlux
Tangential Flow Filtration
System

RTPUFP-30-C-5S

0.015

A =2000 cm?

Formulation and Fill

FF-201

SA25 Aseptic Filling
Workecell

Lyophilization

LY-201

Q144XSS from Millrock
Technology
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5.5.3 Ancillary Equipment Table

Table 5.5.3
Ancillary Equipment Table
Unit Unit Number Model Quantity
Autoclave - Custom Autoclave 1
Heat Exchanger HE-201 Custom Heat Exchanger 1
. . Masterflex™ L/S™ Variable-Speed Console
Peristaltic Pumps P1 to P27 Drive with Pump Head Bundles 54
Mixers for tanks 1/3 HP Electric Direct Drive Economy Clamp 1
under 3000 L Mount
Mixers for tanks Raiden Standard 2 HP Plate Mount Top Entry |
above 3000 L Mixer
20 L Tank TM-206, 207, Custom Stainless Steel Tank 4
210, 211
TH-206, 207, 210,
30 L Tank 211 Custom Stainless Steel Tank 5
TM-204
50 L Tank TH-204 Custom Stainless Steel Tank 1
75 L Tank TM-202, 203 Custom Stainless Steel Tank 2
TH-202, 203, 212 .
100 L Tank TM-201, 209 Custom Stainless Steel Tank 5
160 L Tank TH-201, 209 Custom Stainless Steel Tank 2
800 L Tank TM-205, 208 Custom Stainless Steel Tank 2
1200 L Tank TH-205, 208 Custom Stainless Steel Tank 2
4000 L Tank T™-101 Custom Stainless Steel Tank 1
5000 L Tank TW-101 Custom Stainless Steel Tank 1
TH-101 .
6000 L Tank TW-201, 202 Custom Stainless Steel Tank 3
WFI System - Medica® Pro-RE 1

5.6 Production Schedule
As mentioned previously, this process will be run as a series of six 30 day perfusion

campaigns. The schedule for a single campaign is shown in Figure 5.6.1. As seen in the figure,
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there will be a three day offset between the inoculum seed train and the start of perfusion. This is
to allow time to prepare the downstream equipment for processing as some cleaning and
sterilization will be required and as membranes and resins will have to be replaced. With the 12
day seed train and 30 day perfusion campaign, processing will occur for a total of 42 days, or 6
weeks. Figure 5.6.2 shows the yearly production schedule for this process. The purple squares
represent weeks in which the inoculum train is occurring while blue squares represent the
perfusion campaign. For all campaigns except the first one, the inoculum train will begin while
the previous campaign is in operation. The completion of the 6 campaigns will take 7 months
with two weeks allowed for shut-down. These extra two weeks gives the facility some flexibility
to accommodate any process excursions. For the remainder of the year, the facility can be used to
produce another product. However, if demand for this product grows, then there will also be the

ability to run more campaigns.

Day 1 2 3 45 6 7 8 9 1011 1213 14 1516 17 18 19 20 21 22 23 24 25 26 27 28 29 30 31 32 33
Equipment Prep

20L Wave Fermentor
50L Batch Fermentor
200L Batch Fermentor
500L Batch Fermentor
Perfusion/TFF
Equipment Prep
Depth Filtration
Protein A

Viral Inactivation
Difiltration

AEX

Diafiltration

CEX

Viral Filtration

Final UF/DF

Formulation

Upstream

Downstream

Formulation & Fillin
Filling 9

Lyophilization

Figure 5.6.1. Campaign Production Schedule
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Campaign
1

Inoculum Train
Perfusion Operation
Shutdown

Shutdown

LE I S I N ]

Figure 5.6.2. Yearly Production Schedule

5.7 Plant Location

This manufacturing site will be located in West Chester, Pennsylvania, which is
approximately 35 miles west of Philadelphia. As a hub for many pharmaceutical companies such
as Janssen and GSK, the suburban regions of Philadelphia offer an attractive environment for
professionals in the industry. Many young professionals from colleges such as the University of
Pennsylvania and the University of Delaware will also likely be available to take the jobs needed
to operate our facility. Lastly, due to the smaller scale of our manufacturing process, our facility
could possibly be implemented in already existing office space in the region, or a smaller plot of
land could be obtained and the facility could be constructed from scratch.
5.8 Process Economics
5.8.1 Plant Capital Costing

Capital costs are one time expenses that must be incurred before operations can begin.
Examples of capital costs include main equipment, piping, and land. Table 5.8.1 took
information from Peters and Timmerhaus (1991) on a range of budget allocations for capital
costs. We then based our own values for our capital cost budget based on the previous years’
capstone projects and our knowledge of the pharmaceutical industry (Abt et al., 2020; Burns et

al., 2021). For example, Peters and Timmerhaus recommend spending anywhere between 3%
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and 20% of the capital budget on piping, but we chose to allocate only 4% because the flow rates
for our process are small and much of our piping is disposable.

Equation 5.8.1 was used to estimate the total capital costs based on a Lang Factor of 4.74
which represents a fluid processing plant (Turton et al., 2012). This determined that 21% of our
capital costs would be spent on equipment. With $13.5 million spent on purchased equipment
(Tables 5.8.2 and 5.8.3) and an additional $1 cost of validation, the total capital costs sum up to
$65.5 billion.

Capital Cost = (Lang Factor)*(Sum of Purchased Costs of All Major Equipment)
Equation 5.8.1. Estimating Capital Costs Based on Major Equipment Costs (Turton et al., 2012).

Table 5.8.1
Capital Cost Budget Allocation (Peters & Timmerhaus, 1991)
AR Recommended Our Cost
Range (%) Percentages
Direct Costs
Purchased Equipment 15-40 21 $13,547,762
Purchased Equipment Installation 6-14 10 $6,451,315
Instrumentation and Controls (installed) 2-8 6 $3,870,789
Piping (installed) 3-20 4 $2,580,526
Electrical (installed) 2-10 4 $2,580,526
Buildings (including services) 3-18 11 $7,096,447
Yard Improvements 2-5 1 $645,132
Service Facilities (installed) 8-20 10 $6,451,315
Land 1-2 1 $645,132
Indirect Costs
Engineering and Supervision 4-21 15 $9,676,973
Construction Expense 4-16 5 $3,225,658
Contractor's Fee 2-6 2 $1,290,263
Contingency 5-15 10 $6,451,315
Total Fixed Capital Investment $64,513,152
Total with Validation $65,513,152
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Main equipment costs were $11.9 million (Table 5.8.2) and ancillary equipment costs

were $1.7 million (Table 5.8.3). In total, $13.5 million worth of capital was spent on purchased
equipment. Prices from the purchased equipment were found from what was listed on the

website, quotes from sales representatives, estimates from previous projects, or custom made

estimates.
Table 5.8.2.
Main Equipment Costs
. ) Quantity Purchased
Unit Operation Model Purchased | Equipment Cost Total Cost
VIP ECO Model
WCB Storage MDF-DU702VELPA Freezer 1 $13,662 $13,662
Th Fisher Precisi P 02
WCB Thawing || nerme Fisher Precision GP0 2 $1,000 $2,000
water bath
WAVE 25 Rocker Reactor 2 $2,800 $5,600
Fermentation Xcellerex XDR 50 2 $6,670 $53,400
Xcellerex XDR 500 3 $15,700 $188,700
Ultrafiltration AKTA Flux 6 2 $70,000 $140,000
Protein A .
AKTA 1 2 2
Chromatography pce $250,000 $250,000
Viral Inactivation Custom Plug Flow Reactor 1 $7,300 $7,300
Diafiltration | 1> Flux § tangential flow 2 $40,000 $80,000
filtration system
Anion Exch ..
THOM SxcAange AKTA pee 2 $250,000 $500,000
Chromatography
Diafiltration | -+ 1/* Flux S tangential flow I $40,000 $40,000
filtration system
ion Exch .
Cation Exchange AKTA pee 1 $250,000 $250,000
Chromatography
Viral Filtration | © 2nova Single-Use Virus 2 $40,000 $80,000
Filtration Controller
Final Ultrafiltration | > ReadyFlux Tangential 2 $250,000 $500,000
Flow Filtration System
AKTA R Flux T: tial
Final Diafiltration cadyFlux Tangentia 1 $250,000 $250,000
Flow Filtration System
Filling SA25 Aseptic Filling Workcell 1 $7,000,000 $7,000,000
144XSS from Millrock
Lyophilizer Q144XSS from Millroe 1 $2,500,000 $2,500,000
Technology
Total $11,860,662

75



Table 5.8.3

Ancillary Equipment Costs

Unit Operation Model Quantity | Cost Per Unit | Total Cost
Autoclave Custom Autoclave 1 $376,000 $376,000
Heat Exchanger Custom Heat Exchanger 1 $28,300 $28,300
™ ™ ; _

Peristaltic Pumps Coﬁﬁ:ggie WL]t/ : Pun\;;rﬁz; iplf:;es 54 $2,250|  $121,500
Mixers go()lrotgr]iks under 1/3 HP Elect(rjllcar]z;ri(/:ltolilrlltve Economy 1 $300 $8.800
Mixers for tanks above | Raiden Standard 2 HP Plate Mount To

3000 L Entry Mixer ’ ! 85,000 $5,000
20 L Tank Custom Stainless Steel Tank 4 $600 $2,400
30 L Tank Custom Stainless Steel Tank 5 $900 $4,500
50 L Tank Custom Stainless Steel Tank 1 $1,500 $1,500
75 L Tank Custom Stainless Steel Tank 2 $2,250 $4,500
100 L Tank Custom Stainless Steel Tank 5 $3,000 $15,000
160 L Tank Custom Stainless Steel Tank 2 $4,800 $9,600
800 L Tank Custom Stainless Steel Tank 2 $24,000 $48,000

1200 L Tank Custom Stainless Steel Tank 2 $36,000 $72,000
4000 L Tank Custom Stainless Steel Tank 1 $120,000 $120,000
5000 L Tank Custom Stainless Steel Tank 1 $150,000 $150,000
6000 L Tank Custom Stainless Steel Tank 3 $180,000 $540,000
WEFI System Medica® Pro-RE 1 $180,000 $180,000
Total $1,687,100

5.8.2 FDA Approval and Validation Costs

Because our facility is designed to produce a biosimilar that has already received FDA

approval, capital costs for clinical development need not be considered. However, there are still

requirements from the FDA for process validation that our facility would need to go through to

ensure its operability within the regulations of the agency. The FDA outlines the validation

process in three stages: process design, process qualification, and continued process verification

(U.S. Food and Drug Administration, 2011). The first stage, process design, dictates that

knowledge and understanding of the intended process should be accumulated and documented,
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followed by the establishment of process control strategies (U.S. Food and Drug Administration,
2011). Both of these tasks are performed in accordance with the relevant guidance documents.

The process qualification stage contains four steps. First, the buildings, equipment, and
utility systems must be designed and qualified with proper testing and reporting of the
conclusions. The second step of process qualification is process performance qualification
(PPQ). The FDA defines a successful PPQ as one that “will confirm the process design and
demonstrate that the commercial manufacturing process performs as expected” (2011). This step
combines the efforts of the first stage and the second step of the second stage to show that the
process is able to produce a substance as it is intended. The third step is the PPQ protocol, a
document that defines the specific operating conditions, methods of data collection, performance
testing strategies and their corresponding acceptance criteria, and risk assessment strategies
among other technical details of the process (U.S. Food and Drug Administration, 2011). The
final step of the process qualification stage is the preparation of a report for the PPQ protocol
that must be delivered and approved by the relevant departments of the FDA before said protocol
may begin operation (U.S. Food and Drug Administration, 2011). Once these steps are finished,
the initial process validation is complete and commercial manufacturing may begin.

The final stage of process validation is continuous process verification. The FDA
mandates that manufacturers must maintain data collection and reporting so as to renew the
initial PPQ protocol verification on a yearly basis, with a collective report coming in no later
than 60 days after the anniversary of the initial approval (U.S. Food and Drug Administration).
For our facility, we have estimated that the initial process validation (i.e., stages one and two)
shall be completed in 18 months, and the first annual continued process verification report will

be filed in 30 months. We have also estimated that the capital investment for these validations
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will accumulate to approximately $1 million per year, which has been factored into the economic
analysis (Abt et al., 2020).
5.8.3 Operating Expenses

In addition to the fixed capital investment and the FDA approval and validation costs to
start the plant, there will be annual operating costs associated with production. Table 5.8.4 shows
all the factors that were included in the annual operating costs. As shown below, these costs were
divided into direct costs, fixed costs, and general costs. In order to calculate each of these costs,
the fixed capital investment (FCI), cost of raw materials (C_RM), cost of waste treatment
(C_WT), cost of utilities (C_UT), and cost of operating labor (C_OL) must be known. As shown
in section 5.8.1, the FCI for this process is $65,513,152. The C RM, C WT, C UT, and C OL
are explained in the subsequent paragraphs. All other costs were then derived from these values
using the methodology explained in Turton. As such, the cost of manufacturing (COM) was
calculated to be $42,975,756 using Equation 5.8.2 while all other costs were calculated using the
equations shown in Table 5.8.4 (Turton et al., 2012). Using these values, the total annual
operating cost was determined to be $44,290,428.

— * *
COM = 0.280 * FCI + 2.73 C0L+ 1.23(CRM+CWT+CUT)
Equation 5.8.2. The Cost of Manufacturing (Turton et al., 2012)
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Table 5.8.4
Annual Operating Cost for Adalimumab Production (Turton et al., 2012)

Annual Operating Cost

Direct Cost Nomenclature Cost
Raw materials C RM $11,428,060
Waste treatment C WT $96,884
Utilities C UT $3,008
Operating labor C OL $3,828,825
Direct and supervisory and clerical labor 0.18*C_OL $689,189
Maintenance and repairs 0.06*FCI $3,930,789
Operating supplies 0.009*FCI $589,618
Laboratory charges 0.15*C_OL $574,324
Patents and Royalties 0.03*COM $1,289,273

Fixed Costs
Depreciation 0.1*FCI $6,551,315
Local taxes and insurance 0.032*FCI $2,096,421
Plant overhead costs 0.708*C_OL + 0.036*FCI $5,069,282
General Cost

Administration 0.177*C_OL+0.009*FCI $1,267,320
Distribution and selling costs 0.11*COM $4,727,333
Research and development 0.05*COM $2,148,788
Total operating cost $44,290,428

The cost of raw materials included constant flow and solid materials that were purchased
each campaign in order to maintain operation. Constant flow costs are shown in Table 5.8.5 and
include the costs of media, buffers, and formulation ingredients used over the course of a year.
Water for injection was not included as a constant flow cost, rather it was treated as a utility.
Constant flow costs were obtained from the prices on vendors’ websites. Table 5.8.6 displays the
solid materials which are designed to be replaced in between campaigns. It is important to note
that for this process, chromatography columns are disposable and they are treated as a raw

material rather than a capital cost. Estimates for solid costs came from the prices on vendor’s
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websites or quotes from sales representatives. The total cost for raw materials was found to be

$11,428,060 per year.

Table 5.8.5
Constant Flow Costs Per Year of Processing

Unit Op Material Quantity per Year | Units | Price per Unit | Cost per Year
Fermentation Media 3273 kg $1,135 $3,713,186
L-glutamine 109.6 kg $312 $34,186

Sodium Phosphate 4.72 kg $47 $221
Sodium Chloride 42.1 kg $3 $126
Protein A Sodium Acetate 2.95 kg $93 $273
Sodium Hydroxide 28.8 kg $11 $322
Phosphoric Acid (1 M) 72 L $40 $2,844
E;g‘r:ritg’; Sodium Phosphate 68.9 ke $47 $3,222
Sodium Phosphate 9.84 kg $47 $460
AEX Sodium Chloride 84.2 kg $3 $252
Sodium Hydroxide 19.2 kg $11 $215

Diafiltration Sodium Acetate 68.9 kg $93 $6,381
before CEX Sodium Chloride 49.09 kg $3 $147
Sodium Acetate 17.72 kg $93 $1,641
CEX Sodium Chloride 106.6 kg $3 $320
Sodium Hydroxide 19.2 kg $11 $215
Sodium Chloride 7.40 kg $3 $22
poiewtm | e sl e

Dibasic Sodium 1.83 kg $158 $289

Formulation and | Phosphate Dihydrate

Fill Sodium Citrate 0.36 kg $387,000 $139,320
hf;:;;;iﬁe 1.56 ke $17 $27

Mannitol 14.4 kg $106 $1,532

Polysorbate 80 1.2 kg $123 $148

Cleaning Sodium Hydroxide 59.52 kg $11 $665

Total $3,906,224




Table 5.8.6
Solid Raw Material Costs

i P
Unit Operation Material Product Quantlty. per | Cost . e Cost per Year
Campaign Unit
Tangential Flow . Sartocon® Slice Disposable
Filt 1 653 3,918
Filtration et Hydrosart® Cassette 5 83,
e - . Gamma Phobic Opticap® XL
Air Filtration Filter 50 Express SPG 0.2 HB/HB 1 $34 $206
. . Millistak+® Pod Disposable
Depth Flltrat Filt 1 224 1,341
epth Filtration et Depth ATHC Filter $ 513
Ultrafiltration Filter Start AXM U.FP'30'C'2U 1 $298 $1,788
cartridge
Protein A Columg & HiScale 50/20 Prepacked 4 $6,900 $165,600
Resin Columns
Diafiltration before AEX|  Filter Start AXM U.FP'3O'C'2U 1 $298 $1,788
cartridge
Anion Exchange Column & HiScale 26/20 Prepacked 3 $2.100 $37.800
Chromatography Resin Columns
Diafiltration before CEX | Filter Start AXM UFP-30-C-2U | $298 $1,788
cartridge
Cation Exchange Column & HiScale 26/20 Prepacked 4 $2,400 $57.600
Chromatography Resin Columns
Viral Filtration Filter Planoval5N 2 $500 $6,000
Final Ultrafiltration Filter RTPUFP-30-C-5S 1 $2,179 $13,074
Final Diafiltration Filter RTPUFP-30-C-5S 1 $2,179 $13,074
. . . Daikyo Crystal Zenith
Formulation and Fill Vials Ready-to-Use 2mL Vials COP 250000 $4 $5,627,063
13mm NovaPure Bromobutyl
Formulation and Fill Stoppers 4023/50 Lyophilization 250000 $1 $1,590,797
Stoppers
Total $7,521,837

As mentioned previously, this process was found to produce 24,640 L of liquid waste and

175.6 kg of solid waste per campaign. Eldredge Inc. will be contracted for all waste disposal as

this manufacturing facility will be located in West Chester, Pennsylvania. For liquid waste,

Eldredge Inc. has provided a quote for the disposal at a rate of $2.25 per gallon, so for a total of

approximately 6,500 gallons this would accumulate to a cost of $14,647 per campaign. For solid
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waste, disposal will be provided at a rate of $205 per 55 gallon drum, with a transportation fee of
$425 per load plus a 51% fuel surcharge. This service will accumulate to approximately $1,500
per campaign, resulting in a total cost of $96,884 per year for waste disposal.

Utilities for this process include steam, compressed air, chilled ethylene glycol, water,
and power as shown in Table 5.8.7. Site utilities such as lighting and AC were not included in
this analysis and were considered outside the scope of this project. Compressed air is needed to
supply oxygen to the bioreactors during fermentation, and this price was estimated to be 1.8¢ per
cubic meter (How to Easily Calculate, 2020). Steam is needed several times each campaign to
sterilize buffers that are used for chromatography and the culture media used in fermentation.
Cost associated with steam was estimated by calculating the energy required to heat 3000 liters
of liquid water to 121 °C, a common sterilization temperature. This steam usage would happen
five times a campaign. Chilled ethylene glycol is used to cool the solution before entering
Protein A chromatography. Energy usage associated with cooling the ethylene glycol was found
by calculating the heat removed from the heat exchanger. The price of ethylene glycol and steam,
based on energy usage, were estimated using capcost spreadsheet. Water is used for media and
buffer makeup and for cleaning. The cost of water in West Chester, Pennsylvania is $30.11 for
the first 2,000 gallons and $7.99 per 1,000 gallons after that (Borough of West Chester, 2021). As
shown in section 4.4, 24948 L or approximately 6600 gallons of water are required per campaign
for this process, resulting in a total of 39600 gallons of water needed per year. Lastly, power is
needed to to operate the main and ancillary equipment. Table 5.8.8 shows the power
requirements for each unit with a total power consumption of 4680 kWh per campaign. The cost
of power in Westchester Pennsylvania was assumed to be 8.99 ¢ per kWh (Residential Electricity

& Gas, 2022). Therefore, the total cost of utilities per year was determined to be $3,008.
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Table 5.8.7

Annual Use and Cost of Utilities

Utility Units Consumed per Year Price per Unit | Cost per Year
Steam 35.28GJ $2.08 per GJ $73.38
Compressed Air 259.2 m"3 $0.018 per m"3 $4.58
hilled Ethyl
Chilled Ethylene 108 kWh $0.037 per kWh $4
Glycol
Water 39600 gallons $0.01 per gallon $401
Power 28080 kWh $0.0899 per kWh $2,525
Total $3,008
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Total Manufacturing

Table 5.8.8

Power Consumption

System Power Power per Cost per
it Model tit Requi t
Uni ode Quantity equiremen Campaign (kWhr)| Campaign
(kW)
Main Equipment
VIP ECO Model
WCB Storage | MDF-DU702VH-PA 1 - 264 $23.71
Freezer
) Thermo Fisher Precision
WCB Thawing GP 02 water bath 1 0.414 0.414 $0.04
'AVE 25 Rock
WAVE 25 Racker 1 1.50 285 $25.62
. ) Reactor
ermentation I cellerex XDR 50 1 0.012 0.357 $0.03
Xcellerex XDR 500 3 0.053 41.6 $3.74
First UF AKTA Flux 6 1 0.400 288 $25.89
Chromatography AKTA pcc 3 0.800 1728 $155.35
DF Before AKTA Flux .S tangential ) 0.300 432 $38.84
Chromatography | flow filtration system
Planova Single-Use
VF Virus Filtration 1 0.031 22.4 $2.01
Controller
AKTA ReadyFlux
Final UF and DF Tangential Flow 2 1.00 333 $3.00
Filtration System
Formulation and | SA25 Aseptic Filling
Fill Workeell 1 16.1 268 $24.09
144XSS from Millrock
Lyophilizer |2 44XSS from Millroe 1 5.13 1231 $110.65
Technology
Ancillary Equipment
Masterflex™ L/S™
. . Variable-Speed Console
Peristaltic P 2 - .94 .62
eristatiic Fumps Drive with Pump Head 7 69 $0.6
Bundles
Mixers for tanks 1/3 HP Electric Direct
under 3000 L Drive Economy Clamp 11 0.249 27.34 $2.46
Mount
Mixers for tanks Raiden Standard 2 HP
above 3000 L Plate MOlll’-l'[ Top Entry 1 1.49 14.9 $1.34
Mixer
WEFI System Medica® Pro-RE 1 0.052 37.5 $3.37
Total $420.76
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The cost of operating labor was calculated using equation 5.8.3 (Turton et al., 2012). In
this equation, N represents the number of operators needed per shift, P represents the number
of process steps involving operators handling particulate solids, and N, represents the remaining
process steps. For this manufacturing process, it was assumed there were 3 process steps that
involve the handling of particulate solids: transferring cells between reactors during inoculation,
mixing buffers, and autoclaving buffers. Based off of the remaining unit operations and ancillary
equipment, we determined that there were 15 process steps that did not involve the handling of

particulate matter. With these numbers, Equation 5.8.3 estimates that 17 operators are needed per

shift.

N, = (6.29 + 3L.7P" + 0. 23an)°'5
Equation 5.8.3. Estimating Number of Operators per Shift (Turton et al., 2012)

It was assumed that the operators would work five 8-hour shifts over the course of a
week. It was also assumed that each operator would get a combined three weeks of vacation and
sick days. Because this plant is running 24 hours per day, 7 days per week, our plant needs
roughly 4.5 times the number of operators required for each shift to keep the plant running year
round (Turton et al., 2012). For our process, year round is actually only six months of
production. The average pharmaceutical operator salary is $66,300 per year, including bonuses
and profit sharing (Pharmaceutical Operator Salaries, 2021). Because the plant is not running
the full year, we chose to contract the operators for $49725 (75% of their annual pay) for 6

months of labor. This resulted in a total of $3.8 million in operating labor each year.

5.8.4 Economic Analysis using Discounted Cash Flow
A cash flow analysis of this project is accomplished through a comparison of the initial
capital costs, operating expenses, and the estimated revenue of the mAb product. Due to the

small size of the equipment and that this product is a biosimilar of an already existing drug, the
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time for construction was estimated to be 12 months. Validation will start at the same time as
construction, but it will last for a total of 18 months. The plant will be run during the last six
months of validation to perform quality testing on the product. Once validation is complete, this
plant will be in operation for 10 years before shutting it down and salvaging the equipment. This
brings the total lifetime of the plant to 11.5 years

Important values for the economic analysis of this plant are detailed in Table 5.8.9. Initial
capital investment for this plant, including land, construction, and equipment costs, are detailed
in section 5.8.1. This capital cost was found to be $65.5 million. To ensure the safety and
efficacy of our product, the FDA must validate the process before we can sell it. The cost of
validation of our plant was estimated to be $1 million. Costs associated with the annual operation
of the plant are detailed in section 5.8.3, these costs sum to $44 million per year.

While the introduction of a generic may drastically lower the price of a standard
brand-name drug, this is not necessarily the case with biologics (Becker, 2022). Therefore it is
assumed that the price of Humira will remain constant at $6240 for two 40 mg doses of Humira
(Humira prices, 2021). In the EU, it is reasonable for biosimilars to enter the market at 30% of
the price of the name brand drug (Blackstone & Fuhr, 2013). With this estimate, it is expected
that our process will sell adalimumab at $4350 for two 40 mg doses. Revenue generated from the
product is estimated by multiplying the amount of product to be made in a year, 60*10° mg, by
the price the product will be sold for, 54.6 $/mg. From this, annual revenue was found to be $3.3
billion per year. Federal capital gains tax is 20%, while the commercial tax rate in Pennsylvania
is slightly under 11%. All of these taken together make the annual profit to be approximately

$2.2 billion per year.
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Table 5.8.9
Important Values for Economic Overview

Capital Cost $64,513,152
Validation $1,000,000
Operation Costs $44,290,428
Annual Revenue $3,262,500,000
Tax Rate 31%
Annual Profit $2,220,886,425

To further examine the profitability of our process, we performed a discounted cash flow
analysis. First, it was decided that the initial capital investment would be paid over the course of
the first five years of plant operation and this cost of investment was treated as an expense. No
revenue was generated during the 12 months of construction, nor the additional 6 months of
product testing. During product testing, we assumed an operational cost of $22 million to reflect
half of the annual operating expenditures. A discount rate of 20% was applied for our analysis.
This conservative discount rate was chosen to account for instability in the pharmaceutical
market as well as depreciation over time. Discounted cash flow was calculated by Equation
5.8.4. In this equation, TCF, is taxed cash flow in year ¢, DCF, is discounted cash flow in year ¢,
and 7 1s the discount rate, 20%. This discounted, or present value, cash flow gives a more
accurate projection of the value of profit in the future to help the profitability analysis. These

present values were then summed over time to give a cumulative discounted cash flow.

TCF =DCF (1 — )

Equation 5.8.4. Equation for discounted cash flow in year t
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Discounted Cash Flow (Billions USD)

Table 5.8.10
Discounted Cash Flow Analysis

Cumulative

Net Cash Flow Discounted Cash

Year after-tax PV of Cash Flow |Flow
-1.5 -$64,513,152 -$84,804,741 -$84,804,741
-1 -$23,145,214 -$27,774,257( -$112,578,998
0 $2,211,844,300( $2,211,844,300| $2,099,265,302
1 $2,211,844,300( $1,843,203,583| $3,942,468,886
2 $2,211,844,300( $1,536,002,986| $5,478,471,872
3 $2,211,844,300( $1,280,002,489| $6,758,474,360
4 $2,211,844,300( $1,066,668,740| $7,825,143,101
5 $2,220,886,425 $892,524,444| $8,717,667,545
6 $2,220,886,425 $743,770,370| $9,461,437,915
7 $2,220,886,425 $619,808,642| $10,081,246,557
8 $2,220,886,425 $516,507,202| $10,597,753,759
9 $2,220,886,425 $430,422,668 | $11,028,176,427
10 $2,220,886,425 $358,685,557| $11,386,861,984

Years

Figure 5.8.1. Discounted Cash Flow over Plant Lifetime

10
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Figure 5.8.2. Cumulative Cash Flow over Plant Lifetime

After this discounted cash flow analysis, the net present value of this project was found
using Equations 5.8.5 and 5.8.6. Here, NPV is net present value and CCF is cumulative cash
flow. P represents the principle, or initial capital investment, and 7 represents the discount rate,
20%. The final variable, R, is the internal rate of return which gives information about how high
the discount rate would need to be for the project to make no profit. Our internal rate of return
was found to be 960%. Through the discounted cash flow analysis, the net present value and
internal rate of return were found to be well within the bounds to make this project profitable.

NPV, = CCFyo(1 + )10

Equation 5.8.5. Equation for net present value at year 10

P(1+ R —P(1+ i) =NPV,
Equation 5.8.6. Equation for internal rate of return at year 10

5.8.5 Risk Analysis
The predictions to arrive at this economic analysis make several assumptions. It was

assumed that Abbvie would not lower the price of Humira and that a 30% reduction in price
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would make the biosimilar competitive. It was assumed that demand for adalimumab would
increase with the introduction of a biosimilar and that all biosimilars would absorb 40% of this
market. Out of the nine biosimilars who have reached settlements with Abbvie, we predicted that
four would be successful and that all four biosimilars would split the 40% market share evenly.
We estimated that the discount factor would be 20% for a biosimilar of an established drug and
that it would take 1.5 years of construction and validation before production could begin. All of
this illustrates that many assumptions were made at the arrival of our economic analysis, and
while we may have underestimated the success of our product in some areas, some of our other
assumptions may not work in our favor.

In order to be thorough with our economic analysis, we examined a few scenarios where
our predictions did not go according to plan in order to determine whether our process would still
be profitable. The first scenario is the case where the discount factor increased to 40%, double
than what we initially predicted. In this case, while Figure 5.8.3 shows there is a significant loss
of profits after ten years, the cumulative cash flow is still highly profitable at a little less than

$7.5 billion dollars and the same internal rate of return of 960%.
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Figure 5.8.3. Cumulative Cash Flow with 40% Discount Rate

In the other scenario, the effect on profitability from delaying production by a year was
examined. This delayed start up may have been caused by a longer construction period,
unanticipated problems with validation, or any other concerns that would prevent the sale of
adalimumab. Figure 5.8.4 shows there was still a significant hit to revenue in this scenario, but it

had a net present value greater than $7.5 billion and an internal rate of return of 330%.
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Figure 5.8.4. Cumulative Cash Flow with Delayed Start Up
5.9 Quality Control

Our plant will be equipped with the necessary equipment and facilities in order to
conduct testing on our product to ensure it complies with FDA standards and regulations for
current Good Manufacturing Practice (¢cGMP). First and foremost, the manufacturing facility and
its employees will have developed a standard operating procedure, which will include in-depth
details on the actions performed and methods used by various engineers and operators to ensure
the delivery of a safe, pure, and potent product (U.S. Food and Drug Administration, 2020). In
order to ensure that operations of the facility are in accordance with the standard operating
procedure, a variety of testing for certain critical quality attributes (CQAs) will be implemented
at each step of the manufacturing process.

The CQAs identified in our process can be categorized into three main groups: physical

and chemical properties, potency, and product/process related impurities. Physical and chemical
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properties of significance are the purity and identity of the product. Our facility will employ
SDS-polyacrylamide gel electrophoresis, size-exclusion high performance liquid
chromatography, mass spectrometry, isoelectric focusing, and peptide mapping as a means of
assessing these properties (Flatman et al., 2007). Results will be compared to a parent-lot of
product that has undergone testing for all requirements and is able to be released according to
FDA regulations. To assess the potency and activity of our product, our facility will employ
immunoassays and cellular assays. The immunoassays measure the specific binding to an antigen
as well as the binding rate, and are highly effective tools. Cellular assays will also be used to
measure potency and activity, and although they are generally less accurate than binding assays,
combining them with binding assays is an adequate method of assuring capability of lot release
(Flatman et al., 2007). Lastly, product/process related impurities will be assessed through the
methods mentioned above as well as PCR testing for host-cell DNA impurities. Each of the
analytical methods described will be used at varying points of the process in accordance to their
function.

To ensure that the integrity of the product is maintained at all points in the process,
quality control testing will occur before and after each unit operation, once per hour. This
rigorous testing is absolutely essential for safe lot release. All data collected from testing will be
compiled for reporting purposes to the FDA when required for continuous validation purposes.
In addition to monitoring specific product-related qualities of our facility, analytical monitoring
will be employed for other aspects of the process, including but not limited to flow rates,
temperatures, and pressures. All of our unit operation systems have the capability to measure

these parameters.
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In the event that disturbances in the process occur and have the possibility of creating
nonconforming materials, our system will be equipped with capabilities to selectively divert and
analyze material. If this material is deemed nonconforming, our material traceability, process
monitoring, material removal methods will allow the nonconforming material to be separated
and disposed of without disrupting the remainder of the product stream. Everything produced
after the last conforming test will also be directed to waste. However, in order to minimize
potential disruptions in manufacturing, our facility and its engineers and operators will conduct
rigorous training so that all staff possess the necessary knowledge and skills to operate a cGMP

facility.
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6. Regulatory, Safety, Health, and Environmental Considerations

This manufacturing facility is required to maintain compliance with a wide variety of
FDA regulations. The FDA has published a series of guidelines for industrial practice that
outline the necessary steps for manufacturers to take in order to comply with said regulations.
These include but are not limited to OQ8(R2) Pharmaceutical Development (U.S. Food and Drug
Administration, 2009a), Q9 Quality Risk Management (U.S. Food and Drug Administration,
2006), Q10 Pharmaceutical Quality System (U.S. Food and Drug Administration, 2009b), and
Q11 Development and Manufacture of Drug Substances--Questions and Answers (Chemical
Entities and Biotechnological/Biological Entities) (U.S. Food and Drug Administration, 2018).
These guidance documents provide manufacturers a how-to list for compliance with cGMP and
quality by design. So, our facility will reference these guides to determine sufficient operating
procedures, facility protocols, quality testing, and process validation practices to achieve
approval for lot release for every campaign. Following these guidelines will ensure safety, purity,
efficacy, stability, and consistency of the product.

With all pharmaceutical products, there is a safety risk to patients. Therefore to ensure
that this product is safe for consumption, the facility will undergo validation before beginning
manufacturing. Additionally, rigorous quality testing will be conducted as explained in section
5.9 to monitor product safety, purity, and potency throughout manufacturing. In addition to
patient safety, employees will be working around hazardous materials and equipment. The major
material hazards in this process are from corrosive chemicals used for buffers and cleaning and
from biological hazards. These chemicals include sodium hydroxide, phosphoric acid, and
sodium phosphate and can cause severe burns or eye damage. As such, all operators will be

required to wear proper PPE as designated by OSHA and must undergo proper training to handle
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such chemicals and to operate process equipment. This will ensure that exposure to such
materials by physical contact, inhalation, and ingestion is minimized. Additionally, floor drains,
eyewash stations, and chemical showers will be placed throughout the manufacturing floor and
non-slip flooring will be implemented.

Environmental considerations for the overall design of this manufacturing facility fall
under the scope of facility siting and waste disposal. Our facility will be located in West Chester,
PA, in the suburban Philadelphia area, where many pharmaceutical companies already operate.
The area is also well-developed, so it is unlikely that the facility would need to be built in an area
that would drastically influence the local environment. Some important features of the local
environment in the surrounding area are the Brandywine River, Stroud Preserve, and Marsh
Creek State Park. To ensure that these areas are unaffected by our facility, the necessary steps
will be taken to ensure construction can be done as far from these locations as possible. In terms
of waste disposal, our facility has contracted Eldredge Inc. to dispose of all liquid and solid
waste in accordance with local, state, and federal laws and regulations, and to dispose of the

solid waste via incineration to minimize environmental impact.
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7. Social and Ethical Considerations

In any manufacturing process, it is important to consider the social and ethical aspects of
the product that is being created. This is especially important in the pharmaceutical industry
because of the importance that the product has in the lives of consumers. Therefore, our design
goal has been to maximize the benefits that our product will give to consumers and reduce the
costs patients have to pay to receive adalimumab. In addition, we also intend to consider the
impacts that the manufacturing process will have on residents near the plant, employees, and the
company as a whole.

Designing our plant in a way that utilizes continuous processing aids us in saving time
and reducing manufacturing cost. Historically, pharmaceutical processes are performed in
batches, whereby specific quantities of product are created at once before the entire process is
repeated again. This manufacturing method results in long waits between batches, potential
issues with an entire batch, and less product due to the periods where nothing is produced.
However, in a continuous process such as the one described in this paper, our product is
continuously being produced. In addition, the continuous perfusion reactor produces more
product thanks to the ability for the reactor to be held at optimal productivity conditions. Another
benefit to continuous manufacturing is the reduction in potential human error, as the process runs
with less human operations. Overall, the continuous production for adalimumab results in a more
efficient process, reducing time and energy in the production. This translates to real cost savings
for patients, making adalimumab more accessible.

Another beneficial aspect of this process design is the integration of single-use materials
wherever possible. Although some operations in our process cannot be entirely single use, our

process was designed to maximize the processes compatible with single-use equipment. This can
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be seen especially with the decision to collect and run our product through the final stages so that
single-use materials could be used. Processes without single-use equipment must be frequently
cleaned, which takes up time, labor, and money. On the other hand, single-use materials are easy
to replace and require less training, cleaning materials, and time. Again, these impacts translate
into reduced costs for the final product. Also, it is important to mention that the use of single-use
materials is not necessarily worse for the environment, as the single-use plastic used in the
biotechnology industry is strictly regulated and must be properly disposed of in a way that
minimizes environmental impact.

In considering the impacts of our manufacturing process, we must consider how the plant
will affect those who live nearby. As with any other manufacturing plant, we will likely
contribute to noise levels in the surrounding community. However, as West Chester,
Pennsylvania is a relatively popular location for other biotechnology companies, the noise levels
will likely not be much in addition to the already existing noise. In addition, the waste that we
will produce is largely in solid and liquid form, and will be dealt with according to strict FDA
regulations, and will not affect the local communities or environment.

Finally, the last group that we must consider our impacts on are the employees of our
production facility. When employees are hired, they will undergo strict safety and ethical training
programs to ensure that they are not harmed in the production facility and know how to prevent
contamination of the product. In addition, employees will be provided with a competitive salary

and comprehensive benefits.
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8. Conclusion and Recommendations

This report demonstrates the viability of producing a Humira biosimilar using a
continuous and single-use process design. Operating continuously will increase plant capacity
while decreasing labor requirements and operating costs. Additionally, implementing single-use
equipment will reduce the need for traditional cleaning and sterilization techniques and lower the
risk of product contamination. The proposed process will be able to manufacture 60 kg of
adalimumab in 7 months across six campaigns. This is enough product to take over 10% of the
current market for adalimumab, allowing patients to receive needed medicine at a lower cost. By
only designing for 7 months of operation, this facility has the potential to increase its production
capacity if product demand grows overtime. With selling our product for 30% less than Abbvie’s
Humira, the net present value of this designed facility will be $11.4 billion with an internal rate
of return of 960% after 10 years of operation, showing that this process is highly profitable.

With any pharmaceutical product, there are concerns with product safety and quality.
However, the proposed design follows cGMP guidelines and implements rigorous quality
controls, and therefore adds no extra risks to patients and employees than current manufacturing
facilities. To reduce the uncertainty of our assumptions, we recommend performing additional
testing on the isoelectric point of adalimumab, the sensitivity of the dilution rate in the
bioreactor, the dynamic binding capacity of resins purchased for chromatography, and other
parameters that may affect the upstream titer. Due to the added patient benefits, profitability, and
safety of this design, our team recommends the implementation of this process by one of the
companies recently approved to produce an adalimumab biosimilar. Our analysis indicates that

this project is ready for validation and construction.
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10. Table of Nomenclature

Equation No. Symbol Definition Unit
(First Appearance)
4.1.1 U Specific Growth Rate h!
K, Monod saturation constant g/L
S Concentration of substrate™ g/L
4.1.2 \Y Volume L
F Flow rate of cell media mL/h
into reactor*
413 X Concentration of CHO g/L
cells*
4.14 Yxis Amount of cells produced g cell / g substrate
versus substrate consumed
4.1.5 P Concentration of product* g/L
Yxp Yield of cells produced g cell / g product
versus product produced
4.19 Coz Concentration of oxygen g/L
C*o, Solubility of oxygen g/l
kLa Mass transfer coefficient h-1
Yoo Amount of cells produced g cell / g oxygen
versus oxygen consumed
4.1.10 Qo2 Specific oxygen demand mmol O, / gh
4.1.11 D, Tank diameter m
H, Liquid height in tank m
Q, Aeration rate vvm
\A Superficial velocity m/s
4.1.12 D; Impeller diameter m
Impeller speed RPM
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P, Total power input required %
for the system
Np Power number dimensionless
. Aeration number dimensionless
4.1.13 Dilution rate h!
4.1.14 a Recycle ratio dimensionless
b Concentration factor dimensionless
4.1.17 D, ashout Washout dilution rate h'!
Doy Optimal dilution rate h'!
4.1.21 v Flow velocity m/s
AP Pressure change bar
4.2.1 Re Reynold’s number dimensionless
Q Flow rate per tube mL/h
d, Tube diameter m
v Kinematic viscosity m?*/s
422 Friction factor dimensionless
423 L Tube length m
p Density kg/m?
424 DBC, Dynamic binding capacity mg/mL
at 10% breakthrough
Vioad Load volume mL
V column Column volume mL
Ce Feed concentration mg/mL
4.2.5 £ Extraparticle porosity dimensionless
d, Average particle diameter um
L Column length cm




u Superficial velocity m/s
n Viscosity Pas
4.2.6 t Time in reactor S
T Residence time S
4.2.7 t Minimum time in reactor S
L Tube length m
U ax Maximum velocity m/s
Usye Average velocity m/s
R Radius M
\Y Volume of tube L
Vo Volumetric flow rate L/s
T Residence time S
4.2.9 y Volumetric flow L/s
A Area cm’
4.3.1 Power requirement A\
n Pump efficiency dimensionless
432 AT, Logarithmic mean °C
temperature difference
4.3.3 Heat transfer requirement W
) Heat capacity J/kgK
Mass flow rate kg/s
434 A Heat transfer area m’
U, Overall heat transfer W/m*K
resistance
582 COM Cost of manufacturing $
FCI Fixed capital Investment $
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Crum Cost of raw materials $
Cwr Cost of waste treatment $
Cur Cost of utilities $
Cor Cost of operating labor $
5.83 Now Number of operators dimensionless
Number of process steps dimensionless
P involving particulate solids
Number of process steps not dimensionless
N,y involving particulate solids
584 TCF, Taxed cash flow at year t $
Discounted cash flow at $
DCF; year t
t Time year
i Discount rate dimensionless
5.8.5 NPV, Net present value at year t $
Cumulative cash flow at $
CCF, year t
5.8.6 P Principle capital investment $
R Internal rate of return %

*Subscripts to these variables denote the specific streams being described
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